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Andreina Alarcén Preface

The work included in this PhD thesis covers part of the research developed between
2017 and 2020 by the PhD candidate Andreina Alexandra Alarcon Avellan at the
Catalonia Institute for Energy Research — IREC, in Sant Adria del Besos, Barcelona.
The research has been performed under the framework of the Nanoscience PhD
program from University of Barcelona (UB) and funded by the CoSin project
(COMRDI15-1-0037), LLAVOR project (LLAV-2018-00066) and the Walter Valdano
Raffo program from Escuela Superior Politécnica del Litoral, Ecuador.

The research is focused on catalyst and reactor design for carbon dioxide
methanation, especially on development of micro-size catalyst and fixed-bed reactor
configurations. This dissertation covers all the aspects from catalyst synthesis,
characterization, testing and implementation in relevant industrial environments to
reactor design analysis, CFD modelling and experimental validation.

The thesis includes five chapters. In Chapter 1, a general introduction of the
background is presented, and the objectives are formulated. The core of the
dissertation, Chapters 2 to 4, are based on six peer-reviewed scientific articles, in
which the PhD candidate is first author and co-author, in agreement with the
requirements of the Nanoscience doctoral program of the University of Barcelona for
a thesis presented as a compilation of publications. The main conclusions and future
work are described in Chapter 5. Lastly, two appendixes are included at the final of
the thesis. An overview of the kinetic models, catalysts and preparation methods
reported for CO2 methanation is presented in Appendix 1, while the supporting
information of each scientific article is shown in Appendix 2.
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Summary of results

The transformation of the current energy model towards a more sustainable mix,
independent of fossil fuels, requires the exploration of new technologies that are
capable of taking advantage of excess electricity (e”) derived from renewable energy
sources (wind and solar) and to use new alternative sources of carbon (CO3) for the
generation and storage of clean fuels. An alternative that combines both is the Power-
to-Gas (P2G) technology, whose concept is based on a two-stage process. In the first
stage, excess electricity from renewable energies is converted to hydrogen by
electrolysis. Then, in a second stage, the Hz produced is transformed to CH4 through
methanation with CO.. The CHa4 produced is referred to as synthetic natural gas (SNG)
and allows large amounts of renewable energy to be distributed from the energy
sector to the end-use sectors.

The thermo-catalytic CO2 methanation process, known as the Sabatier reaction, is
considered the most efficient route for large-scale SNG production in P2G
applications. However, developing a cost-effective CO2 methanation technology is
one of the biggest challenges facing the P2G concept. For CO2 methanation, the use
of a catalyst that is active and capable of working under moderate conditions for a
long period of time is key to achieve an adequate reaction rate. Furthermore, a reactor
that presents a simple configuration and is capable of controlling the high
temperatures formed by the exothermic nature of the Sabatier reaction is required to
avoid thermodynamic limitations and catalyst degradation. Both catalyst and reactor
can be considered as the core of CO2 methanation technology and are widely
investigated to promote the intensification of the process.

In this context, this thesis focused on the design of a catalyst and a reactor for the
production of SNG by means of CO2 methanation. The thesis objectives were
addressed in three main aspects, which are: i) design a high performance catalyst
based on metal oxide promoted Ni/y-Al203 and determine its reaction mechanism; ii)
evaluate the stability of the catalyst and the tolerance to sulfur for its implementation
in a relevant industrial environment (CoSin project); and finally, iii) develop a CFD
model based on experimental kinetic data to understand the role of operating
conditions and propose a new reactor configuration.

In the first Chapter of this thesis it is presented a general introduction of the SNG
production through CO2 methanation process. In the second Chapter, it is proposed
a Nily-Alz03 promoted metal oxide catalyst. The addition of a promoter (X: CeOz,
La20s, Y203, Sm203 or ZrO2) on a system composed by Ni as active phase and v-
Al203 microspheres (dp=400-500 ym) as support was studied as the design strategy
to develop a micro-sized Ni-X/y-Al203 catalyst. The effect of promoters was studied in
a temperature range of 250-350 °C to select the most interesting metal-oxide. The
ternary catalyst based on Ni-CeOz/y-Al203 was proposed as the most feasible due to
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its high catalytic performance in relation to its economic competitiveness. In order to
find the optimal composition for Ni-CeO2/y-Al203, the simultaneous optimization of its
components was evaluated through a systematic experimental design. The catalyst
composed by 25 wt.% Ni, 20 wt.% CeO: and 55 wt.% y-Al203 proved to be the most
active and stable using moderate reaction conditions (T=300 °C, P=5 bar-g and
GHSV=40,000 h?). The successful performance of the micro-sized catalyst was
attributed to its enhanced Ni dispersion and reduction, its high metallic area, and the

formation of moderate base sites.

In Chapter three, the thermal stability and tolerance to sulfur impurities on the Ni/y-
Al203 catalyst promoted with CeO: is further studied using the following reaction
conditions: i) high temperatures (T=500 °C), and ii) the presence of H2S on the
reactants (1-5 ppm). The catalytic results showed that Ni-CeO2/y-Al203 was capable
of maintaining high thermal stability and greater tolerance of H2S compared to a
conventional Ni/y-Al2O3 catalyst. The strong metal-promoter interaction and the
favourable formation of cerium oxide sulfide (Ce20.S) were revealed as the main
causes of its successful stability and tolerance to H2S, respectively. Additionally, it
was evaluated the technical feasibility of the implementation of Ni-CeO2/y-Al203 (105
g) on microstructured reactors in a two-stage industrial methanation process, CoSin
project. The desired gas composition (292.5% CHai) at the outlet of the second
microreactor was successfully obtained using a pressure of 5 bar-g and a decreasing
temperature profile in both the first (T=450-400 °C) and the second microreactor
(T=375-275 °C). The high stability recorded during the 2000 h of experimentation
demonstrated that Ni-CeO2/y-Al2O3 can be a competitive catalyst for CO:2
methanation.

Regarding to reactor design, in Chapter four, the design of a fixed-bed multitubular
reactor on a Ni-CeO2-Al203 catalyst was proposed for mid-scale SNG production. A
CFD mathematical model based on experimental kinetic data was developed. The
optimization of the temperature profile in the reactor tube was carried out through a
sensitivity analysis. A reactor tube with a diameter of 9.25 mm and a length of 250
mm was proposed, which should be operated at Tine=473 K, Twai=373 K,
GHSV=14,400 h'! and P=5 atm. At these conditions, CO2 conversions of 99% were
achieved with Tmax of 673 K. On the other hand, for small-scale SNG production, a
reactor with a heat management approach based on free convection was proposed.
The pre-evaluation of the reactor design (di=4.6 mm and L=250 mm) through
experiments and the optimization of the reaction conditions (GHSV, Tinet, P, Tair)
through a CFD mathematical model were carried out using the micro-sized Ni-CeO2/y-
Al20s. The optimal conditions were found at: GHSV=11,520 h?, Tine=503 K, P=5 atm,
and Tar=298 K. The feasibility of the reactor proposal was experimentally validated.
As results, a competitive conversion (Xco2=93%) was obtained with a decreasing
temperature profile (T=830-495 K).

Xii
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Resumen de resultados

La transformacion del modelo energético actual hacia un mix mas sostenible,
independiente de los combustibles fdsiles, requiere la exploracion de nuevas
tecnologias que sean capaces de aprovechar el exceso de electricidad (e7) derivado
de fuentes de energia renovables (edlica y solar) y utilizar nuevas fuentes alternativas
de carbono (CO3) para la generacion y almacenamiento de combustibles limpios. Una
alternativa que combina ambas es la tecnologia Power-to-Gas (P2G), cuyo concepto
se basa en un proceso de dos etapas. En la primera etapa, el exceso de electricidad
procedente de energias renovables se convierte en hidrégeno por electrolisis. Luego,
en una segunda etapa, el Hz producido se transforma en CHs mediante metanacion
con CO2. El CH4 producido se conoce como gas natural sintético (SNG) y permite
distribuir grandes cantidades de energia renovable desde el sector energético a los
sectores de uso final.

El proceso termo-catalitico de metanacion de CO2, conocido comola reacciéon de
Sabatier, se considera la ruta mas eficiente para la produccion de SNG a gran escala
en aplicaciones P2G. Sin embargo, el desarrollo de una tecnologia de metanacion de
CO: rentable es uno de los mayores desafios que enfrenta el concepto P2G. Para la
metanacion de CO2, en miras a lograr una velocidad de reaccion adecuada, es clave
el empleo de un catalizador que sea activo y capaz de trabajar en condiciones
moderadas durante un largo periodo de tiempo. Ademas, se requiere un reactor que
presente una configuracion simple y sea capaz de controlar las altas temperaturas
generadas por la naturaleza exotérmica de la reaccion de Sabatier, evitando asi
limitaciones termodinamicas y la degradacién del catalizador. Tanto el catalizador
como el reactor pueden ser considerados como el ndcleo de la tecnologia de la
metanacion de CO:2 y aln se investigan para promover la intensificacion del proceso.

En este contexto, la presente tesis se enfocd en el disefio de un catalizador y un
reactor para la produccion de SNG mediante la metanacién de CO2. Los objetivos
abordaron tres aspectos principales, los cuales fueron: i) disefiar un catalizador de
alto rendimiento basado en Ni/y-Al203 promovido por 6xido metélico y determinar su
mecanismo de reaccién; ii) evaluar la estabilidad del catalizador y la tolerancia al
azufre para su implementacién en un entorno industrial relevante (proyecto CoSin); y
finalmente, iii) desarrollar un modelo CFD basado en datos cinéticos experimentales
para comprender el papel de las condiciones de operacién y proponer una nueva
configuracién de reactor.

En el primer Capitulo de esta tesis se presenta una introduccién general de la
produccion de SNG mediante el proceso de metanacion de CO2. En el segundo
Capitulo, se propone un catalizador de Ni/y-Al203 promovido por 6xido metélico. Se
estudio la adicion de un promotor (X: CeOz, La203, Y203, Sm203 6 ZrO2) en un sistema
compuesto por Ni como la fase activa y micro-esferas de y-Al203 (dp=400-500 pm)
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como el soporte se estudi6 como la estrategia de disefio para desarrollar un
microcatalizador (Ni-X/y-Al20z). Se estudié el efecto de los promotores en un rango
de temperatura de 250-350 ° C para seleccionar el 6xido metdlico mas interesante.
El catalizador ternario basado en Ni-CeO2/y-Al2Oz se propuso como el mas factible
por su alto rendimiento catalitico en relacion a su competitividad econémica. Con la
finalidad de encontrar la composicién optima para el Ni-CeO2/y-Al203, se evalud la
simultanea optimizacion de sus componentes mediante un disefio experimental
sistemético. El catalizador compuesto por 25 wt.% Ni, 20 wt.% CeO2 y 55 wt.% y-
Al2Os demostré ser el mas activo y estable usando condiciones de reaccién
moderadas (T=300 °C, P=5 bar g y GHSV=40,000 h?). El exitoso rendimiento del
microcatalizador se atribuyd a su alta dispersion y reduccion de Ni, a su alta area
metalica, y a la formacion de sitios basicos moderados.

En el Capitulo tres, se estudia la estabilidad y tolerancia al azufre sobre el catalizador
de Ni/y-Al203 promovido con CeO: usando la siguientes como condiciones de
reaccion: i) altas temperaturas (T=500 °C), y ii) la presencia de impurezas de H:S en
los reactivos (1-5 ppm). Los resultados cataliticos mostraron que el Ni-CeOz2/y-Al203
es capaz de mantener una alta estabilidad y mayor tolerancia de H2S en comparacién
a un catalizador convencional de Ni/y-Al2Oz. La fuerte interaccion metal-promotor y la
formacion favorable de sulfuro de 6xido de cerio (Ce20:S) se revelaron como las
causas principales de su exitosa estabilidad y tolerancia a la impureza de H:S,
respectivamente. Adicionalmente, se evalu6 la viabilidad técnica de la
implementacion del Ni-CeO2/y-Al203 (105 g) en reactores microesructurados que
formaban parte de un proceso industrial de dos etapas, proyecto CoSin. A la salida
del segundo microreactor, se obtuvo con éxito la composicibn de gas deseada
(292.5% CHy4) utilizando una presion de 5 bar g y un perfil de temperatura decreciente
tanto en el primero (T=450-400 °C) como en el segundo microreactor (T=375-275
°C). La alta estabilidad registrada durante las 2000 h de experimentacion demostrd
gue el Ni-CeO2/y-Al203 es un catalizador competitivo para la metanaciéon de CO..

Con respecto al disefio del reactor, en el Capitulo cuatro, se propone el disefio de un
reactor multitubular de lecho fijo sobre un catalizador de Ni-CeO2-Al.0z para la
produccion SNG a mediana escala. Se desarroll6 un modelo matematico CFD
basado en datos cinéticos experimentales. La optimizacion del perfil de temperatura
en el tubo del reactor se realiz6 mediante un analisis de sensibilidad. Se propuso un
tubo de reactor con un diametro de 9.25 mm y una longitud de 250 mm, el cual debe
ser operado a Tine=473 K, Twa=373 K, GHSV=14,400 h' y P=5 atm. A estas
condiciones, se lograron conversiones de 99% con una Tmax de 673 K. Por otro lado,
para la produccion de SNG a pequefia escala, se propuso un reactor con un enfoque
de gestion de calor basado en la conveccion libre. La pre-evaluacion del disefio del
reactor (d=4.6 mm y L=250 mm) mediante experimentos y la optimizaciéon de las
condiciones de reaccion mediante un modelo matemético CFD se realizaron usando
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el microcatalizador de Ni-CeO2-Al0z. Las condiciones Optimas se encontraron a:
GHSV=11,520 h', Tine=503 K, P=5 atm, y T:=298 K. La viabilidad de la propuesta
de reactor se validé experimentalmente. Como resultado, se obtuvo una competitiva
conversion (Xco2=93%) con un perfil de temperatura decreciente (T=830-495 K).
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1. Synthetic natural gas production through CO, methanation
process

The use of energy throughout human history has been linked to all phases of global
development [1]. Most of the energy that is used to power modern civilizations has
been derived from the chemical energy found in fossil fuels (oil, coal, and natural gas),
which benefits from their high energy density, low cost and ease of access. At the
present time, these fossil resources represent the 85% of the global primary energy
[2]; however, they have negative impacts on the environment and human health.
Fossil fuels are the largest source of carbon dioxide (COz), a greenhouse gas which
contributes to global warming and climate change. Without CO2 mitigation, the
average temperature on the planet may increase as much as three to five degrees
Celsius in this century, according to the Intergovernmental Panel on Climate Change
[3]. These concerns are triggering the world must balance the role of energy in social
and economic development; with the need to decarbonise, reduce our dependence
on fossil fuels, and transition towards low-carbon energy sources.

Renewable energy sources (RES), such as solar and wind are practically CO2-neutral,
and they play a key role in the shift towards green growth, a low-carbon economy,
and a greater share of renewables in the energy mix [4]. However, due to their variable
and unpredictable nature, the integration of both solar and wind energy into the
electricity grid is a challenge, since the existing grids and their capacities were
established to comply with less or non-variable energy sources, dispatchable power
generation, and predictable load peaks. Consequently, long term and large capacity
electricity storage is required, as well as reserve production capacity [5].

Several options have been proposed for large-scale energy storage, including
flywheels, batteries, pumped hydro energy storage, compressed air energy storage
and thermochemical energy storage. Compared to all storage technologies (see
Figure 1.1), chemical energy storage in the form of synthetic gas (as methane (CHa))
produced via Power-to-Gas technologies (P2G) has the greatest potential for the
seasonal energy storage of low-carbon electricity [6—8]. Indeed, CH4 caverns can
store approximately 1000 kWh-Nm= at 100 atm, while compressed air has a
significantly lower energy density of 0.4—20 kWh-Nm=and pumped hydro can only
store 0.5-1.3 kWh-Nm=3. This latter is also limited by geographical constraints and it
is preferentially used for weekly storage. Therefore, P2G technology can be
considered an energy-efficient approach that offers a wide opportunity for
conserving primary energy sources as well as reducing greenhouse gas emissions.


https://www.sciencedirect.com/topics/engineering/primary-energy-source
https://www.sciencedirect.com/topics/engineering/greenhouse-gas
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Figure 1.1. Comparison of electricity storage technologies in terms storage capacity, discharge
time and energy density. Adapted from Anajovic et al. [9]. CAES=compressed air energy
storage, PHES=pumped hydro energy storage, P2G=power-to-gas.

The P2G concept relies on the ability to transform the supply electrical energy from
RES into valuable energy carries by means of 1-step process (Power-to-Hydrogen)
or 2-step processes (Power-to-Methane), as it is shown Figure 1.2. In the 1-step
process, the electricity excess is used to split water into hydrogen (Hz) and oxygen
(O2) through electrolysis. Consecutively, the produced renewable H2 is combined with
CO:2 to produce CH4 through methanation process. In this 2-step process, the sources
of CO2 used as feedstock are derived from power plants (coal or natural gas),
industries (cement, steel, chemical, etc.), biogenic sources (biogas produced from
organic waste, bioethanol fermentation, biomass combustion, etc.) and direct air
capture. The produced methane is also known as synthetic natural gas (SNG).
Compared to hydrogen which requires specialized infrastructure, if the SNG
composition meets the gas quality requirements of the natural gas grid (e.g.295% for
Spain), it could be directly injected into a natural gas pipeline at the point of production.
In addition, the SNG can be stored for long-term (days, weeks, or even months), used
in the transportation sector and burned for heat and power production.
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Methanation

Figure 1.2. Schematic illustration of the Power-to-Gas concept for synthetic natural gas
production.

Thermochemical, biological, plasmolysis, electrochemical and photoelectrochemical
are the main methanation technologies proposed for the production of synthetic
natural gas [10-13]. Among them, thermochemical CO2 methanation process via
Sabatier reaction is the most mature and intensive technology for P2G plants at
industrial scale [14,15]. In the thermochemical route, high volumetric productivity can
be reached in comparison with another technologies (e.g. biological [16]). This
process is very old, since the CO2 methanation reaction was already proposed by the
French chemistry Paul Sabatier and Jean-Baptiste Senderens in 1902 [17]. In the
context P2G, Sabatier reaction is typically conducted on a catalytic reactor under
moderate temperature and pressure, in which Hz2 and COz react over a catalytic metal-
based system to form CH4 and H20, as it is shown in Figure 1.3.

Catalyst
COz) +4Hz) _~ CHyg) + 2H30y
T&P
e
P '5’

m)( | Reactor | |mmp

o by

AHZ®X = —165 J - mol~? AGR*** = —130.81J - mol~*

Figure 1.3. Schematic illustration of the thermochemical CO2 methanation process.
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The overall Sabatier reaction is reversible, highly exothermic and characterized by a
volume reduction of 40% of the reacting gases. Thermodynamically, the reaction is
highly favourable because of its large negative values of enthalpy (AH3*®¥=-165
kJ-mol™t) and Gibbs free energy (AG3%%%=-130.8 kJ-mol*). However, the involvement
of eight-electrons in the process makes it kinetically limited [18]. Accordingly, an active
and stable metal-based catalytic system needs to be utilized to attain an acceptable
reaction rate and methane selectivity. Since the reaction has an exothermic nature, a
reactor design with a proper temperature control is mandatory to avoid backwards
reaction and catalysts deactivation. According to Le Chatelier's principle, low
temperatures and high pressures shift the equilibrium to the products side.
Consequently, a balance between thermodynamic and kinetic barriers should be
found in order to guarantee an efficient methane production via thermochemical CO2
methanation technology. This requirement imposes high challenges: i) on the
development of innovative heterogeneous catalytic systems with proficient catalytic
performance, high stability and tolerance to impurities; and, ii) on the proposal of
advanced reactors with novel thermal approaches to manage the heat released by
the reaction during the Sabatier process.

In this context, the aim of this introduction is to present current academic and industrial
progress of the CO2 methanation process with a special interest to the main aspects
to drive CO2 methanation technology to widespread applications. Therefore,
fundamentals of the CO2 methanation reaction, strategies applied to design high-
active and stable CO2 methanation catalysts are reviewed. Finally, CO> methanation
reactor configuration and implementation strategies were analysed, as well as future
prospective challenges for efficient and scalable CO2 methanation technology are
discussed.

1.1. Fundamental concepts
1.1.1. Thermodynamics

The CO2 methanation process carried out through the exothermic Sabatier reaction
(Eq. 1) occurs in a parallel combination between the endothermic reverse water gas
shift reaction (RWGS) (Eg. 2) and the exothermic CO methanation reaction (Eqg. 3).

CO, + 4H, 2 CH, + 2H,0 AHZ?8K = _165 k] - mol Eq. 1
CO, +H, 2 CO+H,0 AHZ®K = +41.1 K] - mol™! Eq. 2
CO +3H, 2 CH, + H,0 AHZ%8¥ = —205.9 k] - mol~? Eq. 3

Under certain process conditions, the formation of carbon over catalyst surface can
be derived from by-reactions, such as: the exothermic Boudouard reaction (Eq. 4),
the endothermic methane cracking reaction (Eq. 5), the exothermic CO reaction (Eq.
6) and the exothermic CO2 reduction reaction (Eq. 7).
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2C0 2 Cgraphite(s) + CO; AHZ%%K = —172.4 K] - mol ™ Eq. 4
CH, 2 2H, + Cgraphitecs) AHZ%8K = +74.6 k] - mol* Eq.5
CO + Hy 2 Cgraphite(s) + H20 AHZ%%K = —131.3 k] - mol™* Eq. 6
CO, + 2H, 2 Cyraphite(s) + 2H,0 AHZ%8K = —90.1 kJ - mol~* Eq. 7

Besides carbon, the formation of saturated hydrocarbons can occur according the
following reactions (Eg. 8 and 9):

nCO + (2n+ 1)H, 2 C,H;,,, + nH,0 Eq. 8
nCO + 2nH 2 C,H,, + nH,0 Eq.

In order to analyse the thermodynamics of the main reactions involved in the CO:
methanation process, Van't Hoff equation (Eq. 10) was used to calculate equilibrium
constants (K) for each reaction in function of temperature.

d(n(K)) AHg Eq. 10
dT ~ RT?

where T is the temperature, A Hg the molar enthalpy changes of reaction at

d(In(K))

temperature T, and R the gas constant. According to values of , reaction can

be classified as either spontaneous or not- spontaneous:

PREILICD)!

T < 0, reaction is favourable or spontaneous

d(In(K))
dT

If > 0, reaction is unfavourable or not spontaneous

Figure 1.4 shows the equilibrium constant values of the main reactions involved in the
CO:2 methanation process as a function of temperature. As it can be observed, the
catalytic hydrogenation of CO2 to CH4 through both exothermic reactions (Eq. 1 and
Eq. 3) is favourable when temperature decreases. In particular, CH4 formation by Eg.
1 is promoted in the temperature range from 473-823 K. A further increase on the
temperature (T=823 K) is unfavourable for the process since Eq. 2 is more dominate
and promotes the formation of CO. With respect to the set of by-reactions (Eq. 4-7),
Eq. 4, 6 and 7 are favoured at low temperatures, while Eq. 5 is favoured at high
temperatures. Besides, it can be seen that the Eg. 4 has an equilibrium constant much
larger than Eq. 5, 6, and 7. Therefore, it is necessary to consider that the Boudouard
reaction lies in the temperature range where the conversion of CO2 to CHs is favoured.
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Figure 1.4. The equilibrium constant (K) of the possible reactions involved in methanation
process as a function of temperature. The values calculated were based on thermochemical
data in gas and solid phase of the main species (Hz, CO2, CH4, H2O, CO and C) [19] and using
the Van't Hoff equation: d(In(k))/dT=AHr/IRT?.

Temperature reaction is not the only important parameter to evaluate the CO:
methanation process. According to thermodynamics, the equilibrium of the Sabatier
process in regard to CO2 conversion, selectivity and yield to CH4, CO and C can be
also influenced by the effects of the pressure, the H2/CO2 molar ratio and the addition
of other reactants (e.g. H20 and CH4). The minimization of the Gibbs free energy of
the system is a non-stoichiometric method can be applied to calculate the equilibrium
composition of the chemical species in a reactive system. This method is based on
the principle that the total Gibbs energy of the system has its minimum value at
chemical equilibrium, and only requires the definition of all the chemical species
involved in the process (both reactants and products).

In this line, thermodynamic calculations using a Gibbs energy minimization model
were performed to understand the potential behaviour of the Sabatier process. The
model was developed in excel and its minimization was executed using a Solver
plugin with GRG nonlinear optimizer [20]. The thermochemical data in gas and solid
phase of the main species (Hz, COz, CH4, H20, CO and C) was used to calculated
the Gibbs free energy [19]. The Gibbs function (Eq. 11) as a function of pressure and
temperature can be written follows as:
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nG(T,P) = Z n,AGY + Z n,RTInP + Z n,RTy; + Z n,RTIn®, Eq. 11

where n; is the number of moles of species i, AG? is the standard Gibbs free energy
of formation of species i, R is the universal gas constant, P is the total pressure of the
gas mixture, y; is the mole fraction of species i in the gas mixture , ®; is the fugacity
coefficient of species i in the gas mixture. The equilibrium model results shown below
were in concordance with previous reported thermodynamic equilibrium analysis [21—
26].

The CO: equilibrium conversions and selectivities to CH4, CO and C as a function of
temperature at pressures between 1 and 30 atm and using a H2/CO2=4 are presented
in Figure 1.5. CO2 conversions (Xco2295%) close to equilibrium can be obtained at
low temperatures (T<623 K) and high pressures (P>1 atm) (see Figure 1.5 (a)).
However, high operating pressures (P=20 atm) are neither technically nor
economically feasible, and low operating temperatures (T<473 K) require highly active
metal-based catalytic systems. In contrast, high temperatures (T=2823 K) shift the
equilibrium to the reactants side, leading to the reduction of CO: conversions.
Besides, at this condition the carbon monoxide (CO) is promoted by RWGS reaction.
Consequently, higher CO selectivities and lower CH4 selectivities are obtained (see
Figure 1.5 (b)).

Regarding H2/CO: effects, carbon formation is not expected at a H2/CO2 molar ratio
of 4 (see Figure 1.5 (b)). A similar trend was observed by Gao et al. [21], who also
claimed that the catalyst deactivation by carbon deposition is strongly influenced when
the hydrogenation of CO: is performed at low molar ratios (H2/CO2<4) and using
temperatures below 823 K. In addition, it was informed that a H2/CO2molarratio above
4 increase the selectivity to hydrogen-rich species (methane) with a decrease in coke
as hydrogen is a well-known coke removing agent [22]. From thermodynamic point of
view, a H2/CO2 molar ratio of 4, low temperatures (473-623 K) and high pressures (1-
30 atm) should be considered as the operating window to achieve an efficient
methane production during the CO2 methanation process.
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1.1.2. Reaction mechanisms

Although the methanation process has been investigated extensively for many years,
the elementary steps involved in the overall Sabatier reaction catalysed by metals
remain controversial. In view of the studies reported to date over Ni-based catalyst
(see Table 1.1), reaction mechanisms for the hydrogenation of CO2 can be classified
in three main types (see Figure 1.6):

e Dissociative mechanism, where the dissociation of CO2 to COads
(CO2+**—CO*+0*) and the dissociation of COads t0 Cads (CO*+*—C*+0O*) are
identified as the rate-limiting step for CH4 formation.

e Associative mechanism, where the formation of formates
(CO2*+H*—-HCOO*+*) is recognized as the rate-limiting step.

e Hybridized mechanism, where a mixture between the two previous ones is
considered.

The hydrogenation of CO: via dissociative mechanism occurs on the active metal
nanoparticles. This reaction pathway starts from the dissociative adsorption of both
hydrogen (H2) and carbon dioxide (CO2) on the metallic sites (*) to form adsorbed
hydrogen adatoms (Hads), as well as adsorbed carbonyl species (COads) and adsorbed
oxygen (Oads). Then, COads can be transformed to methane (CHa) following the same
pathway as CO methanation, where the COags is i) directly hydrogenated to methane
(CHa4) or further ii) dissociated to form adsorbed carbidic carbon species (Cads) and
Oads. [27-29]. In the first route, Hags is associated with carbonyl species, such as
linear CO [30] and bridged CO [31] to form adsorbed formyl (HCOads), HCOHags and
COHags. Consecutively, these intermediate species are hydrogenated to CHa. In the
second route, the dissociated Cads[32]is directly hydrogenated to CHa4, where COHags,
CHzads and CHaags are the intermediate species formed during the process.

The associative mechanism suggests that the formation of intermediate species are
highly dependent of the reaction conditions, metal/support interaction [33-36], and
physicochemical properties of the catalyst (e.g. metal loading [37], structural
properties [38], and distribution of the basic/acidic sites [39-42]). In this route,
adsorbed H: is dissociated on metallic sites (*) to form adsorbed hydrogen adatoms
(Hags), while adsorbed CO: is activated on the support to form adsorbed hydrogen
carbonate (HCOzags) under the presence of an adsorbed group hydroxyl (OHaas), and
adsorbed carbonate species (COzads) in form of monodentate (m-COzags), bidentate
(b-COs3ads), polydentate (p-COzads) and bridged carbonate [43-48]. Later, these COszads
are hydrogenated to adsorbed formate (HCOOads) or formyl (CHOads) species. From
these two species, formate formation is mainly identified as the rate-limiting step, and
its successive hydrogenation to adsorbed formaldehyde-like (H2COags) and methoxy

11
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(H2COads) species allow that CH4 can be formed and released from catalyst surface
as a final product.

Hybridized mechanisms can be defined as the combination of both CO and formate
route. These can be divided in two subcategories resulting in i) the migration of
dissociated carbonyl species and/or ii) the dissociation of formate species. The first
one suggests that CO2 and H2 are adsorbed and dissociated on metal sites to form
COads, Oads and Hadgs atoms, followed by migration onto the support surface [49]. The
CO then interacts with oxide surfaces of the support to form bridged carbonyl and
linear carbonyl, while the presence of H atom facilitates the formation of bidentate
formate. These three species could be responsible for the formation of methane,
being the bidentate formate species the main route to formation of methane. The
second one suggested that CO: is adsorbed on support to form HCOzags Or CO3aus,
followed by their hydrogenation to HCOOads. Then, adsorbed formate can be
dissociated and hydrogenated on the sites actives to form methane [50-52].
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Figure 1.6. Schematic illustration of proposed reaction mechanisms of CO2 methanation
process.
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Table 1.1. Proposed reaction mechanisms of CO2 methanation on Ni-based catalysts.

Catalyst Reactlgn Species formation Reference
mechanism

Ni/SO; [27]
Ni (100) . . . . [28]
Ni/ALO3 Dissociative Lineal and bridged CO [30]
Ni/Sepeolite [31]
Ni/CeO2« [33-35,37,43]
Ni/MgO [36]

i/Ti 38
NITIO. Associative Monodentate, Bidentate [38]
Ni/CeO2-ZrO, and Bridged formate [39-42]
N?/SOz [44]
Ni/HB40
CeO;-modified Ni-A [45]
Ni/AI@MnAI>O4 [46]
W-doped Ni-Mg [47]
Ni/Y-doped ZrO; [48]
Ni/MSN [49]
g-CsN4 -modified Ni- . 50
CeO, Hybridized Bidentate formate [50]
Ni-CeO2/CexZr1-xO2 [51]
NiUSY zeolites [52]

1.1.3. Reaction kinetics

An important part of studying chemical reactions is to monitor the rate at which they
occur. Reaction kinetics is the field of science dealing with the rate of a chemical
reaction. This is the rate at which the reactants are consumed to form products. In
addition to the rate of the reaction, kinetics can be also used to make conclusion
regarding the mechanism or sequence of steps by which reaction exactly occur at
molecular level. Understanding the kinetics of Sabatier reaction is critical for being
able to control the process and obtain the desired products.

Kinetic rate expressions for describing the hydrogenation of CO2 to CH4 can be
developed employing Power-law (PL) and Langmuir-Hinshelwood-Hougen-Watson
(LHHW) kinetics approaches. PL kinetics are easier to be developed with respect to
LHHW kinetics. The reaction rate equations through this kinetic approach can be
obtained by a simple adjusting the reaction constant and the reaction rate in the range
at which reaction parameters were measured. In contrast, kinetics expressions

13
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derived from LHHW approaches are more complex and a reaction mechanism is
mandatory to adapt the reaction rates. An overview of kinetic reaction expressions on
nickel-based catalyst using these kinetic approaches are summarized in Table A1.1.
Eq. 12 is used for a better understanding and interpretation of the mathematical
description of the proposed reaction rates.

__ (rate constant) * (driving — force) * (equilibrium term) Eq. 12
a (adsorption term)

r

The first kinetic studies for the hydrogenation of CO2 to CH4 were performed in 1950s
[53-55]. On the basis of these results, the most plausible mechanisms for CO:
methanation reaction were proposed. Additional kinetic models were latter developed
in view of the potential significance of the CO2 methanation reaction for the industrial
fuel production [56-59]. Among them, the intrinsic kinetics proposed by Xu et al. [59]
for steam reforming of methane has provided finding which are relevant for further
work on methanation kinetics. They developed reaction rates for the reversible water
gas shift (RWGS), CO methanation and CO2 methanation at reactions conditions
close to those used industrially.

In the Power-to-Gas context, Koschany et al. [60] developed kinetic models using
three approaches: simple PL with and without inhibition of water, and LHHW. They
emphasize that the kinetics at differential conversions and pure H2/CO: feed markedly
differ from the regime closer to equilibrium. PL with inhibition and LHHW models were
capable to reflect the kinetics over a wide range of conditions from differential
conversion to thermodynamic equilibrium. Hubble et al. [61] also proposed a LHHW
kinetic model based on a mechanism in which adsorbed CO: dissociated to CO and
O surface species. The subsequent dissociation of adsorbed CO was considered as
the rate-limiting step.

Macro- and even micro-intrinsic kinetics were proposed to design, simulate and
optimize conventional and advanced reactor configurations for industrial Power-to-
Gas applications [62—69]. For instance, Molina et al. [62] proposed a kinetic model for
CO:2 methanation using a simple PL rate expression over a commercial catalyst. The
experimental kinetic parameters were implemented for the optimization of a wall-
cooled fixed-bed exchanger reactor. With the same goal, Ducamp et al. [63]
developed a kinetic model over a commercial catalyst. The rate equations were
defined through the adaptation of the activity coefficients and adsorption constants of
the three kinetic rates from the Xu and Froment model. Most recently, Miguel et al.
[64] proposed a LHHW kinetic model based on a formyl intermediate mechanism with
a hydroxyl group being the most abundant species.

Besides direct path (CO2 methanation rate equation), kinetic studies with indirect path
(RWGS rate equation + CO methanation rate equation) have been performed in order
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to account for the presence/formation of CO. Marroco et al. [65] proposed a kinetic
model in where rate equations were developed applying a simple power law, a power
law with an inhibition term, and a LHHW approach. The most suitable fitting of
experimental data was achieved by using the LHHW expression and the PL (with
inhibition influence of adsorbed water or hydroxyl). On the other hand, kinetic model
proposed by Champon et al. [66] was performed over a commercial catalyst and their
rate equations were also developed following a LHHW approach.

Regarding the micro-intrinsic kinetics rate equations, these were developed over
structured reactor configuration. Farsi et al. [67] developed a kinetic model using a
microstructured packed bed reactor. The kinetic model for two-step CO2 methanation
process was developed using a LHHW formalism. The best agreement to the
experimental data was obtained when the direct water adsorption in the inhibition term
was assumed. Hernandez et al. [68] developed kinetic rate equations using a catalytic
plate reactor. The proposed models suggested that the rate determining step includes
the reaction of an oxygenated complex (COH* or HCOO¥*) with an active site (*) or an
adsorbed hydrogen (H*). Furthermore, water was assumed to be adsorbed as a
hydroxyl species (OH*), while methane did not influence the reaction. Recently,
Morosanu et al. [69] proposed a power law model for aging evolution of a commercial
catalyst. This was developed considering that the loss of activity during the sintering
process can be correlated with the loss of normalized surface area or dispersion of
the active phase.

In summary, the majority of kinetic model proposed for CO:. methanation were
developed over commercial Ni-based catalysts. These PL and LHHW kinetics were
mainly proposed for the modelling, design, and optimization of conventional and
advanced reactor technologies. Concerning the activation energies (Ea), the
proposed values ranged between 55 and 240 kJ-mol*. A comparison between them
is tricky since different reaction conditions were selected to develop the kinetic
models. However, it is possible to claim that energy must be provided to initiate the
exothermic Sabatier reaction. As it can be seen in Figure 1.7, the activation energy
is higher when the reaction occurs in absence of a catalyst as shown by the red curve.
In contrast, the presence of a catalyst decreases the activation energy which is
indicated by the green reaction pathway. However, a sufficiently high temperature
(depending catalyst) makes Sabatier reaction take place until all reactants are
consumed. Therefore, active catalysts able to work at relatively moderate conditions
should be designed to overcome the energy barrier of the exothermic Sabatier
reaction.
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Figure 1.7. Activation energy with and without catalyst.

1.1.4. Transport phenomena limitations

In a heterogeneous catalytic system, transport phenomena limitations have a
significant effect on the rate of reaction and product formation due to differences
between reactant and product phases (gas) compared with the catalyst phase (solid).
For a solid-catalyzed reaction, the reactants first diffuse through the stagnant
boundary layer surrounding the catalyst particles (external transfer effect). Then, the
reactants diffuse into and through the pores within the catalyst particles, with reaction
taking place only on the catalytic surface of the pores (internal transfer effect). A
schematic description of this two-step diffusion process is shown in Figure 1.8. These
two mass transport limitations are potentially favoured when large-size particles and
low velocities of the fluid flow are used. Consequently, both external and internal
transfer must be considered in a catalytic reaction system since they limit the rate of
the reaction. In addition to mass transfer effects, heat transfer throughout the catalyst
particle and the stagnant boundary layer can also affect the rate of the reaction.
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Figure 1.8. Schematic representation of the mass transfer and reaction step for a catalyst pellet.
Adapted from Folger et al. [70].

Since a balance between transport phenomena and rate of the reaction is frequently
considered the most effective means of operating a catalytic reaction [71]. The
fundamental understanding of these transport phenomena is essential for CO:2
methanation process scale-up. For the Sabatier reaction, serious efforts in order to
minimize or eliminate mass and heat transfer resistances are needed due to its
exothermic nature. Strong gradients of temperature and concentrations of reacting
components can arise within the reactor in the gas volume as well as inside the
catalyst structure. Consequently, the implementation of a catalyst with proper shape
and size on a reactor design with effective control of temperature is critical to
overcome transport phenomena in the Sabatier process.

1.1.5. Reactor design

Reactor design suitable for SNG production via CO2 methanation process should
have an efficient heat management to prevent temperature increase in the catalytic
bed and thermodynamic limit. High temperatures may result in damaging of the
catalyst and the reactor itself, or in the initiation of undesired parallel or consecutive
reactions. Therefore, another great challenge in CO2 methanation technology is to
design reactors able to manage the heat naturally released by the exothermic
Sabatier reaction. Currently, there are various reactor designs developed for CO:
methanation, which according to their configuration can be classified as follows: fixed-
bed reactor (FIXBR), fluidized bed reactor (FBR), three-phase reactor (TPR) and
microreactor (MR).

FIXBR represents the simplest reactor design option and most used. This approach

can operate in adiabatic or polytropic conditions. Adiabatic fixed-bed reactors (AFIXR)
are designed with a cooled product gas recirculation system to limit the strong
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exothermicity of the reaction [72] (see Figure 1.9). This simple design can be
disadvantageous when too many AFIXBRs are required to reach the target
conversion.
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Figure 1.9. Adiabatic fixed-bed reactor.

FIXBR in polytropic operation condition involves the design of a cooled fixed-bed
reactor (CFIXBR). The most common is the multitubular fixed-bed exchanger reactor
(MFIXBR). As it can be observed in Figure 1.10, its design consists of a series of
tubes mounted inside a cylindrical shell. The tubes are filled with catalytic particles.
The gas flow goes downward through the tubes from the upper to the lower head. In
the tubes, gas and the catalytic particles react. The heat that results from the reaction
is absorbed by a cooling fluid (e.g. water, steam, oil, and molten salt) in the shell side
of the reactor [73]. Compared to an adiabatic reactor, a cooled fixed-bed reactor offers
the advantages of intensive heat removal and therefore suitable conditions in the
reactor tube, which in turn facilitate hot spot avoidance and a high level of temperature
control over cooling performance. However, some limitations are found when high
cooling operating conditions are required (T=375 K & P=30 atm) to reach the reaction
temperature targeted [74]. Therefore, the design of a multitubular fixed-bed reactor is
always a compromise between selectivity, yield and investment- and operating costs.
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Figure 1.10. Multitubular fixed-bed reactor.

FBR is an alternative design to operate in isothermal conditions. The reactor
configuration consists of a vertical column with an in-tube heat exchanger bundle, as
it is represented in Figure 1.11. The fluidization occurs when the solid catalyst
particles are suspended in the upward-flowing stream of the gases. Due to the
turbulent gas flow and rapid circulation, this design offers a higher efficiency in heat
exchange, and thus a higher control temperature with respect to fixed bed reactors
[75]. However, the main issue is associated with the fluidized bed. For instance,
particle blowout caused by an uncontrolled gas velocity can lead to the deterioration
of the reactor by abrasion and attrition.
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Figure 1.11. Fluidized bed reactor.
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TFR also is known as a slurry bubble column reactor (SCBR) [76]. The design involves
the use of fine catalyst particles (d,<100 um) which are suspended in an inert liquid
medium (dibenzyltoluene) by the gases flow [77], as it is shown in Figure 1.12. The
stable isothermal operation in a SCBR is achieved thanks to the catalyst removal
during the process. Further advantage is the possibility to operate in both semi and
continuous. On the other hand, their limitations include severe backmixing,
decomposition and evaporation of the suspension liquids, and the necessity of a
catalyst filtration step. However, an important feature of this reactor design is that they
allow the continuous catalyst replacement in the case of its quick deactivation [78].
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Figure 1.12. Three-phased or slurry bubble column reactor.

MRs are advanced reactor designed for the intensification of the CO2 methanation
process. The design involves a compact and miniaturized configuration. Compared to
conventional reactors, these offers an high heat management thanks to its large
surface area to volume ratio [79,80]. Microchannel [81] and Monolith honeycomb [82]
are the main microreactor design proposal for CO2 methanation. In a microchannel
reactor (see Figure 1.13), the diameter of the channels is in the range of 50 to 5000
pum [83] and the catalyst can either be packed in them or deposited to the walls as a
coating [84]. This is considered as a heat exchanger reactor type since the overall
unit design combines a reactor and a heat exchanger. In addition to its enhanced
heat/mass transfer, it has a quick response time (start-up and shut-down) [85].
Despite its easy scale-up, the high manufacturing cost limits its widespread
application. A further drawback is the removal the catalyst of the walls, leading also
to high operation costs. The implementation of structured catalysts, e.g. micro-size
particles or open cell foam (OCF) coated with material catalytic has been recently
proposed to overcome this problem [86].
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Figure 1.13. Microchannel reactor.

With regard to monolith honeycomb reactor, this design offers an extruded structure
more practical with an enhanced heat transfer and high radial heat conductivity [76].
In a honeycomb structure, each monolith can contains thousands of parallel channels
or holes, which are defined by many thin walls. The channels can be
square, hexagonal, round, or other shapes. The hole density may be from 30 to 200
per cm?, and the separating walls can be 0.05 to 0.3 mm. A suitable hole density is
mandatory since the surface area is mainly influenced by this parameter. Honeycomb
structures can be also used into the tubes of a conventional multitubular fixed bed
reactor. However, one crucial point for the development of structured honeycomb
reactors is the deposition of a suitable and stable catalytic layer on the metallic or
ceramic support [87].

Among the proposed reactor configurations, fixed-bed, fluidized bed and
microstructured reactors are the three designs available in the market. The rest of
reactor technologies continue in demonstration or research & development (R&D)
stages. Lurgi from Air Liquide [88], TREMP™ from Haldor Tops@e [89], Vesta from
Clariant and Foster Wheeler [90], and DAVY™ from Johnson Matthey [91] are the
accessible technologies to carried out methanation process using adiabatic fixed-bed
reactors. Alternatively, cooled fixed-bed reactors are provide by Etogas [92] and Man
[93],while cooled microstructured reactors by INERATEC [94], Velocys [95] or
ATMOSTAT [96].
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1.1.6. Modelling of fixed-bed exchanger reactor technology

Modelling and simulation of chemical reactors is crucial to design and technology
scale-up as it allows to understand the role of the design parameters and operational
conditions without performing an excessive number of experiments, avoiding a trial-
and-error approach. Competitive fixed-bed exchanger reactor for Sabatier process
can be designed by means of the development of mathematical models. In the last 10
years, various one- and two-dimensional mathematical models have been developed
to study the Sabatier process and propose reactor design able to achieve high CO:2
conversion in safe condition. A brief description and main findings reported in the
proposed mathematical model are exposed as follows.

Kiewidt et al. [97] developed a one-dimensional pseudo-homogeneous model to
evaluate the temperature behaviour of a single-stage externally-cooled fixed-bed
reactor. They suggested that the thermal optimization of the Sabatier process over a
single-stage externally cooled fixed-bed reactor depends slightly on the inlet
temperature, and strongly on possible thermal requirements of the catalyst. Through
the optimization of Semenov number (Se), they achieved methane-yields above 90%
for typical reaction conditions of 573 K and 10 atm. Another mathematical model
based on a wall-cooled fixed-bed reactor was proposed by Molina et al. [62]. They
demonstrated that the reduction of the tube diameter leads to high efficiency in terms
of heat dissipation and both the inlet temperature and gas velocity can be increased,
which improves the amount of SNG produced per tube.

The combination of both modelling and experimental validation of a cooled fixed-fed
reactor was reported by Ducamp et al. [63]. A two-dimensional heterogeneous
computational fluid dynamics (CFD) model was developed using experimental
characterization of heat transfer and kinetic parameters. They confirmed with the
model that at the peak temperature location, the reacting mixture was at
thermodynamic equilibrium (Xco2=69% at T=793 K and P=4 atm). Strong diffusion
limitations were also identified in the catalyst particles which locally reduced the
efficiency of the reaction to 10%. Fache et al. [98] proposed an one-dimensional
dynamic pseudo-homogeneous model for optimization of fixed-bed methanation
reactors with safe and efficient operation under transient and steady-state conditions.
The mathematical model developed for reactor optimization was based on a fixed-bed
exchanger reactor composed by four-dilution zones. They indicated that a proper
catalyst dilution profile can increase the steady state efficiency and stability of the
reactor. Nevertheless, the dilution profile considered in this work had a negative
impact on transient efficiency and stability.

Molioli et al. [99] developed a one-dimensional heterogeneous fixed-bed reactor
model in order to evaluate the most important elements for the activation and heat
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management of the Sabatier process on Ru/AlzOs. For adiabatic reactors, feed
temperature was found at 487 K for a space velocity of 3000 h'! and a pressure of 10
atm. On the other hand, the properties of cooled reactors were obtained by the
interrelationship between cooling and feed temperature. They proposed a staged
feeding strategy to limit the maximum temperature in the reactor and ensure the stable
operation of the system. On the other hand, the operation range extension via hot-
spot control for catalytic CO2 methanation reactors was investigated by Bremer et al.
[74]. A dynamic one-dimensional pseudo-homogeneous fixed-bed reactor model was
developed. They applied stabilizing control to moderate the reactive zone (hot spot)
via adaptive coolant temperature variations. By using this alternative heat
management approach, they attained unconventional operating points in regions of
steady-state multiplicity that offer reduced catalyst temperatures (<773 K) while
maintaining elevated reactor performance.

Design of an air-cooled Sabatier reactor was modelled and experimentally validated
by Currie et al. [100]. A transient one-dimensional pseudo-homogenous model was
developed to simulate the reactor. They suggested that the selection of proper
reaction conditions (P=10 atm and GHSVs=500-3000 h?) was a key point to achieve
CO:2 conversion as high as 90-95% and complete selectivity to CH4 formation. Zhang
et al. [101] developed a CFD model to simulate CO2 methanation in a shell-and-tube
reactor with multiphase coupled heat transfer. The steady-state CFD model was
based on the open-source toolbox OpenFOAM. Three different methanation rate
models were adopted to validate the practical applicability of the developed solver.
They claim that the solver can capture the trends of temperature profiles along both
axial and radial directions. Most recently, the design of an optimal fixed-bed reactor
concept for CO2 methanation process in small-scale applications was proposed by
Molioli et al. [102]. The model-based optimization of the Sabatier reaction was
developed by controlling the heat transfer. They found that the reactor can be divided
into three zones: an initial zone for reaction activation; a central zone to remove
excess heat; and a final zone to achieve high conversion reaching the thermodynamic
equilibrium curve. They suggested that the optimal reactor can be designed by point-
by-point manipulation. Therefore, modelling is a powerful tool for justification and
prediction of the optimal reactor design for efficient SNG production which meets the
criteria required for industrial-scale applications.
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1.2. Catalyst design

It is well-known that heterogeneous catalysts play an important role in industrial
chemical production due to their easy separation, handling, recycling and the
possibility of continuous operation of the reactor. Heterogeneous catalysts are
composed by several elements such as support, promoter and active catalytic
materials of metal or metal oxide [103]. The kinetic rates of the Sabatier reaction are
reliant on the nature of the applied catalyst; thus, a special attention is required in its
design, formulation and preparation method. In order to be industrially relevant, this
must allow the reaction to proceed at a suitable rate under conditions that are
economically desirable, at as low a temperature and pressure as possible.

The design of heterogeneous catalytic systems with optimal performance (active,
selective and stable) for CO2 methanation reaction involves a consideration of some
properties, including physical, chemical and mechanical [104]. Besides the properties
shown in Figure 1.14, catalytic material selection as well as its shape and size are
important aspects for the optimization during the catalyst design.

[

Catalyst
design

Figure 1.14. The main properties to be considered for the CO2 methanation catalyst design.
1.2.1. Active phase

The activity, selectivity and stability are the most relevant properties to be addressed
in the pursuit of optimally performing catalytic systems. Heterogeneous catalysts
composed by metals primordially from VIII-XI group (noble metals (ruthenium (Ru)
[105-107], rhodium (Rh) [108], platinum (Pt) [109], palladium (Pd) [110]) and
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transition metals (nickel (Ni) [111], iron (Fe) [112], cobalt (Co) [113-116])) have been
confirmed to be active materials for CO2 methanation reaction. In terms of activity and
selectivity, these metal materials can be ordered as follows:

Ru>Rh>Ni>Fe>Co > Pt>Pd

Catalysts based on Ru are the most active for CO2 methanation operating at low
temperatures (T< 523 K) [117-119], but their effective implementation is limited by
the high price of Ru. Nevertheless, they can have a narrow niche market as industrial
process if affordable alternatives are available. From the proposed transition metal
materials, Fe is inexpensive compared to Co, but both have lower selectivity to
methane and they are typically used for Fischer-Tropsch process [120]. Fe-based
catalysts require of high pressures to reach similar selectivities than Ni [112]. Ni-based
catalysts are the most widely used at industrial levels [121]. This is because nickel is
an abundant material with a high activity and selectivity in relation to its low cost.
However, the main limitation of catalysts based on Ni are their early deactivation by
sintering [122] or coke deposition [30] because of the high temperatures formed by
the nature of the Sabatier reaction; and by poisoning [123—-125] when the supplied
CO: is derived from carbon feedstocks as for example coal power plant [126].
Therefore, great efforts have been made to develop an effective Ni-based catalyst
which exhibits a high activity, a high thermal stability and a high tolerance to impurities
in CO2 methanation.

The combination of nickel metal with a second active metal material has been a
catalyst design strategy recently explored to improve the catalytic performance of the
Ni-based catalysts. The key parameter determining the intrinsic properties of the
bimetallic catalyst (Ni-X/Al203; X: second active metal) is evidently the ratio between
the two metals. These are separately active for the Sabatier reaction, but at different
ratios can display a synergistic effect. Metals such as Fe, Pt, Pd, Rh, Co and Ru have
been the most active material used together with Ni-based catalysts for CO:
methanation process, as it is listed in Table Al.2.

Bimetallic catalysts based on Ni-Fe as active phase and supported on different metal
oxides were evaluated by Pandey et al. [127]. The maximum enhancement was
achieved when y-Al.O3 was used as the support. They suggested that the competitive
yield in the bimetallic catalysts was due to the formation of Ni—Fe alloy (NizFe), while
the maximum enhancement for the y-Al2Os supported catalysts was due to the ability
of the support to adsorb CO2.The metal sites of the most active y-Al2Os supported Ni—
Fe catalyst were approximately 1.63 times more active than metal sites of the y-Al2Os
supported Ni catalyst.

Mihet et al. [128] investigated the effect of other metals (X=Pt, Pd and Rh) on Ni-X/y-
Al20O3 catalyst. Among the evaluated bimetallic catalysts, Ni-Pt and Ni-Pd are the most
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active ones in the temperature range of 452-541 K. The beneficial effect of Pt or Pd
were ascribed to the different distribution of the active centers for hydrogen
chemisorption. A catalytic enhancement at low temperature was also reported for
bimetallic catalysts based on Ni-Co and supported on ordered mesoporous alumina
(y-Al203-OMA) [129]. The kinetic study demonstrates that the synergistic effect
between the Ni and Co bimetallic active centers was beneficial to reduce the apparent
activation energy by coordinating the activation of H2 and CO:2 process over Ni and
Co active centers.

Ru as second metal on Ni/y-Al2O3 catalysts was recently reported by Chen et al. [130].
The bimetallic Ni-Ru catalyst was more active compared with the monometallic Ni or
Ru catalysts. The optimum reaction temperature was found to be 673 K. This
behaviour was also detected by Zhen et al. [131]. The high catalytic performance over
their bimetallic Ni-Ru/y-Al2O3 catalyst was associated to the segregation phenomenon
of Ru on the catalyst surface.

1.2.2. Catalyst support

Another important factor that must be considered for catalyst design is the mechanical
resistance, morphology and porosity of the support. The selection of a support which
stabilises the resulting Ni nanoparticles is crucial for determining CO2 methanation
catalyst activity and stability. Metal oxides, such as alumina (Al203) [132], cerium oxide
(Ce02) [133-135], silicon dioxide (SiO2) [136] [137], titanium dioxide (TiO2) [138],
zirconium dioxide ZrOz [139-143] , magnesium oxide (MgO) [144], yttrium oxide
(Y203) [145,146], lanthanum oxide (La203) [147] and samarium oxide (Sm20s3) [30];
composite oxides (CeO2-ZrOz [148-151], Y203-ZrO2 [152], Al203-ZrO2 [153], Al20s-
Zr0O2-TiO2-CeO2 [154], MIL-101-Al203 [155], Ce02-Gd203 [156], CaO-Al.0s [157];
ordered porous materials (SBA-15, MCM-41 [158], MSC [159]) ; carbon [160-165]
and zeolites [166—171] are used as material supports for Ni-based catalysts.

Among metal oxide materials, Al203 is commonly used as a support for catalytic
applications [172]. Despite it can be found in a variety of metastable structures
including the v, 1, 6, 6, x, and o phase, gamma-alumina (y-Al203) is the most
competitive support for CO2 methanation catalyst due to its high surface area,
developed pore structure, porosity and well characterized surface acid-base
properties [173]. The main drawback is its tendency to sinter in the presence of water
at high temperatures and their low CO2 absorption [174].

Lanthanide metal oxides are also reported to be promising material supports, specially
cerium oxide (CeOy). This is a well-known light rare earth element, which can be used
as a sintering-resistant support thanks to its potential redox chemistry between Ce®*
and Ce**, high oxygen affinity and absorption/excitation energy bands associated with
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electronic structure [133] [175]. In particular, it enhances Ni dispersion on its surface
and provides surface oxygen vacancies to generate active CO species and promote
CO2 methanation [176]. Tada et al. [133] examined the effects of the support materials
(a-Al203, TiO2, MgO and CeO2) on CO:2 conversion and CHs selectivity. From all
evaluated supports, Ni/CeO2 showed high CO:2 conversion especially at low
temperatures compared to Ni/a-Al203. They suggested that the surface coverage by
COe-derived species on CeO: surface and the partial reduction of CeO: surface could
result in the high CO2 conversion over Ni/CeO2. Regarding Y203, La203, Sm20s3, these
metal oxides presented an enhanced catalytic performance than Ni/y-Al2O3 catalysts
[30]; however, these rare earths are less abundant than cerium and thus more
expensive.

The combination of conventional supports Al2Oz with other metal oxides is a strategy
currently attracting considerable interest since it can be an alternative to design
inexpensive catalysts. CeO2-ZrO2 [148-151], Y203-ZrO2 [152], Al20s-ZrO2 [153],
Al203-ZrO2-TiO2-CeO2 [154], MIL-101-Al20s [155], Ce02-Gd20s [156], CaO-Al:0s
[157] composite oxides supported Ni-based catalysts have been reported to be active
for CO2 methanation. Among them, the quaternary system supports proposed by
Abate et al. [154] showed competitive catalytic performance and stability at high gas
hour spacy velocities. The enhanced catalytic performance and stability of their
composite oxide (55 wt.% 7y-AlO3-15 wt.% ZrO2-15wt.% TiO2-15 wt.% CeOx)
supported Ni-based catalyst was achieved due to the improvements in reducibility
nature of the catalysts.

Zeolites are aluminosilicate molecular sieves that have a great applicability as basic
catalyst and catalyst supports. In CO2 methanation, Ni/zeolite catalysts have been
demonstrated to have proficient catalytic performances [177]. Most works suggested
that a proper selection of the preparation conditions is crucial to improve metallic
dispersion and avoid growth/agglomeration of metal particles on the external surface
of the zeolites [166,167,170,178]. In a recent study, Wei et al. [169] demonstrated that
the selection of precursor can also influence the properties of a nickel modified
catalyst. They observed that nickel citrate combined with a rather low calcination
temperature leads to Ni modified 13X and 5A zeolite catalysts which can be easily
reduced at lower temperature compared to the other Ni 13X and 5A zeolite catalysts
made with acetate and nitrate. From all their catalysts, the 5 wt.% Ni13X-cit zeolite
catalyst prepared with nickel citrate showed high activity and CHs selectivity in the
Sabatier reaction at remarkably low temperatures and the catalyst displayed good
stability.

Carbon materials in form of active carbon (AC) [160] and nanotube (CNTSs) [161-164]

also have been considered as support due to their admirable chemical inertness,
thermal conductivity, large surface area and stability. Feng et al. [161] claimed that
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compared with Al2Os-suppported catalysts, the CNTs- supported catalysts shown an
enhanced catalytic activity. However, they also reported that the catalytic activity of
Ni/CNTs catalyst decreased as the reaction progresses, which was mainly due to the
sintering of nickel particles. In order to improve the stability in their Ni/CNTs catalyst,
they modified the support with the addition of Ce. Similar problems were detected by
Feng et al. [160] on a Ni/AC catalyst. In this case, an improvement of stability was
observed when Ca was added to catalytic system. Most recently, the catalytic activity
of CNT supported Ni and Ni-ZrO: catalysts were evaluated by Romero-Séez et al.
[162]. Between them, Ni-ZrO2/CNT prepared by sequential impregnation showed an
interesting catalytic activity but also stability. This was attributed to the available NiO
nanoparticles, which were deposited either on the surface or next to the ZrO:
nanoparticles, increasing the extent of the Ni—ZrO: interface thus improving the
catalytic performance. Li et al. [163] revealed that oxygen- functionalized carbon
nanotubes (CNTSs) are promising supports for CO2 hydrogenation to methane. They
confirmed that the formation of covalent bonding between the interfacial Ni atom and
C or O elements of surface oxygen groups (SOGSs), causing the electrons to be
transferred from Ni atoms to CNT support because of the intrinsic electronegativity of
—COOH (electronic effect) were the origin of N-CNT interaction. In addition, they
exposed that the addition of Mn to Ni-CNT catalyst was positive in terms of activity.
The Mn promoter enhanced CO: adsorption and conversion. Efficient and selective
CO:2 methanation over N-CNT has been also reported by Wang et al. [164]. The
competitive catalytic performance observed on their Ni-NPs/N-CNT was ascribed to
the high thermal conductivity of the support and the high basic surface character of
the N-doped nanocarrier that fosters the generation of local gradients of CO:
concentrations in proximity of the material active sites.

Materials with ordered structure such as SBA-15, MCM-41[158,179], MSM [159],
MOF-5 [180], 3D-KIT-6 [181] are also potential to manufacture CO2 methanation
catalysts. These material supports are reported to have valuable structural and
textural properties for the dispersion of metal species and the prevention of sintering
processes. In a recent study, Aziz et al. [159] compared conventional Ni/y-Al203
catalyst with other Ni/X catalysts (X=MSM, MCM-41, protonated Y zeolite, SiOz). They
observed that the enhancement of catalytic activity of CO2 methanation followed the
order: Ni/MSN > Ni/MCM-41 > Ni/HY > Ni/SiO2 > Ni/y-Al203. The notable catalytic
performance of the Ni/MSN was attributed to both intra- and inter-particle porosity
which facilitated the transport of reactant and product molecules during the reaction.
Metal-organic frameworks (MOFs) are structures materials with very high surface
areas (>1000 m?.g') and considered as emerged supports for CO2 methanation
catalysts. Zhen et al. [180] investigated Ni@MOF-5 catalyst via controlling active
species dispersion. The promising catalytic activity and stability of their 10Ni@MOF-
5 under low temperature condition was attributed to the high dispersed Ni active sites
(41.8%) over MOF-5 (2961 m?-g'). 3D-mesoporous KIT-6 as support has been
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evaluated by Cao et al. [181]. The formation of highly dispersed nanoparticles for
enhancing catalytic performance was evidenced by transmission electron microscopy
(TEM). They identified that Ni nanoparticles were uniformly scattered into the internal
pores, stimulating the production of small Ni nanoparticles due to the valid
confinement effect of 3D mesopores and intense interaction between active Ni and
KIT-6. Furthermore, the addition of V20s species remarkably enhanced CO:
conversion, and enabled the equilibrium conversion temperature to shift from 723 to
673 K.

Other mesoporous materials such as olivine [182], core shell AI@AI20s [183],
attapulgite (ATPG) [184] and KCC-1[185] have been recently reported as supports.
Wang et al. [182] proved that Ni/Olivine catalysts has a strong resistance to coke
deposition and abrasion, thus this catalytic system could be a promising methanation
catalyst, especially for fluidized bed operation. On the other hand, core shell AI@AI203
has been found to provide high density of medium basic sites and enhanced CO:
adsorption capacity [183]. Regarding ATPG, this is an industrial mineral material with
a layered chain transition structure and is rich in magnesium silicate, which contains
abundant alkaline sites to absorb acid CO2 during methanation reaction. However,
Liang et al. [184] demonstrated that the increase of nickel loading to attapulgite
significantly decreased the abundance of alkaline sites, remarkably enhanced the
catalytic activity, and suppressed the formation of CO. As an alternative to
conventional mesoporous silica materials, fibrous silica hanosphere support (KCC-1)
with unique dendrimeric mesopore structure has been recently proposed by Lv et al.
[185]. They demonstrated that the dendrimeric mesoporous channels of the fibrous
KCC-1 support was in favour of the improvement of the Ni dispersion by providing
large accessible surface area for the Ni species. The promising 20Ni/KCC-1 catalyst
shown much higher catalytic activity and better sintering-proof property of the metallic
Ni nanoparticles than the 20Ni/SiO2 and 20Ni/MCM-41 reference catalysts.

A summary of the supported Ni-based catalysts implemented to carry out the CO:2
methanation process is shown in Table A1.3. According to this information, a
comparison of the productivity for all the reported support material was performed.
Figure 1.15 suggests that the productivity trend as a function of GHSV and CO:
conversion follows the order: KIT-6 > AI@AI203> CNTs > TiO2> Y203> Ce02-ZrOz >
MSN > ZrO2> GDC > MCM-41 > Zeolite > Y203-ZrO2 > Al203 > Ca02-Al203 > La>03 >
Al203-ZrO2 > CeO2 > Al203-ZrO2-TiO2-CeO2 > SiO2 > Attapulguite > Olivine > MOF-5
> KCC-1 > MIL101-Alz03. The notable productivity of the KIT-6 can be probably
attributed to its large pores with channel interconnection, leading to an enhance Ni
dispersion. However, one of the main disadvantages of KIT-6 is its high-cost
syntheses. KIT-6 materials are achieved typically using expensive Si sources (e.qg.
TEOS) under strongly acid solution. Therefore, a supported catalyst for CO:2
methanation with efficient productivity and low-cost is still a demand.
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Figure 1.15. Comparison of productivity of the different support material used in Ni catalyst
showing the relationship between GHSV [h] and CO2 conversion [%)]. Productivity [h™]=Xcoz
[%]*GHSV [h1]*ScrHa[%]. Note: GHSVs were calculated assuming for all samples a pca=1g-mL-
1, Productivity of ZrO- is overlapped with MCM-41; C-A: CaO-Al-Os; and, C15: Al203-ZrO>-TiO»-
CeOa.

1.2.3. Promoter

Catalytic performance of the conventional Ni-based catalysts can be enhanced by the
addition of so-called promoters. These are elements or compounds incorporated in
small amount in the catalyst composition in order to improve the physicochemical
properties of catalysts. Promoters are usually classified as two types: i) physical
promoters that help in stabilizing the surface area of the composite material or that
increase its mechanical resistance, and ii) chemical promoters that modify the activity
and selectivity of the active phase. A summary of promoted Ni/y-Al20O3 catalysts for
CO:2 methanation process is shown in Table Al.4.

In addition to its uses as a bulk support material, CeO2 has been explored as a
promoter [186-188]. Most of the studies claimed that the 2-2.5 wt.% CeO2 to Ni/y-
Al203 catalyst led to a remarkable improvement of the initial activity and stability. This
can be attributed to the fact that the CeO: increased the surface area of the catalyst
by means of the reduction the nickel particles [188]. La2Os is another metal oxide that
act as a promoter. Its addition also strongly increases the activity of Ni/y-Al20z as a
result of the strong metal support interaction and basicity [189,190]. Besides La and
Ce, alternative lanthanide promoters (Pr, Eu and Gd) were evaluated by Ahmad et al.
[191]. From all promoted catalysts, the Ni/y-Al2Os promoted by praseodymium
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exhibited the best catalytic performance. A higher metal dispersion and smaller
average particle size were the positive effects caused by addition of Pr.

The effects of Mn addition on Ni/y-Al203 catalyst has been evaluated by Zhao et al.
[192]. The main contribution detected by using a 1.7 wt.% of this promoter were
described as follows: the addition of Mn ii) created high medium-strength basic sites,
i) improved the catalyst reducibility and iii) the Ni active sites dispersion. A similar
result was recently reported for another 3 wt.% Mn-promoted Ni/y-Al2O3 catalyst [193].
The enhanced catalytic performed was also observed on Ca doped ordered
mesoporous Ni-Al composite oxide catalysts. Xu et al. [194] revealed that the addition
of the Ca greatly enhanced the surface basicity, which could favour the chemisorption
and activation of COz2. In a recently study by Isah et al. [195], Zeolite was found to
enhance the activity and coking resistant of Ni/y-Al20O3 catalyst. The addition of 2 wt.%
of zeolite to Ni/y-Al203 increased the specific surface area of the catalyst while
sustaining similar Ni metal surface area to the non-promoted one.

1.2.4. Preparation method

Highly active and stable catalytic systems with effective physical and chemical
properties can be prepared by using an appropriate method. Various innovative
preparation methods, beyond the traditional impregnation method, have been
developed for the synthesis of nanoparticles with controllable nanoscale sizes and
shapes. These methods allow to reach performance optimization by controlling
synthetic procedures and conditions. Figure 1.16 shows an overview of the
preparation methods used to synthetize CO2 methanation catalysts.

Incipient
Weiness ,Wet,
Co-and
Sequential
A i Impr Hl, positi
evaporation Precipitation

Solution

Electrochemical combustion

Preparation Method
Hydrathermal Colloldal

Evaporation
induced self- Sol-gel
assembly

Dielectric
barrier
discharge
plasma

Hard and self-
sacrificial
Template

Figure 1.16. An overview of the preparation methods used to synthetize CO2 methanation
catalysts.
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Among the methods listed in Figure 1.16, the impregnation method is the simplest
and used more frequently to synthetize Ni-based catalysts. This term denotes a
procedure whereby a certain volume of solution containing the precursor of the active
element of the catalyst is contacted with the solid support. According to the relation
between volume of the solution and the pore volume of the support, the impregnation
method can be classified as follows: i) incipient wetness impregnation (IWI) and ii) wet
impregnation (WI). In the first case, the volume of the solution either equal or is less
than the pore volume of the support, while in the second one an excess of the solution
is always used. In addition to these impregnation methods, co- and sequential are
particularly used for the impregnation of multiple metals. As it can be seen in Table
ALl.5, high catalytic performance, stability, metal-support interface and basicity in the
Ni-based catalysts were achieved when the impregnation methods wet, co- and
sequential were used [162,196,197][198]. The IWI method is recommended to apply
high loading of precursors. However, special attention should be paid in the
concentration of the metal salts. For Ni-based catalyst, an increase in solution
concentration can result in a lower solution pH which influences the dissolution of the
support.

Ni-based catalysts with small metal nanoparticles (dp<10 nm) and high metal
dispersion (Ni dispersion<39.5%) have been obtained using methods, such as
deposition-precipitation [199], solution combustion synthesis [143], dielectric barrier
discharge (DBD) plasma [138], evaporation-induced self-assembly process (EISA)
[200], colloidal and Sol-gel [201]. This latter methods together with hydrothermal [178]
also are the most promising to synthetize heterogeneous catalysts with an accurate
particle size control and complete mesopore structure. Regarding template methods,
a high resistance to carbon deposition was found in the catalysts prepared by self-
sacrificial [202], while a high metal-support interaction was identified in the catalysts
prepared by hard-template [203]. On the other hand, electrochemical [204] and
ammonia evaporation [205] are two methods able to enhance the textural properties,
specially BET surface area. Despite the great efforts have been made to synthetize
heterogeneous catalysts with accurate nanoparticle size control and complete
mesoporous structure, their final shape limits their industrial application.

1.2.5. Shape and size

Most of the promising CO: methanation catalysts developed through the
aforementioned methods lead to powder catalysts, with particle size lower than 200
pum, as it can be seen in Table A1.5. At industrial levels, powder catalysts are not
technical feasible to be used in the conventional fixed-bed reactors because their
small particle sizes promote the pressure drop across the catalyst bed. To avoid high
pressure drop, the use of relatively large particles (1-3 mm) can be required. The
extrusion moulding of the powder catalysts in a pellet shape is an alternative to
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advance their use in this type of reactor. Indeed, commercial methanation catalysts
are currently manufactured in spherical (3-6 mm) [206], cylindrical (5.4x3.6 mm) [207]
and ring (5x2.5 mm) [208] shapes, as it can be observed in Figure 1.17.

Spherical Cylindrical Ring

Figure 1.17. Commercial catalysts with different shapes for CO2 methanation.

Microreactors for CO2 methanation process have recently received a great deal of
attention because of increased heat removal at moderate pressure drop. Micro- and
milli-fixed bed reactors are the design in which small catalyst particles (e.g. 300-1000
um [209]) can be loaded into the packed bed. The proposed commercial catalysts
evidently should be first crushed and then sieved to be implemented. Therefore, the
design of active micro-sized catalysts with appropriate shape is required to intensify
CO:2 methanation process in these advanced reactors.

Solutions based on the use of monolith [210-214] as catalyst support have also been
considered in the literature, together with other shapes such as foam [215,216],
sponge [217], spiral plate [218], ceramic fiber [219] and tubular [213]. These are also
known as structured catalysts in where a layer of catalytic material (<1mm) is
deposited on the 3D-shape support through a washcoating method. Most recently, 3D
printing process using 3D-Fiber Deposition (3DFD) method was reported for the
manufacture of 3D-shape supports [220]. This technique is based on continuous
extrusion (layer-by-layer construction) of a ceramic or metallic support structure.

1.3. P2G experiences: Process strategies at lab, pilot and demo plant.

There are many research and demonstration projects devote to spread the P2G
technology around Europe [221]. In Power-to-Methane applications, lab, pilot, and
demo plant in different sites have been designed to evaluate their technical feasibility.
A detailed review of the description about 40 relevant projects in where SNG is
produced by thermocatalytic methanation and biological methanation was reported by
Bailera et al. [222]. Between 2009 and 2017, fixed-bed reactors operated under
adiabatic, isothermal and polytropic conditions were the designs widely used to carry
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out the CO2 methanation process. Nevertheless, novel reactor design and process
strategies have been recently proposed as part of the SNG process intensification.
The most relevant projects are presented as follows:

e STORE&GO

The Horizon 2020 project STORE&GO [223] evaluated the technological, economic,
social and legal integration of P2G as a storage modality for flexible sustainable
energy systems in three different European countries. A first demo plant (700 kW)
was located in Falkenhagen (Germany). The methanation process is based on a
honeycomb reactor concept developed at the Engler-Bunte-Institut of the Karlsruhe
Institute of Technology (KIT). The plant currently produces up to 1,400 m? of SNG per
day. A second demo plant was located in Solothurn (Switzerland). It employs a special
methanation method. Microorganisms, the so-called Archaea, convert the hydrogen
obtained in the electrolyser with carbon dioxide into methane. The third demo plant
(200 kW) was built in Troia (Italy), and shown that direct air capture of CO2 can also
represent a technical option. The plant combines a microreactor for methanation with
an innovative liquefaction plant.

e JUPITER 1000

The Jupiter 1000 project [224] was the first industrial demonstrator of Power-to-Gas
in France to recover surplus electricity from renewable sources and recycle CO2 The
demo plant with a power rating of 1IMWe was equipped with two electrolizers and a
methantion process with carbon capture for hydrogen (200 m3-ht) and SNG (25 m*-h
1) production, respectively. Alkaline and PEM electrolyzers were developed by McPhy,
while the METHAMOD methanation reactor developed in the LACRE laboratory
(ATMOSTAT and CEA joint laboratory) was the key element of the methanation
system. A total of 10 reactors were needed for SNG production. More than 15 TWh of
gas per year could well be produced using the Power-to-Gas system by 2050.

e HELMETH

The HELMETH project [225] evidenced the technical feasibility of combining a
pressurized high-temperature steam electrolysis with a CO2 methanation module in
stand-alone and thermally integrated operation. The SOEC system is made of 3
sunfire stacks, each containing 30 electrolyte supported cells (ESC) with an active
area of 127.8 cm? per cell. The methanation module was composed by two fixed-bed
reactors connected in series with a water condensation and separation stage in
between and an overall of five additional heat exchangers (HEX) to pre-heating inlet
gases and for control cooling system of the reactors. The pressurized SOEC system
showed steam conversions up to 90% and operating pressures of max. 15. The SNG
production (over 97 vol% CH4) was achieved using relatively low inlet temperature
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(Tinet<523 K) and high pressures (P=30 atm). Overall efficiency based on stand-alone
tests was 76% with a potential increase to 80% in industrial scale.

e Small-scale demonstrator (SSDS) pilot plant

The Laboratory for Materials in Renewable Energy (LMER) designed, built and
evaluated at lab scale a fixed-bed reactor to be used a part of the small-scale
demonstrator of renewable energy to synthetic hydrocarbon conversion of EPFL
Valais/Wallis [226]. The one-stage methanation process was designed to convert 50
g-h? of hydrogen, which corresponds to a production of 100 g-h* of methane. The
reactor was designed to operate at temperatures up to 673 K and pressures up to 10
atm with a structural safety factor of 4. The total power of the reactor amounts to
around 2 kW, split into 1.54 kW contained in the produced methane and 0.44 kW
supplied in the form of heat. At target flow rate of 50 g-h! Hz, CO2 conversion of 97%
was reached using a temperature set point of 553 K.

e P2G movable modular plant

The ENEA Casaccia Research Center built and put in operation a pilot scale
experimental facility dedicated to study and test the methanation process (0.2-1
Nm3-h?t of produced SNG) [227]. The small-size pilot plant was equipped with a
methanation unit constituted by a multi-tubular fixed bed reactor able to work in cooled
or adiabatic conditions. The catalyst bed diameter was about 15 mm while the
maximum length can reach 400 mm. The methanation facility can operate in the range
of 1-5 atm. The optimal reactor operating parameters to achieve high conversions
(94%) were found at Tinet= 563 K and pressure of 5 atm.

e COSYMA (COntainer-based SYstem for MethAnation)

The Swiss Competence Center for Energy Research SCCER BIOSWEET, with
financial support Swiss Innovation Agency Innosuisse, built a COSYMA set-up at pilot-
scale to demonstrate the feasibility of the catalytic direct methanation of biogas in a
fluidised bed reactor [228]. The pilot-scale COSYMA set-up was evaluated using real
biogas from the plant of energie360° in Zurich at Werdhdlzli. During the long-duration
experiment (1100 h), it was achieved an average yield of 96% and average bulk
concentrations of 88 vol% CHa, 11 vol% Hz and 1 vol% CO: in the product gas, which
was close to equilibrium. A slow deactivation process was monitored and found to be
only moderate. Organic sulphur compounds were identified as the main source of
deactivation.

e InnoEnergy - CO,-SNG

The CO2-SNG project [229] proved the feasibility of Synthetic natural gas (SNG) by
using CO2 from amine scrubbing with Hz obtained from water electrolysis . TAURON
Wytwarzanie S.A was responsible for building and testing the CO2-SNG pilot plant at
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the taziska power plant in Poland. A two-stage process was designed for the
production of 4.5 Nm3-h! of SNG. The methanation unit was equipped with two
microchannel reactors and their cooling circuits, a gas pressure and flow controllers
of gases. The microstructured reactors were developed by CEA and delivered by
ATMOSTAT. The maximum CO:2 conversion achieved during the experimental
campaign was of 98% (at process parameters: inlet gas mass flow rate =10 kg-h,
pressure 3.0 atm, | inlet reactor temperature: 573 K, Il inlet reactor temperature: 623
K). The produced SNG consisted of about 82% of methane, 13% of hydrogen and
5%.

e Naturgy - CoSin

The CoSin project [230] demonstrated the technical economic viability of SNG
production at a sewage treatment plant in Barcelona, Spain. Cetaqua and Labaqua
were the responsible for the membrane biogas unit, IREC and Naturgy for the
methanation unit and catalyst development. As it can be seen in Figure 1.18, three
renewable carbon dioxide sources, such as biogas, partially upgraded biogas and
carbon dioxide released by a membrane upgrading unit were combined with
renewable hydrogen produced from an alkaline electrolysis (37 kWhe) of tap water to
produce SNG using an innovative microstructured heat-exchange reactor. The
methanation process consisted of a 2-step synthesis unit, including gas pre-heating,
catalytic reaction and water condensation. The microstructured reactor technology
was designed at KIT and delivered by the KIT spin-off INERATEC. The plant start-up
was first performed using an industrial nickel-based catalyst, while new formulations
were planned for next experimentation steps. The quality of the produced synthetic
natural gas met the injection requirements of the gas grid (CH4>95%, H><5% and
CO02=22.5%). The first reactor acts as the kinetic reactor, where most CO2 conversion
occurs (T=673 K). The second reactor acts as the equilibrium reactor (T=573 K) in
which injectable gas quality was ensured. The use of biogas or partially upgraded
biogas reduced the reaction hot-spots and increased the methane content at the outlet
of the first reactor. An optimum balance of gas grid injection requirements and costs
was found at 5 atm of methanation process pressure.
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Figure 1.18. Scheme of CoSin pilot plant. Reproduced from Guilera et al. [230].

1.4. Challenges

Power-to-Gas (P2G) seems an attractive chemical energy storage technology for the
transition to a sustainable low-carbon future energy system. The concept involves
renewable power conversion to hydrogen through electrolysis with the possibility of
further combining it with CO2 to produce methane (synthetic natural gas, SNG). The
production of methane via the thermochemical CO2 methanation process is
particularly interesting because offers an easily transportable fuel with a wide proven
market for power, heat and mobility final use applications. Although Power-to-Gas is
a pre-commercial technology, the high cost and low efficiency of the CO2 methanation
technology available in the market limit its large application at an industrial scale. In
the last decade, novel heterogeneous catalytic systems, advanced reactor designs
and several industrial process strategies have been explored in order to propose a
scalable and cost-efficient CO2 methanation technology.

According to the state-of-art hereby presented, Ni-based catalysts are preferred to be
developed at industrial levels because of their excellent catalytic performance, easy
availability, and low price. Nevertheless, conventional Ni/y-Al203 catalysts often suffer
the problem of poor stability from carbon deposition, sintering, and chemical
poisoning. Therefore, the biggest challenge for CO2. methanation over Ni-based
catalysts is their poor stability. In this regard, strategy such as the addition of a second
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active metal, the implementation of other metal oxides or mesoporous materials with
controllable pore sizes, the addition of a promoter material to modify conventional y-
Al203 support, and different preparation methods have been investigated.

Ni-based catalyst combined with a second active metal material (Ru, Ph, Pt, Fe, Co)
or simply supported on other metal oxides (specially from lanthanides group) present
enhanced CO2 methanation performances and stabilities compared to conventional
Ni/y-Al2O3 catalysts. However, the interest in these materials from an industrial point
of view is limited due to their high costs. Lanthanides are rare earth elements (REES)
less abundant, and thus more expensive. The addition of these lanthanide metal
oxides as a promoter provides a most promising alternative to design stable and cost-
effective Ni-based catalysts for CO2 methanation from the perspective of improving
the basicity, dispersion, and reducibility. The current catalyst design strategy consists
in using of low amounts of promoter phase (<5 wt.%) and constant amount of the
active phase content, which may lead to an ineffective catalyst formulation and,
therefore, reduced performance with time. Therefore, efforts should be put in the
exploration of new catalyst design strategies in where optimum formulations can be
found to achieve competitive SNG production. The use of high promoter content as
well as the simultaneous optimization of the main component of the catalytic system
can be two novel design strategies to enhance performance and overcome
deactivation problems of Ni-based catalysts.

Furthermore, it was demonstrated that the preservation and improvement of the metal
activity can be achieved by selecting appropriate preparation methods as they
influence the nature of the catalysts (such as particle size, metal dispersion, BET
surface area, etc.). However, despite of the fact that some innovative preparation
methods have been proposed, the synthesis scalability is still a challenge. The
incipient wetness impregnation method (IWI), is usually implemented to synthesize
catalysts on a large scale, but the prepared catalysts often exhibit weak metal support
interactions with a low metal dispersion, especially when a high metal content is used.
Wet impregnation (WI) is an alternative method for dealing with this problem.
However, challenges arise when excessive amount of solution is used. Therefore, an
appropriate catalyst preparation procedure is required to guarantee a homogeneous
impregnation by the WI method.

Another key factor for the large scale of CO2 methanation catalysts is their final size
and shape. Internal mass transfer imitations are directly influenced by the size particle.
Catalyst with an optimum size particle should be designed to minimize pore diffusion
effects (small size particles) and pressure drop across the reactor (large size
particles). At present, most of the reported catalysts are powder material that can be
only used in the microreactor technology available in the market. These active small
particles (<200 um) can be deposited on the microstructure surface by a washcoating
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method. However, challenges arise when maintenance catalyst exchange tasks are
required. The feasibility of structuring powder catalyst by coating powder catalyst over
structured 3D-shape supports (such as monoliths, foam, sponge, ceramic-fiber paper,
spiral plate, etc.), and using extrusion molding and 3D-printing process have been
recently evaluated. The major problem in these structured catalysts is also related
with the coating of the catalyst layer on the structured support. Depending on the 3D-
support materials, pre- and post-treatments are mandatory to guarantee a good
catalyst deposition. Therefore, active micro-sized catalysts with an appropriate shape
and easy replacement procedure should be explored to intensify the process in these
advanced compact reactor type.

Besides of stable CO2 methanation catalysts with high catalytic performances at
moderate temperature reaction conditions (T=523-623 K), CO2 methanation reactor
should be able to control the formation of the unpredictable high temperatures. An
inefficient heat-management may result in damaging of the catalyst and the reactor
itself, or in the initiation of undesired parallel or consecutive reactions. Several reactor
configurations have been proposed to carry out the CO2 methanation process,
including Fixed-bed reactor under adiabatic (AFIXBR) or polytropic operation
(multitubular fixed-bed reactor (MFIXBR)), fluidized bed reactor (FBR), three-phase
reactor operation (TPR) and microreactor (MR). Among them, MFIXBR is the
commonly used design at industrial level due to its simple and lost cost. However, this
reactor concept presents limitations associated to its low heat and mass transfer,
leading a poor efficient process. The reactor design optimization, especially reactor
dimensions can be key parameters to be considered to eliminate or reduce transport
phenomena in the reaction system. Since microreactors are designs with low heat
and mass transfer limitations due to their high surface-to-volume ratio and a short
distance to the wall, conventional fixed-bed reactors can be adapted as micro- and
milli-fixed bed reactors. These simple reactor designs lead to an alternative low-cost
reactor type with potential utilization in decentralized P2G applications.

In P2G application, the industrial process strategies proposal to achieve the
equilibrium conversion can be classified as follows: i) a multi(=two)-stage process
using adiabatic fixed-bed reactors with temperatures up to 973 K, ii) a two-stage
process using multitubular fixed-bed and microstructured reactors with temperatures
up to 823 K, and iii) a one-stage process using isothermal fluidised, multitubular fixed-
bed and microstructured reactors. The first and second option are typically applied for
large-size CO:2 methanation applications, while the third is used for small-size.
Furthermore, during the last decade, several mathematical models have been
developed in order to understand the role of the design parameters and operational
conditions. New reactor designs with novel heat-management approaches and simple
processes shall advance to push the CO2 methanation technology, together with the
catalyst design.
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1.5. Scope of this research

This thesis is focused on the catalyst and reactor design for SNG production through
the CO2 methanation process. The main objectives of this thesis are:

i. Design a high-performance catalyst based on metal oxide promoted Ni/y-
A0z and determine its reaction mechanism.
ii. Evaluate the catalyst stability and sulfur tolerance for their implementation in
a relevant industrial environment.
iii. Develop a CFD model based on experimental kinetic data to understand the
role of the operation conditions and propose a hovel reactor configuration.

In line with these objectives, this thesis is organized as compilation of research articles
as follows.

> Chapter 2 shows the catalyst design strategy applied to develop an active-
stable ternary catalytic system for CO2 methanation process. The evaluation
of a series of metal-oxide as the promoter phase (X) of the designed ternary
catalytic system (Ni-X/Al2O3 catalyst) is presented. Moreover, an optimum
global formulation (micro-sized catalyst composed by 25 wt.% Ni-20 wt.%
Ce02-55 wt.% y-Al203) is proposed.

> Chapter 3 presents catalytic performance evaluation and long-term stability
of the optimized micro-sized catalyst under the industrial adverse condition.
The presence of impurities derived from carbon sources as biogas is
evaluated. In addition, the scale-up of the active micro-sized catalyst and its
industrial implementation in combination with an advanced microreactor for
the SNG process intensification is also presented.

» Chapter 4 describes a CFD mathematical model coupled with kinetic
experiments to simulate CO2 methanation process and optimize over Ni-
Ce02-Al203 catalyst a multitubular reactor design for the SNG production at
industrial scale. Furthermore, modelling, simulation and experimental
validation of a novel reactor design with a heat management approach based
on free convention for the small-scale SNG production is proposed.

The most relevant conclusions, outlook and recommendations of this work are
summarized in Chapter 5. Besides, two Appendixes are added at the end of the
thesis to disclose experimental data, procedures and results, not included in the main
text, and to deepen on the state-of-the-art of the technology. Appendix 1 presents
five tables, in which the state-of-the-art of the proposed kinetics models, and catalysts
for CO2 methanation is presented. Appendix 2 includes the supporting information of
the published articles.
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This chapter is devoted to the design of a high-performance heterogeneous catalyst
for SNG production through CO2 methanation reaction. The proposed catalyst
formulation is based on a nickel (Ni) and alumina (y-Al203) as cost-effective metal-
active phase and support, respectively.

Commercial y-Al203 microspheres with particle diameters between 450 and 500 ym
were selected as the mesoporous support material (d,=10 nm). The support
presented a high surface area and relatively low cost. As part of catalyst development,
their spherical shape and microscopic dimensions were considered in order to obtain
a catalyst design able to work in the novel microreactor technologies that currently
are available in the market.

Nickel (Ni) was selected as the metal-active phase of the catalytic system due to its
excellent activity/cost ratio. Ni supported on y-Al20z catalysts are feasible in order to
achieve high catalytic activity. Nevertheless, the presence of impurities in the feed
gases and the formation of high temperatures originated by the exothermic nature of
the Sabatier reaction can lead to its deactivation by poisoning, fouling (carbon
deposition) or thermal degradation of the metal particles. The modification of y-Al20s
support by adding promoters is a common strategy design applied to enhance both
the catalytic and stability.

Various promoter materials have been recently evaluated in the literature, as it was
described in Chapter 1 section 1.2.3. In the present case, the design strategy was to
use a high amount of promoter material (=15 wt.%) in comparison with the reported
amounts (5 wt.%). The high promoter content into the Ni/y-Al2O3 microspheres can
provide a highly active-stable catalyst design for the CO2 methanation process.

The target of this chapter is to obtain the optimal catalyst formulation. In this direction,
two articles are included, which are focused on:

e The evaluation of different metal-oxides in order to identify the most active
promoter material.
e The optimization of the composition for the selected ternary catalytic system.

2.1. Metal-oxide promoted Ni/Al,O3 as micro-size catalysts

In the first article included in this chapter, the final goal was to identify the most active
promoter material. With this aim, the influence of using various metal oxides at high
loading level as promoters on Ni/y-Al2O3 micro-spheres catalysts were evaluated. A
total of five metal oxides were selected as promoters, including four lanthanides
(CeOz, La203, Sm203, Y203) and one transition metal (ZrO2). These materials were
selected according to their positive catalytic properties reported in the literature when
they were used as bulk support catalysts. The series of metal oxide promoted Ni/y-
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Al203 micro-spheres catalysts were synthetized through the wet impregnation (WI).
They were named Ni-X in where X is the promoter component (X=CeOz2, Laz20s,
Sm203, Y203 and ZrOz). The content for Ni-active phase was set at 25 wt.% and that
of promoter at 15 wt.%.

Catalytic screening tests were conducted at different temperatures to explore the
promoting effect of the selected materials. Then, the catalytic stability of the most
promising catalysts was evaluated, without, and under the presence of HzS traces
(0.04 ppm) for 170 h. The selected reaction conditions were representative of an
industrial technically clean biogas case. Relatively low H2S traces were considered
according to the minimum detention limit of the commercial gas analyzers. As it can
be observed in Figure 2.1, the strategy of the promoter addition led to evident catalytic
benefits. The catalytic performance for the evaluated catalysts follows the order of Ni-
La203 > Ni-CeO2 > Ni-Sm203 > Ni-Y203 > Ni-ZrOz > Ni > commercial reference. Ni-
La203 and Ni-CeO: were selected as the two most promising promoted catalysts and
their catalytic stabilities were further evaluated.

100 »— Ni
—<«—Ni-CeO,

80 - —— Ni—L320

—v—Ni-Sm_0,
—a—Ni-Y,0,
—e—Ni-ZrO,
—=— Meth 134

T L T ) T L) T
200 250 300 350
Temperature (°C)

Figure 2.1. Effect of the promoter on CO:z conversion at 5 bar-g and using different
temperatures.

The long-term experiments shown in Figure 2.2 were carried out in order to evaluate
during 24 h the stability of the catalysts without the presence of impurities, and then,
a gas feed with 0.4 ppm of H2S was introduced to the reactant mixture during 146 h.
Ni-La203 (Xc02=95%) and Ni-CeO2 (Xco2=89%) again achieved the highest initial
catalytic activity and both catalysts were stable during the whole experiment. In
contrast, a slight reduction of activity was detected over the non-promoted Ni catalyst
(Xco2=74%).
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Figure 2.2. Catalytic performance along time. Closed symbols: H2S concentration of 50 ppb.
Open symbol: H2S-free. Reaction conditions: T=300 °C, H2:CO2 molar ratio=4, P=5 bar -9, and
GHSV=40,000 mL-g*-h™2,

According to the catalyst characterization results, the deactivation of the non-
promoted catalysts was due to the Ni particles sintering. On the other hand, the high
catalytic performance and stability achieved in the two promoted catalysts was
attributed to physicochemical properties. The addition of La2Oz and CeO2 on Nily-
AlzO3 lead to a high nickel reducibility (84-91% at 500 °C), high dispersion (2.3%),
high surface area (15 m?-gnit) and intermediate heat of CO2 adsorption (-168-128
kJ-mol?). Therefore, the strategy of adding a promoter was clearly beneficial in terms
of both initial activity and stability.

2.2. Optimization of nickel and ceria catalyst content

In the previous section, it was evidenced that La2O3 and CeO:2 are two promising
metal-oxide promoters. Both metal-oxides were able to improve catalytic activity and
prevent the deactivation of the non-promoted Ni/y-Al203z micro-spheres catalyst.
These two lanthanide metal oxides are light rare-earth elements (LRRES) and their
implementation as a promoter material, instead of a bulk support material, is from an
economical point of view an attractive way to manufacture CO2 methanation catalysts
at industrial levels. Form the two LRREs, CeO: was selected as most cost-effective
promoter material than La2Os. This is the 26th most abundant element in the Earth's
crust, and thus more economically affordable.
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In the second work, the aim was to find an optimum Ni-CeO2/y-Al203 formulation by
the simultaneous optimization of the main components of ternary catalytic system.
Generally, the influence of CeO2 addition as promoter has been studied using a fixed
amount of Ni (£20 wt.%). However, the simultaneous optimization of Ni, CeOz and y-
Alz203 content is proposed to design a catalyst with optimum catalytic,
physicochemical and mechanical properties.

In this context, a series of Ni-CeO2-Al203 catalysts were synthetized through the wet
impregnation method. The content of Ni and CeO: was varied simultaneously in a
range from O to 30 wt.%, while the content of y-Al2Oz was in the range of 40-100 wt.%.
The innovative systematic experimental design led to the preparation of eight samples
with different composition and their catalytic performance evaluation was conducted
by a screening test. The catalytic trend at 300 °C displayed in Figure 2.3, revealed
that the maximum region of catalytic activity can be found around of 22-28 wt.% for
Ni and 12-25 wt.% for CeOs.. In addition, material characterization suggested that a
compromise between Ni, CeO2, and y-Alz0s content was favourable to obtain a
suitable catalyst for the CO2 methanation.

30

25

20 +

15

CeOy (Wt %)

0 5 10 15 20 925 30
Ni (wt. %)

Figure 2.3. CO2 Conversion (%) trend of the tested Ni-CeO: catalysts at 300 °C.

According to CO chemisorption analysis, Ni as active phase was detected to provide
metallic surface. On the other hand, CeO2 as promoter improves both the reducibility
of Ni and the amount of CO2 adsorbed on the catalyst, as it was confirmed by H2-TPR
and microcalorimetric analysis. Finally, y-Al2Os as support was favourable in terms of
surface area and pore volume, and thus availability of proper Ni dispersion. Taking
into consideration these findings, an optimum catalyst composed by 25 wt.% Ni, 20
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wt.% CeO2 and 55 wt.% y-Al203 was synthetized and its catalytic performance was
evaluated.

The catalytic test confirmed the highest catalytic performance predicted from the
mathematical surface area response. In this direction, the 25Ni-20CeO: catalyst
exhibited the highest catalytic activity (Xco2=67.94% with Scia=100%) compared to
rest of studied catalysts, thus the simultaneous optimization procedure was found to
be useful. Their competitive catalytic performance was attributed to the synergistic
effects achieved when the content of all species was optimized. Further experiments
over the optimized Ni-CeO2 were then performed in order to evaluate its catalytic
stability.

The lifetime testing conducted for 120 h over the optimized Ni-CeO: catalyst claimed
its high stability Figure 2.4. Compared to a commercial reference, METH®134
(Xco2=64%), the 25Ni-20CeO: catalyst achieved higher conversion rates (Xco2=91%)
and was stable during the whole test.

1m—_—
80
60
<
><§ 40-
204 P 25Ni-200902
METH®134
-------- Equilibrium
0 T T T T T T T T T T T
0 20 40 60 80 100 120

Time (h)

Figure 2.4. Lifetime testing comparison of 25Ni-20CeO2 and METH®134 catalysts. Reaction
conditions: T=300 °C, P=5 bar.g; GHSV=36,000h"%, mca=0.3g, pca.=0.9g-mL™, and
H2:CO2 molar ratio=4.
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ARTICLE INFO ABSTRACT

Keywords: The Power-to-Gas concept has the challenge to convert the excess of renewable electricity to synthetic natural

Carbon dioxide gas, composed mainly by methane, through CO, methanation. The superior heat transfer capacity of micro-

Pf’“‘ﬂ-lﬂ-GﬂS structured reactors offers a suitable alternative for an efficient control of the reaction temperature. In the present

Biogas work, the strategy of adding large amount of metal oxide promoters (15 wt.%) to nickel supported on micro-size

2’.‘.::;65-?( natural gas catalysts (d, = 400-500 um) is presented. The addition of CeO,, Lay03, Sm,03, Y03 and ZrO, was clearly
b 1

as the corr metal-oxide promoted catalysts exhibited higher catalytic performance than Ni/
Al,0; and the commercial reference Meth” 134 (T = 200-300 °C, P = 5bar-g). This increase of catalytic activity
is attributed to the higher amount of CO, adsorbed on the catalyst. Among the selected promoters, La,0, showed
the highest catalytic activity (X¢o2= +20% at 300 °C) due to the enhancement of nickel reducibility, nickel
dispersion and the presence of moderate basic sites. In addition, Ni-La,03/Al,0; was stable for one week, while
the unpromoted catalyst exhibited a slight decline in its activity. Accordingly, the technical catalyst proposed in
this study could be used directly in compact reactors for CO, methanation with much higher activity than the

commercial reference.

1. Introduction

Pumped hydro storage is nowadays the leading electricity grid
storage technology, reaching 119 TWh in 2017 [1]. However, the po-
tential of water pumping technology to store the energy produced by
wind and solar photovoltaic power plants is limited because these fa-
cilities can only be installed in areas with a very specific topography
[2]. An illustrative example is Denmark, which has currently the largest
share of electricity delivered from fluctuating wind power (50.5% in
2017) [3]. However, the potential of Denmark of storing such energy by
pumped hydro storage installations is negligible due to extremely flat
topographic characteristics. In contrast, Spain and Germany have the
largest number of pumped hydro storage plants. Nevertheless, they still
have problems through because of high penetration of wind energy to
the grid in some regions, e.g. in the wind state of Saxony-Anhalt (62%
in 2014) [4]. With respect to Spain, wind farms have been punctually
disconnected overnight due to low demand since 2008 [5]. These ex-
amples reveal that massive electricity storage will be a critical issue for
further penetration of renewable power on the road to meet national
targets.

* Corresponding author.
E-mail address: jguilera@irec.cat (J. Guilera).

https://doi.org/10.1016/j.jcou.2019.01.003

In this context, Power-to-Gas strategy aims to interconnect the
power grid with the gas grid by converting power excesses to a gas
compatible with the current infrastructure. Power-to-Gas as massive
storage technology can increase the share of renewable sources supply.
The most mature technology is based on a two-step process, hydrogen
production through water splitting and conversion of the electrolytic
hydrogen with carbon dioxide by means of catalytic methanation [6,7].
The gas obtained is methane, with some remaining hydrogen and
carbon dioxide, which is referred to as synthetic/substitute natural gas
(SNG). The potential of storing electricity by means of the current gas
infrastructure is 3600 TW h, 30-times higher than that from water
pumping [8].

The conversion of carbon dioxide with hydrogen is a well-known
exothermic reaction, which is typically carried out at moderate tem-
peratures (250-350°C) and pressures (5-25barg) through hetero-
geneous catalysis (Eq. (1)). Reactor engineering is critical in order to
achieve a proper heat evacuation and optimum temperature profile due
to the exothermicity of the reaction [9-11]. A proper temperature
control can prevent catalyst sintering and undesired secondary reac-
tions. In addition, since the reaction is reversible, the temperature
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profile is a key factor to obtain a gas with enough methane content to be
injected to the grid, typically about 95-96 vol.% of CH,. In this sense,
the superior heat transfer capacity of micro-structured reactors favours
an efficient temperature control within the reactor, so that they are
considered suitable alternatives to classical reactors for CO, methana-
tion. The fabrication of micro-channel reactors by means of welding
technologies is already at demonstration scale and very close to in-
dustrial application. Micro-reactors technology for CO, methanation is
already commercialized by the companies Atmostat, Ineratec and Vel-
ocys [12].

CO, + 4 Hy <> CHy + 2 HyO (AH?=-165 kJ mol %) 1)

According to thermodynamics, the injectable gas composition
cannot be achieved at high reaction temperatures. Thus, mild tem-
peratures are needed to achieve the desired quality without an un-
necessary increase of pressure (T < 300°C, P < 10bar) [7]. At these
conditions, catalyst design plays a determinant role to overcome kinetic
limitations and achieve acceptable reaction rates and low reactor vo-
lumes. These reaction rates can be obtained by using nickel as available
and economic active material [13]. In terms of selectivity, high values
(> 99%) are easily achieved on nickel catalysts, so that secondary
products were not even detected in some published works [14-16].

The most used methanation catalyst is based on two economic
materials, nickel as active phase and y-alumina as support, which is
used to disperse the active phase and confer stability to the whole
catalyst [17]. Besides y-alumina, it is well-known that alternative sup-
ports such as Y,03, Sm,03;, ZrO, and CeO, provide better properties to
nickel-based catalysts, which consequently exhibit higher catalytic ac-
tivity [18,19]. In this direction, Muroyama et al. studied the effect of
these supports on 10 wt.% wet impregnated nickel. The authors related
the catalytic enhancement to the presence of moderate basic sites [20].
Westermann et al. reported that hydrogen reacts with weak adsorbed
CO, or carbonates as a prior step to form methane. Besides, they ob-
served that methane formation was controlled by the concentration of
adsorbed species [21].

Unfortunately, the aforementioned supports are not as abundant as
alumina. Indeed, Y, Sm, Ce and La are considered rare-earth elements
and this is reflected in their international prices. For industrialization,
the proposed catalyst should show a good compromise between the
material costs and the catalytic improvement, as well as the desired
shape for their implementation in catalytic reactors. Consequently,
some researchers proposed that these rare elements can be used effec-
tively as promoters instead of bulk support in similar reactions [22-24].
As regards to CO, methanation reaction, Liu et al. observed that the
addition of 2 wt.% CeO, on Ni/Al,O3 system led to an interesting in-
crease of the initial activity but also of the stability [25]. In another
study, the addition of La,O3 as promoter also showed significant en-
hancement of the CO, methanation catalytic activity [26]. Besides, the
use of ternary or quaternary mixed oxides allow to decrease the tem-
perature for CO, methanation [27]. Therefore, it seems that promoters
are crucial to increase the activity and the stability of the materials.

Those promoted Ni-based catalysts that are reported in the litera-
ture were prepared in powder form, not suitable for their commercial
application. Turning promising laboratory catalysts into industrial
catalyst implies the shaping of powders into macroscopic form or metal
incorporation to shaped supports [28-30]. Industrial methanation cat-
alysts are typically manufactured in pellet, extrudates and ring shapes
of 4-6 mm of diameter, not suitable for innovative submillimetre-sized
reactors [31]. A dimension reduction of an order of magnitude is re-
quired for efficient and uniform packing in micro-channel reactor
configuration.

In the present work, we evaluate the influence of using various
metal oxides at high loading level as promoters on Ni/Al,03 micro-size
catalysts. These materials can be considered technical catalysts as they
are designed according to their commercial application on micro-
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reactor technology and no further treatment or modification is neces-
sary before implementation [28]. Metal oxides were used as promoters,
instead of bulk support, for economical purposes. The promoted cata-
lysts were developed for CO, conversion to synthetic natural gas in
industrial applications with some tolerance to H,S traces. The pro-
moting effect of CeO,, Lay03, Sm,03, Y2053 and ZrO, is examined at
different temperatures (200-350 °C) at 5barg. Then, the most pro-
mising catalysts were tested with and without the presence of H,S
traces for 170h, in order to predict their behaviour in an industrial
environment. Besides, the series of manufactured catalysts was com-
pared with a reference industrial catalyst to evaluate the benefits of the
proposed strategy on catalyst development.

2. Experimental
2.1. Catalyst preparation

The series of catalysts were prepared by wet impregnation method.
Nickel and one promoter (CeO,, La,O3, Sm,03, Y,03, ZrO,) were in-
corporated to y-Al;0s micro-spheres (d, = 400-500 pm, Saint-Gobain
NorPro). In addition, a nickel catalyst without promoter was prepared
for comparison purposes. The following nitrates were used as pre-
cursors in the manufacturing of the catalysts: nickel (II) nitrate hex-
ahydrate [Ni(NO3),'6H,0] (98%, Alfa Aesar), cerium (III) nitrate hex-
ahydrate [Ce(NO3)36H,0] (99.5%, Alfa Aesar), yttrium (III) nitrate
hexahydrate [Y(NO3)36H,0] (99.8%, Aldrich), samarium (IIT) nitrate
hexahydrate [Sm(NO3)36H20] (99.9%, Aldrich), zirconium (IV) oxy-
nitrate hydrate [ZrO(NO3),xH,0] (99.0%, Aldrich) and lanthanum (IIT)
nitrate hexahydrate [La(NO3)s'6H,0] (99.999%, Aldrich). Meth” 134
catalyst (Clariant) was crushed, sieved (d, = 400-500 ym) and used as
industrial reference.

In a typical synthesis, 5g of catalyst was prepared per batch. The
nitrate precursors (nickel + promoter) were dissolved together in pure
water at room temperature for 1h. Alumina support was pre-dried at
105 °C overnight, weighed and added into the aqueous solution. Then,
the mixture was kept on a bath at 80°C under slow stirring until
complete evaporation, typically after 4 h. The impregnated material
was kept at 105 °C in an atmospheric oven overnight. Then, the cata-
lysts were calcined at 450 °C for 30 min (heating ramp 1°C:min~?).
Nominal nickel loading amount was fixed at 25wt% and the metal
oxide promoter at 15 wt%.

2.2. Catalyst characterization

Catalyst bulk density (p,) was measured by means of the mass of
particles divided by the occupied volume (5mL). This measurement
includes the space between the intra-particles and it is representative of
the actual density in a fixed-bed reactor. Topology and elemental
analysis of the catalysts were studied by scanning electron microscopy
(SEM, Zeiss Auriga 60) equipped with an energy dispersive x-ray
spectrometer (EDX, Oxford Inca Energy). Prior to the elemental ana-
lysis, samples were crushed to study the average composition of the
sample and not only the external particle layer. The presented chemical
composition is an average of ten individual measurements of powder
sample. Elemental data obtained from EDX technique can be consistent
with the exact composition determined by Inductively coupled plasma
mass spectrometry (ICP-MS) results [32]. However, it should be pointed
out the measured amount of metals by EDX can also lead to over-
estimation given metal accumulation on the surface, even though the
catalysts were previously crushed.

Textural properties of the catalysts were determined by N,-physi-
sorption (TriStar Il 3020-Micromeritics). Prior to the measurements, the
samples were degassed at 90°C for 1h, and then at 250 °C for 4h.
Brunauer-Emmett-Teller (BET) method was used to calculate the BET
surface area for a relative pressure (P-Py ') range between 0.05-0.30.
Barrett-Joyner-Halenda (BJH) method was applied to desorption
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branch of the isotherm to determinate the pore volume and size.

Structural properties were studied by powder X-ray Diffraction
(XRD, Bruker D8 Advance A25). The wide-angles data were obtained
using a Cu Ka radiation (A = 1.5406 A). a voltage of 40 kV, a current of
40 mA and a step size of 0.05° (3 s per step). The diffraction acquisitions
were done in a range from 20 to 80°. Crystalline phase were identified
by using International Centre for Diffraction Data. The average nickel’
crystallite sizes (dy;) of pre-reduced and used samples were estimated
by the Scherrer equation at 44.8° [33].

Reducibility of the calcined catalysts was studied by temperature
programmed reduction (H,-TPR, Authochem Micromeritics). H,-TPR
were conducted using 12 vol.% Ha/Ar at flow of 50 N mL:min ' in the
temperature range of 35-800 °C at a heating ramp of 10 °Cmin . The
amount of H, uptake was measured with a thermal conductivity de-
tector. Metal dispersion and metallic surface area were determined by
pulsed CO chemisorption (Authochem Micromeritics). Prior to ad-
sorption measurements, each sample (50 mg) was reduced in 12 vol.%
H,/Ar flow at 500 °C for 3 h.

CO uptake was measured by injecting CO pulses through a cali-
brated on-line sampling valve until saturation was attained. Nickel
metal surface area, dispersion and particle size were calculated as-
suming the stoichiometric factor for CO to Ni as one, atomic weight of
58.71, atomic cross-sectional area of 0.0649nm? and density of
8.90 gem *. Note that CO adsorption on nickel is a complex process;
the stoichiometry can vary with metal dispersion, metal loading, tem-
perature, preparation method and it can form volatile complexes.
However, it can be used for screening purposes [34].

The amount and heat of CO, adsorption was studied by coupled
thermogravimetric analysis and differential scanning calorimetry with
CO, pulses (TGA-DSC, Setaram Evo). The samples (50 mg) were placed
at 90 °C for 30 min in Ar flow (50 N mLmin~?!) to remove water. Then,
samples were reduced using 12% Ha/Ar at flow of 10 N mL:min ', The
temperature was increased up to 500 °C for 3 h with a heating ramp of
5°Cmin~", then cooled down to a representative temperature of re-
action (300 °C). Finally, the 12% H,/A, flow was replaced with a 10%
CO,/A; flow (10NmLmin ') to measure the CO, adsorbed mass
amount and the heat of adsorption at 300 °C.

The species adsorbed on the catalyst during reaction were char-
acterized by temperature programmed oxidation (TPO) using a ther-
mogravimetric analyser (TGA-DSC, Setaram Evo). Analysis of the gas-
eous burn off products was on-line performed by mass spectroscopy
(Pfeiffer). The samples (15mg) were oxidised using air at flow of
20 NmLmin~?! from 35 to 700 °C at a heating rate of 5"min~?, and
kept at 700 °C for 3 h.

2.3. Catalyst activity

Catalyst activity, selectivity and stability was tested in a fully au-
tomated laboratory scale fixed-bed catalytic reactor (Microactivity
Reference, PID Eng&Tech). Experiments were conducted using 300 mg
of dry catalyst particles, sieved to d, = 400-500 ym. Catalyst was di-
luted with 3 g of silicon carbide 46 grit (Cymit) of similar particle sizes
(d, = 355 um) to assure isothermal behaviour through the catalyst bed.
Prior to reaction, catalyst was reduced in-situ under H, flow
(100 N mL'min~") at 500 °C (ramp 5°C:min~") for 3h. Higher in-situ
reduction temperatures (> 500 °C) cannot be reached in some micro-
reactor devices. After reduction, temperature was decreased to 200 °C,
reactants Hy (99.999%, Linde) and CO5 (99.9993%, Linde) were ad-
justed and the reaction started. Long runs were conducted by ad-
ditionally introducing 20 NmLmin~" of N, for 24 h (99.999%, Linde),
which then was switched to 20 NmLmin~"' of H,S/N, (0.4 ppm H.S,
Linde) to approach the industrial case. Experiments were conducted
using H,/CO, stoichiometric molar ratio of 4.0 and pressure of
5.0 bar g. Catalyst screening was performed isothermally at intervals of
50°C in the temperature range of 200-350°C, started at the lowest
temperature and waited until steady state was attained. Long
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experiments were conducted at 300 °C. Reaction temperature was
monitored using a K-type thermocouple placed in the middle of the
diluted catalyst bed.

After reaction, the product stream passed through a cold trap (5°C,
S5barg), where water was collected, and then through a mass flow
meter (Bronkhorst). The composition (CHy4, H,, CO and CO,) of the dry
gas was measured by an on-line gas micro-chromatograph (490
microGC, Agilent Technologies). Samples were analysed every 2.5 min
in the screening experiments and hourly during long experiments. CO,
conversion and CHj4 selectivity were calculated as follows. Catalyst
activity experiments were replicated to assure reproducibility. Data
shown in this study has a relative error in the range 1-15%. Carbon
mass balance between inlet and outlet was accomplished within an
accuracy of = 6%.

Fe
Xeop =1 — —22% 109
COzin 2)
Feny ou
SC 'Hy = ﬁ
CHyour + Feouu 3)

3. Results and discussion
3.1. Catalyst properties

A total of six nickel-based catalysts were prepared by wet impreg-
nation on high porous y-Al,03 microspheres. Sample names indicate
the presence of nickel as active phase and a second metal-oxide as re-
action promoter. As shown in Table 1, the apparent bulk density of
Al,O3 is 0.55gmL !, very low compared to that of dense powder
alumina (3.65gmL " '). The apparent bulk density was increased to
0.73gmL ™" after nickel deposition, whereas the addition of the pro-
moter provoked a further increase to 0.84-0.87 gmL ™", except sample
Ni-ZrO,. As regards to the commercial Meth™ 134 catalyst, the bulk
density of crushed and sieved catalyst was slightly lower than the ones
prepared in this study (0.76 g mL™"). This density value is in the range
of other commercial Ni-based catalysts; however, comparison is com-
plex due to changes in the geometrical shape [9,10]. At the same par-
ticle form, low bulk density positively increase the surface area of the
catalyst but lowers the amount of material in weight that can be in-
troduced in a fixed reactor volume.

The average chemical composition of catalyst was determined by
EDX. The amount of observed nickel was close to the nominal one
(25 wt.%), with small divergences of = 3%. Likewise, the amount of
promoter was close to the nominal (15 wt.%), except for Ni-ZrO, (9 wt.
%) and Meth® 134 (2wt.%). The behaviour of ZrO, can be a con-
sequence of the lower solubility of zirconium precursor (zirconium (IV)
oxynitrate hydrate). Therefore, the amount of ZrO, and CaO as pro-
moter is lower respect to the others, as indicated by the bulk density
measurement, and its effect on the catalytic properties is not directly

Table 1

Catalysts used in this study.
Sample metal content [wt.%)" [

nickel promoter [gmL~"]

Support - - 0.55
Ni 25+ 2 - 0.73
Ni-CeO, 23 =1 16 =1 0.84
Ni-La;05 28 + 2 14 =1 0.85
Ni-Sm303 281 16 1 0.87
Ni-Y503 23 =1 15/ 4= 0.86
Ni-ZrO, 272 9! £ 0.72
Meth” 134 2 *1 2+ 0.76
a gl l ition from EDX lysis. Promoter amount is expressed

as metal (Ce, La, Sm, Y, Zr, Ca).
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Fig. 1. XRD patterns of calcinated samples.

comparable.

The XRD patterns of the catalysts as prepared are reported in Fig. 1.
NiO and y-Al,O; patterns were detected in all the samples. As for the
promoters, CeO, crystals were clearly observed, while La;03, Sm,03,
Y,03 and ZrO, crystals were not detected. The diffuse pattern of y-
Al,05 in comparison to other supports may hinder the detection of the
promoter. Another plausible option is that some promoters remained in
amorphous phase as a result of the mild calcination temperatures
(450 °C). Likewise, CaO pattern was not detected in Meth” 134 sample.
However, it was noticed the presence of boehmite pattern that were not
transformed into well-crystallized y-Al,O3, most probably due to low
calcination temperature [35].

Nitrogen physisorption isotherms showed a type IV profile in all
samples, characteristic of mesoporous materials with uniform cylind-
rical pores (IUPAC classification). As representative example, Fig. 2
illustrates the pore size distributions of the support, Ni and Ni-La,O3
samples. It is clearly observed that the pore volume was significantly
reduced by the incorporation of Ni to the support and it was further
reduced by the incorporation of a promoter, in this case by La,O3. In
addition, the pore size distribution was shifted to smaller diameters by
the incorporation of metals. BET surface area, pore volume and pore
diameter of all samples, obtained from N> physisorption results, are
listed in Table 2. The y-Al,O5 support used in this study exhibited high
surface area (> 250 rnzg‘l) and the main pore diameter tailored to
10 nm, which confirmed the mesoporous character of this material
(2-50 nm, IUPAC classification). At first sight, it is inferred that the

—— support
—»—Ni
+ Ni-La,0,| T

e

Pore volume (cm¥g)

150
Pore diameter (nm)

Fig. 2. Pore size distribution of support, Ni and Ni-La,0O3 samples.
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Table 2

Catalyst characterization from N,-physisorption.
Sample BET surface area pore volume pore size

[m*g ] lem®g *] [nm]

support 267 0.67 10
Ni 196 0.42 8.8
Ni-CeOy 144 0.26 7.2
Ni-La,05 116 0.23 8.1
Ni-Sm203 105 0.23 8.7
Ni-Y203 120 0.22 7.5
Ni-ZrO, 134 0.29 8.6
Meth 134 63 0.07 48

proposed ternary catalysts have 105-144 m2g’1 surface area, 0.22-
0.29cm®g ! pore volume and 7.2-8.7 nm pore diameter, indicating
much higher porosity than the commercial reference Meth” 134.

As a general trend, the addition of 25 wt.% nickel to the support
decreased proportionally 25% the surface area of the sample. The ad-
dition of 15 wt.% of promoter decreased a further 25% of surface area.
On the whole, the high-loading catalysts exhibited half surface area
respect to the support, slightly higher reduction than the corresponding
decrease of Al,O5 support amount (60 wt.%). In comparison with the
surface area behaviour, the decrease of pore diameter was less intense,
from 10 to 8 nm. This behaviour is attributed to the partial blocking of
some y-Al,03 pores by the metal incorporation but not the modification
of these ones. On the other hand, it is revealed that the main con-
sequence of the addition both metals, active phase and promoter on the
textural properties was a severe reduction on pore volume (up to 67%).
The differences among pore volume and surface area behaviour were
attributed to the fact that metal particles contributed with some addi-
tional surface area but not with additional pore volume.

The H,-TPR profiles of the nickel catalysts are displayed in Fig. 3.
The species present in the catalysts were reduced in the range of
200-600 °C. This reduction is attributed to the reduction of NiO to Ni*
and not to the reduction of alumina support or metal oxide promoters
[20]. The peaks located in the low temperature region (200-350 °C) are
typically assigned to a-type NiO species, corresponding to free nickel
oxides that showed weak interaction with alumina support [36,37].
Interestingly, these species are only formed by the addition of promoter
and they were not significantly formed on the Ni catalyst and the
commercial reference. Most nickel remains in the form of B-type NiO
(350-600 °C) without the presence of promoter but for Ni-ZrO,. These
species have stronger interaction with alumina and, at first sight, are
less active for CO, methanation. The last nickel species were assigned to
y-type NiO, related to stable Ni-Al phase with spinel structure. In the
case of commercial catalyst, the last peak observed is attributed to the
interaction of Ni with some additional compounds such as Ca. Overall,

support
Ni
Ni-CeO,

Ni-La,0,

Intensity

Ni-Sm,0,

Ni-Y,0,

——J\\/\—’_ el
Meth 134
T ; ; T T ; ,
100 200 300 400 500 600 700 800
T(°C)

Fig. 3. H,-TPR profiles of samples. TCD signal is normalised by sample weight.
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Table 3
CO chemisorption measurements at 35 °C.

sample adsorbed CO metal dispersion metallic surface area
[em®/g] (%] [mi/gear)  “[mii/mi]10°
Ni 2.42 253 4.22 22
Ni-CeO, 216 2.26 3.77 26
Ni-La,03 220 231 3.84 33
Ni-Sm, 05 1.77 1.85 3.08 29
Ni-Y,03 1.30 1.36 2.26 19
Ni-ZrO., 1.47 1.54 2.56 19
Meth® 134 0.71 0.93 1.24 20

# BET surface area was used for calculation.

the introduction of promoters Ce, La, Sm, Y or Zr, improved greatly the
reducibility of the materials. In this sense, 91% of the total hydrogen
uptake took place below 500 °C on Ni-La,O3, followed by 84% on Ni-
CeO, and 71-78% on the other promoted catalysts. On the contrary, the
catalyst without promoter (Ni) only consumed 65% of the total hy-
drogen below this temperature. H,-TPR results revealed that the pro-
moters favoured the reduction of NiO, probably because they weaken
the interaction between Ni and the support [36].

Table 3 shows the results of metal dispersion by CO chemisorption
measurements. The highest nickel dispersion (2.53%) and metallic
surface area was exhibited by the unpromoted catalyst (Ni). In this
sample, nickel was dispersed in 75 wt.% y-Al,O3 support, which means
that there were more porosity available for nickel to be dispersed. The
promoted samples showed lower dispersion of nickel due to the less
availability of support (60wt.%). Among promoted samples, the
highest nickel dispersion was achieved when La,O3 was introduced
(2.31%), followed closely by CeO, (2.26%). In terms of nickel area per
surface area, nickel was more dispersed in LaO3 and CeO, than the
unpromoted one, 54 and 22% higher, respectively. Therefore, it is
confirmed that La,O3 and CeO, favoured the nickel dispersion, thus
providing more active sites for reaction. Ni-Sm,03, Ni-ZrO,, Ni-Y,03
presented lower nickel dispersion values (1.36-1.85%) but far superior
than the commercial reference (0.93%). All synthesized catalysts
showed higher nickel surface areas (9-17 m2<g!\-,‘1) than the commer-
cial reference (6m2-gm"1) as a result of higher nickel dispersion but
also higher nickel loading.

The amount of CO, adsorbed and heat of adsorption are direct
measures of CO, interaction with the catalyst carried out by micro-
calorimetry. Table 4 shows that nickel catalyst without promoter (Ni)
exhibited the lowest amount of CO, adsorbed (71 pmol g...~"). The
addition of a promoter clearly increased the amount of CO, adsorbed
(117-178 pmol gm’l) per mass of sample, while this positive effect
was negligible for Ni-ZrO, sample (62umol g.,; ). Nonetheless, all
promoted samples adsorbed higher amount of CO, per surface unit
(0.46-1.52 umol/mé,) than the unpromoted one (0.36 prnol/méu).
Regarding the heat of adsorption, all values fell in the chemisorption
region (> 80kJ mol 1) [38], necessary for the CO, activation step in

Table 4
CO, adsorption data at 300 °C by TGA-DSC analysis.

sample CO, adsorbed heat of adsorption
[Hmol/gea) [umol/mZ,]" [-kJ/molcoz)
Ni 71 0.36 242
Ni-CeO, 117 0.81 182
Ni-La,03 147 1.27 168
Ni-Sm,03 160 1.52 131
Ni-Y,04 178 1.48 124
Ni-ZrO, 62 0.46 312
Meth® 134 345 5.48 132

# BET surface area were considered.
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Fig. 4. Effect of the promoter on CO, conversion at different temperatures.

Reaction  conditions H,:CO, =4 (mol), P =5barg, mg, =03g,
F = 200N mL'min~".

heterogeneous catalysis. CO, adsorption measurements revealed a re-
lation between heat of adsorption and adsorbed amount data. Samples
with higher amount of CO, adsorbed showed the weakest adsorption
bonds — lowest heats of adsorption — and vice versa. In this sense, the
weakest chemical bonds were found in Ni-Y,03 and Ni-Sm,03 samples,
while the strongest bounds were found in samples Ni and Ni-ZrO,. In
the midst of them, Ni-La,O3; and Ni-CeO, exhibited moderate heat of
adsorption and amount of CO, adsorbed.

3.2. Catalyst activity

CO, methanation reaction over nickel based catalysts was analysed
at Sbarg in the temperature range of 200-350 °C, representative of
industrial methanation conditions. As illustrated in Fig. 4, CO, con-
version always increased with the temperature. Selectivity to CH, was
in all cases =99%, and only traces of CO were observed. At this flow
conditions (29,000-35,000 h '), reaction kinetics controlled the cata-
lytic behaviour at T = 300 °C and catalytic differences between mate-
rials were observed. At 350 °C, reaction approached to equilibrium
conditions (Xco2 = 95%) and conversion was independent of the cat-
alyst. On the one hand, all the synthesized catalysts in this work (25 wt.
% nickel) were more active than the commercial reference (22 wt.%
nickel), which can be related to the higher metallic surface area and,
above this, the higher nickel reducibility observed by H,-TPR profiles.
On the other hand, ternary catalysts (nickel, promoter and y-Al,03)
were more active than the binary one. Therefore, the strategy of adding
promoter led to catalytic benefits. The activity enhancement was led by
La,03 and CeO,, whereas the least positive effect was shown by Sm»03
and ZrO,.

Experiments were carried out in terms of a fixed volume flow
(200N mL'min ") and catalyst mass (300 mg). However, the bulk
density of promoted catalysts was higher, and less volume of catalyst
were accordingly loaded in each run. In this sense, the benefits of
adding a promoter were even more noticeable in terms of volumetric
space time. For instance, the space time used for Ni-La,O3 was 16%
higher than that without promoter. Accordingly, more amount of cat-
alyst can be potentially loaded in a conventional fixed-bed reactor,
where the amount of catalyst is limited by the volume of the fixed-bed,
and not by the mass.

The differences on catalytic performance between promoters can be
related to the characterization measurements. The two most active
catalysts, Ni-LayO3 and Ni-CeO,, showed similar properties. Both pre-
sented the highest nickel i) reducibility (84-91% at 500 °C), ii) dis-
persion (2.3%) and iii) surface area (15 m>gy; '). Therefore, more
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Fig. 5. Catalytic performance along time. Reaction conditions H,:CO, = 4
(mol), P = 5barg, me =0.3g, F=200NmLmin '. Closed symbols: H,S
concentration of 50 ppb. Open symbol: H,S-free.

amount of Ni° active sites were available for CO, methanation.
Furthermore, some general tendencies were observed by the interaction
between CO, and the promoter/support material. Strong basic sites
adsorb CO; irreversibly, less available for CH4 formation. As Muroyama
reported, strongly-adsorbed CO can inhibit the formation of CH4 and
moderate basic sites are the most effective for CO, methanation [20].
The same tendency was observed in this work, and moderate adsorption
of CO, onto the promoter seems beneficial. Thus, the existence of
moderate basic sites in Ni-CeO, and Ni-La;O5 favour the conversion of
CO,. In parallel, it is worth noting that neither the crystallinity (XRD)
nor the total surface area (N,-physisorption) of the present samples
were key factors to predict catalytic performance.

3.3. Catalyst stability

Additional long runs were performed on the two most promising
catalysts in terms of initial activity, Ni-CeO, and Ni-La;O3. Long-term
experiments were running for 24 h to evaluate at first the catalyst sta-
bility without impurities, and then a gas feed with 0.4 ppm of H,S were
added to the reactant mixture during 146 h. Fig. 5 plots CO, conversion
at T=300°C and P = 5bar-g as a function of time-on-stream. The
highest catalytic activity was again achieved over Ni-La,0s, being this
value constant during the whole experiment (Xcoz = 95%). In the same
way, no differences in performance over time were found in Ni-CeO,
catalyst, at CO, conversion level of X¢o» = 89%. It should be pointed
out that slight catalyst deactivation could be masked over Ni-La,O3 due
to activity close to the equilibrium (Xco2 = 97%) but not in the case of
Ni-CeO,.

On the contrary, the catalytic activity of sample Ni was not constant
during the long test. Initially, the conversion was Xco» = 77% and then
it increased up to a maximum of Xco» = 84% after 30-35h reaction.
This activity enhancement suggested that not all the Ni was activated
during the reduction step and it was further reduced during methana-
tion reaction step (reducing atmosphere). As shown in H,-TPR profiles,
unpromoted nickel catalyst was much more difficult to reduce than Ni-
La,O or Ni-CeO,, so that the initial activation process was not com-
pleted at T = 500 °C for 3 h. After reaching this conversion maximum, it
was observed a steady decrease of conversion to Xcoz = 74% at 170 h.
This behaviour was not related to catalyst poisoning by H,S as identical
results were observed in the equivalent H,S-free experiment. Therefore,
it is possible to conclude that the addition of industrial-level H,S traces
(50 ppb) did not show any impact on the catalytic performance of the
tested catalysts. This fact discloses that catalysts are stable below the
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detection limit of most commercial H,S analysers, at least during one
week of continuous H,S injection.

Characterization of spent samples was performed to elucidate the
reasons why the activity of Ni catalyst changed during the stability test.
Used samples were removed from the experimental setup for char-
acterization by EDX, XRD and TPO. Results were compared with fresh
samples (see supporting information). As previously mentioned, sul-
phur poisoning did not infer in catalytic performance because identical
results were obtained either with or without feed impurities. In agree-
ment, sulphur compounds were not detected TPO analyses. Likewise,
elemental sulphur was not identified in EDX measurements of spent
samples. On the other hand, the chemical composition of spent catalysts
was very similar to that of fresh ones and always within the experi-
mental error. Accordingly, metal leaching was not relevant as compo-
nents remained in the catalyst during operation. It is therefore rea-
sonable to expect that catalyst fouling due to carbonaceous species
formation or nickel particle sintering by metal migration could lead to
the slight activity decay on Ni [39]. Results of Ni crystal size, measured
by the Scherrer equation taking into account the accuracy of XRD
(Table S2), suggested that nickel sintering was the responsible for Ni
slight activity decay. The value of used sample (8.6 nm) was higher
than that of the fresh one (7.8 nm). In contrast, nickel crystal size of
fresh and used promoted samples was not increased, which was con-
sistent with XRD results on dry reforming reaction [40]. Therefore, the
role of La and Ce as promoters was also to prevent Ni from sintering and
lengthen the catalyst lifetime.

4. Conclusions

The influence of using various metal oxides as promoters for CO,
methanation reaction was studied at T = 200-350 °C and P = 5 bar-g.
Ce0,, Lax03, Smy03, Y,05 and ZrO, were incorporated together with
nickel to y-Al,O3 micro-spheres by wet impregnation method. The ad-
dition of metal oxide promoters was beneficial in all cases.
Characterization results revealed that their role was to enhance the
interaction between CO, and the catalyst. In this sense, the amount of
CO, adsorbed on the promoted samples was clearly higher than that of
the unpromoted one. Among them, the catalytic performance was led
by the catalyst with La,03 and CeO,, while the least positive effect was
shown by Sm,03 and ZrO,. The highest catalytic performance of Ni-
La,;03 and Ni-CeO, was related to the significant increase of nickel
reducibility and dispersion, so that more nickel active sites were
available for reaction. Besides, both catalysts exhibited an intermediate
heat of CO, adsorption (-168-182 kJ mol ~1). This fact strengthens the
idea that moderate CO, chemisorption had a positive effect on the
catalytic performance for CO, methanation.

Ni-CeO, and Ni-La,O3 samples were tested with the presence of
almost undetectable, industrial-level H,S traces for 170 h. The con-
tinuous addition of 50 ppb sulphur impurities did not show any influ-
ence on their catalytic performance as identic results were obtained
without feed impurities. This fact discloses that the studied catalysts are
stable below the detection limit of most commercial H,S analysers, at
least during one week of continuous H,S injection. Accordingly, the
strategy of adding metal oxide promoters was beneficial in terms of
superior initial activity and, even more important, catalyst stability, as
they prevented Ni from deactivation by sintering. The best performance
was achieved by Ni-La;O3, which can be potentially used in biogas
micro-structured methanation reactors as they show much higher cat-
alytic performance than the commercial reference used in this study.
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ARTICLE INFO ABSTRACT

Manufacturing of catalysts with high reaction rates at mild conditions is important for an efficient production of
synthetic natural gas through the CO, methanation process. In this work, the design of a technical catalyst based
on an optimal content of Ni as active phase, CeO, as promoter and y-Al,O3 micro-spheres as support
(d, = 400-500 pm) is evaluated. The systematic optimization of Ni, CeO, and y-Al;O3 content revealed that a
proper balance of the positive effects that each component provided individually, was found at 25 wt% Ni, 20 wt
% CeO, and 55 wt% y-Al,O3 content. This catalyst was stable for 120 h at 300 °C. The high loading of CeO, is far
from the classical definition of promoter and it covers the gap between the addition in a low amount as promoter
and its uncompetitive use as bulk support. The highest catalytic activity was attributed to high metallic surface
area (5m”g~ "), high nickel reducibility (79% at 500 °C) and the formation of moderate basic sites that can
adsorb CO, (— 65 kJ'molcoy ~ ). In comparison with similar research catalysts and a commercial reference, the
optimum formation showed higher activity for synthetic natural gas production. Therefore, the micro-catalyst

Keywords:

Power-to-Gas

Synthetic natural gas
Carbon dioxide conversion
Micro-catalyst
Formulation

Catalytic activity

can be implemented in the micro-structured reactors that are available in the market.

1. Introduction

The implementation of renewable energies, such as solar and wind,
into national energy mixes reduce drastically CO, emissions in the at-
mosphere respect to fossil fuels [1,2]. One of the major challenges of
these low-carbon technologies is the ability to match the unscheduled
intermittent production with consumer demand, i.e. reliable electricity
supply. As already experienced in some countries, grid balancing is
becoming a major issue leading to temporary shutdowns of wind tur-
bines. One long-term solution for power balancing can be the im-
plementation of Power-to-Gas technologies, especially in countries
where there is already a significant investment in wind and solar energy
sources [3]. These technologies convert the surpluses of electrical en-
ergy coming from unpredictable energy sources into storable renewable
hydrogen through water electrolysis. Besides, they can also incorporate
CO,, as a source of carbon for the production of synthetic natural gas
(SNG) [4,5]. In this sense, Power-to-Gas reduce the CO, content in the
atmosphere by supporting the continuous implementation of wind and
solar sources into electricity mix but also by converting CO, to useful
energy products as SNG [6,7].

* Corresponding author.
E-mail address: jguilera@irec.cat (J. Guilera).

https://doi.org/10.1016/j.fuproc.2019.05.008

At present, natural gas constitutes 40% of the fuel mix to satisfy the
heating and cooling services across EU. This represents one of the main
reasons to support SNG in the future as a low carbon alternative [8].
However, SNG is not economically competitive with respect to fossil
natural gas [9]. ENEA consulting concluded that the competitiveness of
SNG for grid injection requires, at least, reducing capital expenditures
by a factor of two [10]. Among the total costs, the capital expenditures
of the catalytic methanation unit significantly contribute to the SNG
cost [11,12]. As the CO, methanation is not a mature technology, gains
on capital expenditures are possible driven by R&D efforts.

The catalytic CO, methanation is a thermochemical process carried
out through the Sabatier reaction (Eq. (1)), in which one molecule of
CO, is combined with four molecules of H, over a suitable catalyst to
form CH4 and H,0. According to thermodynamics, this reaction is fa-
vourable (AGyogx = —130.8 kJ-mol 1) at low temperatures (<300 °C)
[13,14]. Nevertheless, kinetic limitations appear at low temperature,
since it requires an eight-electron process to reduce the fully oxidized
carbon to methane. Therefore, the design and development of highly
active catalysts is necessary to obtain reasonable reaction rates of SNG
production at the aforementioned conditions. These active catalysts
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should be manufactured according to reactor design application [15].
In recent years, the concept of modular compact reactors has been
proposed, typically in the form of micro-channels below 1 mm [16-21].
Therefore, catalyst particle dimensions should also be adapted to
technological advances.

CO, + 4H, < CH, + 2H,0 AHy = —165 kJ-mol™! [€))

Catalysts based on noble- and transition-metal materials (Ru, Rh, Pd
and Ni) supported on metal oxides (Al,O3, CeO,, ZrO,, TiO,, SiO,,
Lay03) are usually applied for the CO, methanation process [22,23].
Among them, Ni-based catalysts, usually supported on y-Al,O3 are the
most widely investigated for industrial purposes, as they combine rea-
sonable activity and low cost. However, sintering of Ni nanoparticles
and carbon deposition on the surface of Ni/y-Al,O; catalysts can lead to
rapid deactivation [24,25]. To overcome these issues, modification of
the support through addition of promoters has gained interest, since it
can play an important role on the metal-support interaction, as well as
on the bonding and reactivity of chemisorbed species [26]. Promoter
oxides such as CeO,, La,03, Pr,03, Euy03, Gd,03, ZrO,, MnO, and MgO
have been recently studied [27-31]. Among them, CeO, has been ex-
tensively studied as interesting support, alone or with its combination
with ZrO, (Ce-ZrO, mixed oxides) in heterogeneous catalysis [32-36].

For economic purposes, some researchers proposed that CeO, could
be effectively used as promoter (=3 wt%) instead of bulk support
(=50 wt%). In those cases, alumina is employed as inexpensive sup-
port. Recently, Liu et al. [37] optimized CeO, content on a 15 wt% Ni/
y-Al,03 catalyst. They found that the addition of 2 wt% CeO, gave the
optimum catalytic performance. In another study, Zhou et al. [38] re-
ported that the addition of 2.5 wt% CeO, to 10 wt% Ni highly improve
the catalytic performance in comparison to unpromoted Ni/y-Al,Os.
Nie et al. [39] concluded that the presence of 3 wt% CeO, on a highly
loaded 20 wt% Ni/y-Al,O3 exhibits optimal catalytic properties in terms
superior CH, activity and selectivity. In these reported works, the effect
of ceria addition as promoter has been studied based on a fixed amount
of Ni; 15 wt%, 10 wt% and 20 wt%, respectively.

The innovative aspect of the present work is the simultaneous op-
timization of the amount of Ni, CeO, and y-Al,O3 to obtain the global
optimum of catalytic performance on Ni-CeO,/y-Al,05 formulations.
This is in contrast to local optimums found in previous works, where the
amount of the active phase was already fixed. The proposed catalysts
have been synthesized with a proper particle size (d, = 400-500 um) to
be directly implemented in the micro-structured reactors that are now
available in the market [40]. In particular, optimal formulation will be
applied in the context of the CoSin project, an industrial action led by
Naturgy aiming to demonstrate the technical and economic viability of
SNG production at a sewage treatment plant in Catalonia [41]. In the
present work, the catalytic performance was evaluated in a lab-scale
reactor at 250-350 °C, P = 0-5bar'g and gas hourly space velocities
(GHSVs) = 4,500-54,000h~*, by feeding the stoichiometric H,:CO,
molar ratio = 4. In addition, the catalytic stability of the most pro-
mising catalyst was evaluated for 120h and compared with a com-
mercial reference.

2. Experimental
2.1. Catalyst preparation

A series of Ni-CeO,/y-Al,O5 catalysts were prepared by the wet
impregnation method. The content of Ni and CeO, was varied si-
multaneously in a range from 0 to 30 wt%. Accordingly, the content of
v-Al,O3 was in the range of 40-100 wt%. The systematic experimental
design led to the preparation of the eight samples with different com-
position.

Materials used for catalyst synthesis were commercial y-Al;O5 mi-
crospheres with particle diameters of d, = 450-500 um (Saint-Gobain
NorPro), and salt precursors of nickel (II), nitrate hexahydrate [Ni
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(NO3),6H,0] (98% purity, Alfa Aesaer), and cerium (III), nitrate hex-
ahydrate [Ce(NO3)36H,0] (99% purity, Fluka). Furthermore, METH®
134 catalyst (Clariant) with a Ni content of 22 wt% was crushed, sieved
(d, = 400-500 um) and used as commercial reference.

Prior to the synthesis, y-Al,O3 support was pre-dried at 105°C
overnight. Successively, an aqueous solution was prepared with the
appropriate amount of distilled water (weight ratio H>0:y-Al,03 = 5)
and the salt precursors of nickel and cerium. Then, y-Al,O3 support was
added to the aqueous solution and mixed in a rotary vacuum evaporator
with constant stirring (25 rpm) at room temperature for 1 h. The mix-
ture was evaporated out in the same equipment at T = 85°C and
P = 0.8 bar during 6 h. The recovered material was then dried at 105 °C
in an atmospheric oven overnight. Lastly, the catalysts were calcined at
450 °C for 30 min with a heating ramp of 1 °C:min~'.

2.2. Catalyst characterization

Microscope images and elemental analysis of the catalysts were
studied by scanning electron microscopy (SEM, Zeiss Auriga 60)
equipped with an energy dispersive X-ray spectrometer (EDX, Oxford
Inca Energy). Textural properties were determined from N,-physisorp-
tion (adsorption/desorption) isotherms recorded by a TriStar II 3020-
Micromeritics sorption analyser. Prior to the measurements, the sam-
ples were degassed at 90 °C for 1h, and then at 250 °C for 4h on a
FlowPrep 060-Micromeritics. Brunauer-Emmett-Teller (BET) method
was used to calculate the BET surface area for a relative pressure
PP, range between 0.05 and 0.30. Furthermore, Barrett-Joyner-
Halenda (BJH) method applied to desorption branch of the isotherm
was used to determinate the mesopore volume.

Structural properties were studied by powder X-ray Diffraction
(XRD). The wide-angles data were obtained on a Bruker type XRD D8
Advance A25 diffractometer using a Cu Ka radiation (A = 1.5406 mm),
a voltage of 40 kV, a current of 40 mA and a step size of 0.05° (with 3 s
duration at each step). The acquisitions were done in a range from 20 to
80°. The software X'Pert HighScorePlus was used to identify the crys-
talline phase using the standard powder XRD files published by the
International Centre for Diffraction Data (ICDD). The average crystal
size was calculated using the Scherer's equation: dy; = (K\/pCos0),
where A is the X-ray wavelength, f is the full width of the diffraction
line at half maximum (FWHM), and © is the Bragg angle.

Reducibility of the catalysts was analysed by temperature pro-
grammed reduction method (H,-TPR) on an Autochem (Micromeritics).
In each run, 70 mg of fresh calcined catalyst were used for the analysis.
The H,-TPR measurements were conducted using 12vol% H,/Ar at a
flow of 50 NmL:min ™" in the temperature range of 35 to 800 °C and a
heating ramp of 10 °C:min . The amount of reduced NiO to Ni® was
calculated by integrating the reduction peaks in the H,-TPR profiles and
expressed as a percentage of consumption to reduce the Ni species in
the catalysts.

Metal dispersion and metallic surface area were measured by CO
chemisorption with the Autochem (Micromeritics) apparatus. In this
case, 50 mg of catalyst were reduced using 50 NmL'min ™" in a 12 vol%
Ha/Ar flow at 500 °C for 3h with a heating ramp of 5°C:min~'. Then,
CO chemisorption was performed at 35 °C under a 10 vol% CO/He flow.
CO pulses were introduced for several times until saturation was
reached. Nickel metal surface area and dispersion were calculated as-
suming the stoichiometric factor for CO to Ni as one.

The amount and heat of CO, adsorption was studied by coupled
thermogravimetric analysis and differential scanning calorimetry with
CO,, pulses (TGA-DSC, Setaram Evo). The samples (50 mg) were placed
at 90 °C for 30 min in a Ar flow (50 NmLmin ~ ") to remove water. Then,
samples were reduced using 12 vol% H,/Ar at a flow of 10 NmLmin .
The temperature was increased up to 500 °C for 3 h with a heating ramp
of 5°Cmin~", then cooled down to room temperature. Finally, the
12vol% H,/Ar flow was replaced with a 10vol% CO,/A; flow (10
NmLmin ') to measure the CO, adsorbed mass amount and the heat of
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adsorption at 35 °C.
2.3. Catalytic activity

The catalytic activity of the samples was tested in a fixed-bed la-
boratory reactor with internal diameter of 13 mm and 305 mm length
(Microactivity Reference, PID Eng&Tech). Experiments were conducted
using 0.3 g of catalyst mass diluted with 3 g of silicon carbide 46 grit
(Cymit) of similar particle sizes (d, = 355um) to assure isothermal
behaviour through the catalyst bed [42]. The reaction temperature was
monitored using a K-type thermocouple placed in the middle of the
catalyst bed. The reactants were continuously controller via mass flow
rates (MFC, Bronkhorst) and introduced as feed mixture at 200
NmLmin ! with a stoichiometric H,:CO, molar ratio of 4 (99.999%
and 99.9993%, respectively; Linde). After reaction, the products passed
through a cold liquid-gas separator (5 °C) where water was trapped, and
then the dry flow was measured by using a mass flow meter (MF,
Bronkhorst). The composition of the dry gas (CH,4, Hy, CO, CO,) was
determined with an on-line gas micro-chromatograph (490 microGC,
Agilent Technologies) and automatically analysed every 2.5 min along
the screening experiments, and hourly during the stability test.

The experimental procedure is described below. Prior to reaction,
the catalysts were in-situ reduced under H; (99.999%, Linde) flow (100
NmLmin ") at 500 °C for 3 h with a heating ramp of 5 °C'min ', then
cooling down to room temperature with the same ramp. The systematic
Ni-CeO,/y-Al,053 catalyst screening was carried out isothermally at
atmospheric pressure with intervals of 50 °C in the temperature range of
250-350°C. In each run, the experiment started at the lowest tem-
perature, with a holding time of 30 min at each temperature (at this
time steady state was always attained) and increasing to the following
value at 10°Cmin~'. In addition, the catalytic activity of the most
promising Ni-CeO, catalyst was studied at 300 °C, a pressure range of
0-10bar-g and GHSVs of 4500-54,000 h™". Finally, the catalytic sta-
bility was also evaluated and compared with a commercial catalyst for
120 h at 5 bar-g, 300 °C and using a GHSV of 36,000h~".

GHSV was calculated as the ratio of inlet flow rate in standard
conditions to the volume of the catalyst. Volumetric flow rate (F) was
varied in a range of 25 to 300 mL:min ", whereas the catalyst mass was
kept constant (m.,. = 0.3 g). The bulk density of each catalyst (ppuu)
can be found in Table S1. GHSV (Eq. (2)) as well as CO, conversion (Eq.
(3)), CH4 selectivity (Eq. (4)) and CO selectivity (Eq. (5)) were de-
termined using the following equations:

GHSV =
Phulk (2)
F
T N CO20u | 100
Fcoyin 3
F
Sm, = CHa,out 1100
Fettgou + Feoou )
F
Sco = __ COom .100
Feogu + Forgou (5)

where [Fy] (x = CO,, CH4 and CO) represents the molar flow rate of the
species in the inlet and outlet gas. Similar conversion values were ob-
tained from CO, than from H, (standard deviation of + 2%).

3. Results and discussion
3.1. Metal content optimization
A total of eight samples were prepared by varying simultaneously

the Ni and CeO, content, to cover the range of 0-30 wt%. Preliminary
results indicated that the highest catalytic activity can be found within
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Fig. 1. Elemental composition by EDX analysis.

this metal range. The elemental composition of the crushed catalysts
was obtained by EDX analyses, displayed in Fig. 1. The experimental
metal contents were very close to the nominal ones (0-30 wt%), with an
absolute error of + 1 wt% for the samples with 10 and 20 wt% of Ni and
CeO,, content and + 3 wt% for the samples with 30 wt% Ni and CeO,
content. After metal impregnation, it was observed by SEM images that
the geometric shape of the samples was very similar to the initial y-
Al,O3 support, i.e. micro-spheres with proper sizes between 400 and
500 um. As an example, Fig. 2 shows the geometric shape and particle
diameter (approximately 468 pm) for the 10Ni-10CeO, sample.

Textural properties were studied by N»-physisorption. All isotherms
were of type IV with H; shaped hysteresis loops (see Fig. S1), which are
associated to uniform mesoporous spheres in fairly regular array [43].
In this study, the y-Al,O5 support (ONi-0CeO, catalyst) exhibited the
largest BET surface area (Spgr = 267 mz‘g_ 1) and pore volume
(Vpore = 0.41 em®g~1). A significant reduction in these properties was
observed once Ni and CeO, were introduced and the amount of support
was accordingly reduced. The progressive reduction of BET surface area
(from 267 to 120 mz'g’l) is shown in Fig. 3. An analogous trend was
observed regarding the pore volume of the samples (from 0.41 to
0.11 em®g™ 1), illustrated in Fig. S2. Results indicate that Ni and CeO,
cause a similar pore blocking effect on the support.

The XRD patterns of all calcined materials exhibited comparable
structures (see Fig. $3). On one hand, characteristic peaks associated to
cubic gamma alumina (ICDD file # 010-0425) were identified in all
samples around 37.12, 46.07 and 66.98°. After the metal impregnation,
the corresponding samples also exhibited characteristic reflections of
cubic NiO phase (ICDD file # 047-1049) at 37.29, 43.45, 62.95 and
75.52°, and the cubic CeO, phase [44] (ICDD file # 034-0394) at 28.71,

Fig. 2. Representative SEM image of a 10Ni-10CeO, sample.
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Fig. 3. Sper (m*g ") from N,-physisorption.

33.26, 47.49, 56.53 and 77.21°. The diffraction peaks associated to NiO
were clearly recognized in all Ni-based samples. At a low content of Ni
(10 wt%), only a diffraction peak of NiO was detected at 37.3°. In
contrast, the diffraction peaks of NiO were remarked into the four
aforementioned angles at higher contents of Ni (=20 wt%).

In addition, XRD measurements were carried out in the reduced
samples. Ni was detected in all the XRD profiles. As it can be seen in
Fig. 4, the most intense diffraction peaks associated to metallic Ni phase
(ICDD file # 004-0850) were identified at 26 = 44.51, 51.84 and
76.37°. These peaks were especially recognized in the samples with a
high Ni content (=20 wt%). The crystallite sizes of Ni (dy;) were esti-
mated by the Scherrer's equation at 20 = 44.51° (see Fig. S4). The Ni
particle sizes were found in the nanometer range (< 23.30 nm). Particle
diameter can be related to the Ni content; higher nickel amount, higher
particle diameter.

The reducibility of Ni-based materials was studied by H,-TPR
technique. The most representative Ho-TPR profiles, ONi-0CeO,, ONi-
30Ce0,, 30Ni-0CeO, and 30Ni-30CeO,, are displayed in Fig. 5. For the
sake of clarity, other profiles can be found in Fig. S5. The similar pat-
tern of ONi-0CeO, and ONi-30CeO, confirm that neither the y-Al,03
support nor the CeO, promoter was reduced within the explored

< NiO (047-1049)
2 Ni  (004-0850)

©CeO, (034-0394)
<7-Al,0, (010-0425)

ity A& 10Ni-10CeO,)
B, . 2 10Ni-20Ce0,
] At o . . ,20Ni-10Ce0,
= 2
5 - Rt . 20Ni-20Ce0,
E’ . o
" . . 30Ni-0CeO,
30Ni-30Ce0,
1 1 1 1 L 1 -
20 25 30 35 40 45 50 55 60 65 70 75 80
20(°)

Fig. 4. XRD patters of reduced catalysts.
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Fig. 5. H,-TPR profiles of ONi-0CeO,, ONi-30CeO,, 30Ni-0CeO, and 30Ni-
30CeO, catalysts.

temperature range (T < 800°C). Thus, H,-TPR measurements in-
dicated that all peaks were generated because of the reduction of NiO to
Ni°.

According to previous works [45,46], the reducible NiO species
could be divided into three types: a, B and y. Interestingly, a-type NiO
species (200-350 °C), which corresponded to species with weak or even
no interaction with y-Al,O3 support, were only predominantly formed
when CeO, was added as promoter. The mild-temperature peaks re-
present B-type NiO species (350-600 °C), which showed stronger in-
teraction with the y-Al,O3 support. It is worth noting that the 30Ni-
30CeO; catalyst exhibited a large fraction of NiO that interacts weakly
with the support, leading to reduction peaks at 225, 291 and 465 °C. In
contrast, stronger-interacting NiO species were observed in the non-
promoted 30Ni-0CeO, catalyst, by showing reduction peaks at 320 and
500 °C. Finally, high-temperature peaks are typically assigned to y-type
NiO species (600-800 °C), which are ascribed to the stable nickel alu-
minate phase with the spinel structure. No y-type NiO species were
observed in any sample, most probably due to the low calcination
temperature used in the present work (450 °C).

The amount of H, consumed was estimated from the H,-TPR mea-
surements (see Fig. S6). In the studied temperature range
(T = 35-800°C), the obtained H, uptake was in the range of
0.071-0.165 mmol-g.a. ~'. As concerns to the effect of the promoter,
the introduction of CeO, clearly improved the catalyst reducibility. The
degree of reduction of most Ni-CeO, catalysts at 500 °C, compared to
the total uptake value at T = 800 °C, was between 59 and 69%. These
results were in agreement with XRD measurements, where diffraction
peaks associated to NiO phase were also identified in the reduced cat-
alysts. In the case of the high-loaded 30Ni-0CeO, sample, only 56% of
the H, was consumed at 500 °C. On the contrary, the addition of CeO,
greatly enhanced this percentage to 78% for 30Ni-30CeO,.
Accordingly, the availability of active nickel after sample reduction at
500 °C is much higher in the case of CeO,-promoted samples.

Ni-CeO,/y-Al,03 samples were evaluated on the production of SNG
by CO, methanation reaction. The reaction was carried out iso-
thermally in a temperature range of 250-350 °C, at atmospheric pres-
sure and 200 NmLmin~' of reactants (stoichiometric mixture).
Catalytic performances were evaluated by means of CO, conversion and
CHj selectivity. Besides CH,4 as the main product, only CO was observed
as reaction by-product (Sco < 3%). In all experiments, higher CO,
conversions (from 3.53 to 79.90%) and CH,4 selectivities (from 97 to
100%) were obtained as temperature increased up to 350 °C. Fig. 6
shows CO, conversion as function of reaction temperature over the
catalysts at the boundary limits of the systematic experimental design,
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Fig. 6. CO, conversion (%) of ONi-0CeO,, ONi-30CeO,, 30Ni-0CeO, and 30Ni-
30Ce0, catalysts as function of reaction temperature. Reaction conditions:
P = Obarg, F =200 NmLmin~ !, me, = 0.3g and H»:CO, molar ratio = 4.
Note: the obtained results for the ONi-30CeO, and ONi-0CeO, catalysts are
overlapped.

ONi-0CeO,, ONi-30CeO,, 30Ni-0CeO, and 30Ni-30CeO, catalysts. No
conversion was observed on ONi-0CeO, and ONi-30CeO, samples and
experimental results are overlapped in the graph. Therefore, it can be
concluded that the catalytic activity of y-Al,O; and CeO, for SNG
production is negligible and they both need the presence of Ni as the
active phase. In this sense, 30Ni-0CeO,, 30Ni-30CeO, catalysts, and the
rest of Ni-based catalysts (shown in Fig. S7) exhibited significant cat-
alytic activities. Among Ni-based samples, 30Ni-30CeO, catalyst was
clearly more active than 30Ni-0CeO,. Thus, the presence of CeO, as
promoter was clearly beneficial for the reaction.

The whole series of catalyst screening results are displayed in Fig. 7
as surface response form. It is clearly inferred that the presence of Ni
and CeO, improves the catalytic activity, in such a way that highly
loaded catalysts led to higher catalytic performances. However, the
catalyst with highest metal loading, 30Ni-30CeO,, was not the most
active and a maximum in catalytic performance was observed within
the limits explored. Therefore, the systematic experimental design
proposed in this study allowed to obtain a mathematical maximum
region of catalytic activity, in particular around 22-28 wt% of Ni and

30

25 4

20 +

15
Ni (wt. %)

Fig. 7. CO, Conversion (%) trend of the tested Ni-CeO, catalysts at 300 "C.
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15-25 wt% of CeO,.

For a better understanding of the maximum region of catalytic ac-
tivity, samples were further evaluated by CO chemisorption measure-
ments. As a rule, the increase of Ni content showed two opposite effects.
On one hand, it led to lower metal dispersion (Fig. $8). On the other
hand, the total metallic surface area was increased (Fig. 8) in such a
way that nickel was poorly dispersed at high-loading levels. Still, these
samples presented higher metallic surface area than low-loaded coun-
terparts did. In principle, the availability of Ni active sites for metha-
nation reaction is increasing with the total metallic surface area.
However, the addition of CeO, revealed an interesting effect on Ni
dispersion. At low loading-level, it favoured the dispersion of the active
phase (Ni). Indeed, the highest Ni dispersion was achieved by 10Ni-
10CeO, (4.05%). However, at medium- and high-loading levels of
promoter, the dispersion was reduced due to the substitution of some y-
Al,03 for CeO,. At high CeO, level, less surface area is available for
nickel to be dispersed. As an example, 30Ni-0CeO, is composed by 70%
of porous y-Al,03 (Sger = 160 m>g "), while the amount of support in
30Ni-30Ce0O, sample was reduced to 40% (Sggr = 120 m>g ™).

In parallel, microcalorimetry studies were carried out to quantify
the amount of CO, adsorbed at 35 °C, as an indirect indicator of sample
basicity. The amount of CO, adsorbed is shown in Fig. 9. From the
results, it was inferred that the amount of CO, absorbed on CeO, was
higher than that on y-Al,Os, statistically about 2.5 times more on the
promoter than on the micro-sphere support. At the far end, the amount
of CO, adsorbed at 35 °C by Ni was negligible. Concerning the heat of
adsorption, similar contributions were observed between promoter,
support and active phase (see Fig. §9). Microcalorimetry results sug-
gested that the role of CeO, is to increase the basicity of the catalyst
surface. According to Muroyama et al. [47], moderate basic sites are
one of the desired properties of Ni-CeO, catalysts for the CH4 produc-
tion from CO, methanation. Overall, the range of heat of adsorption
was at the moderate range of (—56.51)-(—64.80) kJ:molgo, ™. Other
factors, as hydrophobicity of the support, could be responsible for sig-
nificant enhancement on the catalytic performance. However, Bacariza
et al. found similar water interaction on Ce-promoted methanation
catalysts than non-promoted ones [48].

Catalytic results reported so far, together with catalyst character-
ization, revealed that a compromise between Ni, CeO, and y-Al,O3
content allows obtaining a suitable catalyst for the CO, methanation.
Firstly, Ni dispersion was higher at low loading levels. However, the
catalysts with higher Ni content presented higher metallic area, even
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Fig. 9. CO, adsorbed (mmolcoygear. ') from TGA-DSC.

though Ni dispersion level was lower. As Ni is the active phase for re-
action, higher metallic area was expected to enhance the catalytic
performance. On the other hand, the presence of CeO, in the system as
reaction promoter allows to enhance the reducibility of the catalyst, as
well as to increase the amount of CO, molecules adsorbed on the cat-
alyst. Finally, the presence of y-Al,O3 support on this system is fa-
vourable in terms of increasing the surface area and pore volume of
samples. An optimum balance between these effects seems to be found
around 25Ni-20CeO5.

3.2. Optimal formulation

Based on the previous results, the 25Ni-20CeO, catalyst was pre-
pared and its catalytic performance was evaluated. Table 1 lists the CO,
conversion of 25Ni-20CeO, at 300 °C and samples with similar com-
position, namely 20Ni-20CeO, and 30Ni-30CeO,. Selectivity to me-
thane resulted to be 100% in these samples. Catalytic performance as a
function of the temperature can be found in Fig. S10. Results confirmed
the catalytic performance predicted from the surface area response.
25Ni-20CeO,  catalyst exhibited higher catalytic  activity
(Xcoz = 67.94% with Scys = 100%) than samples with slightly higher
or lower metal loading, and much higher activity than the rest of pre-
pared catalysts for the catalytic screening. The classic definition of a
promoter in catalysis is a substance that is added in small amounts to
improve its properties; for instance, activity, selectivity and/or stabi-
lity. In this sense, previous studies reported the use of CeO, as promoter
with 2-3 wt% [37-39]. Therefore, the optimal formulation found in this
work (20 wt% of CeO, as promoter) highly contrasts with those pre-
viously reported and the classic definition. In any case, the catalytic
improvement should balance out the higher material costs.

Table 1

Catalytic activity of 20Ni-20CeO,, 25Ni-20CeO,
and 30Ni-30CeO,, catalysts: Reaction conditions:
T =300°C, P=0barg, F=200 NmLmin ’,
Mg, = 0.3 g and H,:CO, molar ratio = 4.

catalyst Xcoz
(%)
20Ni-20Ce0 58.04
25Ni-20Ce0, 67.94
30Ni-30Ce0, 54.52
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Analogously, the benefits of using CeO, as porous support in 50-90 wt
%, instead of y-Al,O3, should counterweight the economic impact on
the material manufacturing [32,35].

The highest catalytic activity of 25Ni-20CeO, was attributed to the
synergistic effects achieved when the content of all species is optimized.
In this sense, 25Ni-20CeO, exhibited the highest values of metallic
surface area, and similar degree of reduction and CO, adsorbed (see
Table 2). As for CO, adsorbed, counterintuitive results were observed.
Although 30Ni-30CeO, was the sample with the highest CeO, content,
it presented less basicity — less CO, adsorbed and heat of adsorption.
This behaviour may be caused by two effects: on the one hand, CeO,
dispersion and metallic surface area may behave like Ni, showed a
maximum of the latter. On the other hand, CO, adsorption on y-Al,O5 is
much higher than that of Ni, whose content decreased sharply as the
content of Ni and CeO, increased to 30 wt%. In general, a high metallic
surface area is beneficial for the reaction. This property is achieved by
an optimum balance between the presence of support and metal species
(Ni and CeO,). At high metal loading, Ni is poorly dispersed, as no
support is available. At low loading, Ni is appropriately dispersed but
there is lower Ni amount. On the other hand, the presence of CeO, in
the system as reaction promoter enhances the reducibility of the cata-
lyst and improves the interaction of CO, molecules with the catalyst.

In order to compare the catalytic results of the optimal formulation
with literature values, the influence of the pressure, GHSV and time-on-
stream was tested on 25Ni-20CeO,, catalyst. The effect of the pressure
was evaluated up to 10 bar'g, at a isothermal temperature of 300 °C, a
GHSV of 36,000h " and using a stoichiometric H,:CO, molar ratio of
4. Fig. 10 shows the effect of the pressure on CO, conversion and se-
lectivity over 25Ni-20CeO,, catalyst. Within the tested pressure range,
CH,4 selectivity was close to 100%, whereas CO, conversion was in-
creased from 68 to 94% by the effect of the pressure. This fact was a
consequence of both favourable kinetics and thermodynamics at higher
pressure. However, the increasing effect was more pronounced at low
pressures than higher ones. CO, conversion was only increased by 2%
from 5 to 10 bar-g. This slight improvement on the conversion cannot
justify the capital and operational cost to double the pressure of the
whole methanation plant. Accordingly, 5 bar-g was further considered
as reaction pressure by the proposed catalyst.

The promising 25Ni-20CeO, catalyst was additionally tested in the
range of GHSV = 4500-54,000h ! and P = 0-5bar.g, at T = 300 °C,
and a H,:CO, molar ratio = 4. Experiments at different pressure and
GHSV favour the comparison of the proposed Ni-CeO, catalyst with
literature values. At these conditions, CHy selectivity was always equal
to 100%. As expected, CO, conversion decreased with the increase of
the GHSV. For industrial applications, the catalyst mass and the re-
actants flow should be carefully adjusted to obtain the desired con-
version.

As it can be observed in Fig. 11, the activity of the proposed 25Ni-
20CeO, catalyst seems superior than most of reported values of Ni-CeO,
catalysts at similar reaction conditions (T = 300-400°C, H:CO,
molar ratio = 3.5-4, GHSV = 4,000-43,000h~ " and P = 1-30 bar-g).
At atmospheric pressure, similar results were obtained by 20Ni-3CeO,/
v-Al,03 and by 10Ni/CeO, samples. Tada et al. [32] proposed a system
in which the porosity is induced by 90 wt% of CeO,, which is more
expensive than y-Al,03. From an economic point of view, the advantage
of the 20Ni-3CeO, proposed by Nie et al. [39] is the significant re-
duction of metal amount. They achieved uniformly dispersed Ni na-
noparticles by co-impregnation with citric acid. However, it is im-
portant to note that these two interesting research catalysts were
prepared in powder form and they cannot be used directly on industrial
applications. In contrast, the system proposed in this study is ready to
be used in micro-structured reactors. Lastly, under moderate pressure,
the Ni-Ce-Zr material [35] exhibited lower activity than the material
proposed in this work at 5 bar-g, and it showed signs of deactivation at
150 h of reaction. Overall, the optimal catalyst formulation presented in
this work outstands among those reported in the literature.
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Characterization data of the mesoporous 20Ni-20CeQ,, 25Ni-20CeO, and 30Ni-30CeO, catalysts.

Catalyst Composition (wt%) Sger Metallic surface area Degree of reduction CO; adsorbed Heat of adsorption
Ni CeO, m*g™ ") m*g™") (%) mmol CO»g car.” —kJmolgos ™!
20Ni-20CeO, 18.9 20.6 139 3.24 62.87 0.28 64.80
25Ni-20CeO, 26.1 20.8 131 5.13 78.90 0.29 65.34
30Ni-30Ce0, 27.4 31.3 120 1.23 78.18 0.23 56.51
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Fig. 11. Comparison of catalytic activity for the CO, methanation over Ni-CeO,
based catalysts. Reported catalysts at 1atm, 5atm*, 3MPa**, and 5 bar-g***:
A**%)20Ni/55¢-Al,04-15Zr0,-15Ti0-15Ce0, [32], B)10Ni-2.5Ce0,/y-Al,05
[38], C)20Ni-3Ce0,/y-Al,05 [39], D)10Ni/CeO, [32], E)15Ni-3Co/Ce0,Zr0O,
[33], F)15Ni-2Ce0,/y-ALO; [37], G)1ONi/CeO,-ZrO, [34], H**)10Ni/
Ceo 5210502 [36] and 1%)5Ni/CeZr(60-40) [35].

The stability of the optimized 25Ni-20CeO, catalyst was evaluated
at 300 °C and 5 bar-g. The same test was also carried out using a com-
mercial reference catalyst (METH® 134). Fig. 12 shows the CO, con-
versions as a function of time-on-stream during 120 h. At first sight, it
can be inferred that the activity of 25Ni-20CeO, was much higher
(90.5%) than the commercial reference (64%). As concerns to the cat-
alyst stability, both systems were stable within the explored time in-
terval. However, in the case of the commercial reference, a slightly
reduction of 3% activity after 3 days of reaction was observed. No

120

Fig. 12. Lifetime testing comparison of 25Ni-20CeO, and METH® 134 catalysts.
Reaction conditions: T = 300°C, P = 5bar-g; GHSV = 36,000h ™%, mc,.
0.38, pear. = 0.9 gmL ™" and H,:CO, molar ratio = 4.

activity loss was observed in the case of the 25Ni-20CeO, catalyst.
Furthermore, the proposed 25Ni-20CeO, catalyst exhibited a higher
productivity (reaction rate) by nominal Ni content (6.46
molcosconvh " ™gni™')  than  the commercial catalyst (5.19
molcozconvh ™ gni ~1), indicating an improvement of approximately
25% for this catalyst at the same conditions that can be attributed to the
presence of high amounts of CeO,.

The spent catalysts were further evaluated through SEM-EDX and
XRD measurements. Characterization data was summarized in Table 3.
No relevant changes in the elemental composition after reaction were
observed, with respect to reduced catalysts. However, new diffraction
peaks were noticed in the XRD profiles (see Fig. S11) of the used cat-
alysts. A characteristic peak linked to CeAlO; phase was identified for
the used 25Ni-20CeO, and some new peaks related to CaO and CaCO3
phases were recognized for the used commercial catalyst. In addition,
XRD measurements revealed that the average Ni crystallite size of the
used catalysts increased by 8.3% and 38.9% for Ni-CeO, and com-
mercial, respectively. Therefore, the slightly activity decay of the
commercial catalyst can be related with sintering of Ni particles.

Table 3
Characterization data of used catalysts.
Sample State Elemental composition [wt%] dy; [nm]
Ni CeOy Ca 20 = 44.51°
25Ni-20CeO, Fresh” 26 * 1 21 1 - 22
Used” 26 + 1 21 %1 - 24
METH® 134 Fresh” 21 =1 - 4x1 11
Used” 21 =1 - 5+ 1 18

# In reduced form.
b After 120 h of reaction.
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4. Conclusions

A series of ternary catalytic systems based on different contents of
Ni as active phase, CeO, as promoter and y-Al,O3 micro-spheres as
support was systematically studied in order to obtain the optimal
composition for the CO, methanation reaction. A proper compromise
between the positive effects of each component of this ternary system is
found when 25 wt% of Ni and 20 wt% of CeO, were impregnated on y-
Al,O3. The presence of the optimal content of y-Al,O3 support in this
system is favourable in terms of surface area, pore volume and therefore
availability for proper metal dispersion. As Ni is the active phase for
reaction, high metallic surface area enhances the reactivity. On the
other hand, the presence of optimal CeO, content in the system as re-
action promoter enhances the reducibility of the catalyst and improves
the interaction of CO, molecules with the catalyst. In summary, the
optimal catalytic activity of the 25Ni-20CeO, is mainly attributed to the
metallic surface area, nickel reducibility and the formation of moderate
basic sites for CO, adsorption.

The proposed optimum content covers the gap between the classic
definition of promoter addition in low amounts and its use as bulk
support. In comparison with literature values of similar Ni-CeO, cata-
lytic systems, the catalyst proposed in this study exhibits higher initial
activity for SNG production. Therefore, the use of CeO, as bulk support
seems unnecessary due to its higher costs. In addition, the stability of
the catalyst is not altered with time on-stream, at least up to 120 h. In
contrast with reported Ni-Ce systems, the catalyst is synthesized with
the proper particle size and it can be directly implemented in compact
micro-structured reactors that are now available on the market.
Therefore, the optimum formulation presented in this work is a com-
petitive, active and ready-to-use catalyst in the methanation of CO,.

Abbreviations and symbols

Symbol Unit Denotation

d, [um] Particle diameter catalyst

AGaosk [kJ-mol ~1] Gibbs free energy of methanation

AHj9g¢° [kJ-mol '] Enthalpy of methanation

P [bar-g] Pressure

H & [cl Temperature

GHSV ™11 Gas hourly space velocity

Mear, [g] Catalyst mass

Peat [gmL~ "] Apparent bulk density

F [NmLmin~']  Volumetric flow rate

dyi [nm] Ni particle size

A [mm] X-ray wavelength

o [l Bragg angle

Xco, [%] CO, conversion

Feo, . [mol'min~'] Molar flow rate of CO, at the reactor inlet

Feo, o [mol'min~"] Molar flow rate of CO; at the reactor outlet

Scn, [%] CHy4 selectivity

Few, . [mol'min~'] Molar flow rate of CH, at the reactor inlet

Fen, .., [mol'min '] Molar flow rate of CH, at the reactor outlet

Feo,,. [molmin~']  Molar flow rate of CO at the reactor outlet

Sper [m*g~1] BET surface area

Voo [em*g 1] Pore volume

a,Bpandy [-] Reducible NiO species types

B The full width of the diffraction line at half maximum
(FWHM)

Abbreviation ~ Denotation

SNG Synthetic natural gas

SEM Scanning electron microscopy

EDX Energy dispersive X-ray spectrometer

BET Brunauer-Emmett-Teller

BJH Barrett-Joyner-Halenda

XRD X-ray diffraction

1CDD International centre for diffraction data

TCD Thermal conductivity detector

H,-TPR Hydrogen-Temperature programmed reduction

TGA-DSC Thermogravimetric analysis and differential scanning calorimetry
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In the previous chapter, an optimized ternary catalytic system composed by 25 wt.%
of Ni as active phase, 20 wt.% of CeO2 as promoter and 55 wt.% of micro-sized y-
Al203 spheres as support was proposed for the production of synthetic natural gas.
As it was revealed, the synergic effects produced between the optimum Ni, CeOzand
v-Al203 contents allowed that the CeO2 promoted Ni/y-Al203 catalyst achieved a high
catalytic performance (Xco2>90% and Scns=100%) with high stability during the 120
h of the experimental test. Despite promising results at the tested moderate reaction
conditions (T=300 °C, P=5 bar-g, GHSV=36,000 h, and H2/CO> molar ratio=4),
special attention in the deactivation of the optimized catalyst in a more real
environment is required for its technical implementation.

As it was discussed in Chapter 1 section 1.1.5 and 1.3, reactor technologies available
to carry out CO2 methanation process in industrial power-to-gas applications are
operated under adiabatic, isothermal, and polytropic (hon-isothermal) conditions with
temperature profiles up to 500 °C. These high temperatures not only limit the
equilibrium conversion during the process but also lead to thermal degradation of the
metallic particles, causing a decrease of the catalyst activity. This physical
deactivation process is also known as sintering and represents the loss of the active
surface area of Ni-based catalysts as a result of the agglomeration of smaller particles
to form larger crystals.

In addition to thermal degradation caused by high temperatures, Ni-based catalysts
can be easily deactivated by poisoning if the industrial CO2 methanation processes
are fed by COz-impurities derived from carbon sources, such as cement industry,
biogas from waste or simply captured from air. Most CO2 feedstocks contain traces of
impurities of Oz, N2, siloxanes, VOCs and HzS. The latter is considered as the most
severe nickel poison for because sulfur compounds are strongly chemisorbed on the
metal surface.

The lifetime of active CO2 methanation catalysts may be reduced to only a few months
or weeks because of high temperatures and small ppm quantities of sulfur
contaminants. Therefore, further research on the deactivation by sulfur poisoning of
CeO:2 promoted Ni/y-Al203 catalysts at relevant industrial environments is necessary.

In this chapter, two papers are presented, which are focused on:

e The catalytic stability evaluation of the catalyst using high temperature and
H2S impurities in order to identify the role and effects of CeO2 on governing
the poisoning mechanism.

e The scale-up of the micro-sized Ni-CeO2/y-Al203 catalyst and its catalytic
performance evaluation at pilot plant scale to demonstrate its technical
implementation on advanced microstructured reactors.
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3.1. Higher tolerance to sulfur poisoning in CO, methanation by the
presence of CeO:

The aim of this work was to identify the role of CeO: into the poisoning mechanism of
the optimized Ni-CeO2/y-Al203 catalyst. High temperatures (T=500 °C) and the
presence of H2S impurities (<1-5 ppm) were selected to evaluate its catalytic
performance at harsh conditions, representative of the initial position of the catalyst
inside the reactor.

The catalyst preparation of the optimum proposed formulation (25 wt.% Ni, 20 wt.%
CeO2 and 55 wt.% y-Al203) was scaled-up to a batch of 50 g. As in previous work, the
simple and cost-effective wet impregnation method was used for the catalyst
synthesis. In this case, a weight ratio H20:Al203=3 was used to guarantee the
reproductivity of the optimized Ce promoted Ni/y-Al20z catalyst. With the aim of
assessing the specific effect of the promoter, a non-promoted Ni catalyst with similar
active phase content (25 wt.% Ni) was also synthetized.

The catalytic activity of both catalysts was tested for 142 h under a systematic
procedure to verify their catalyst deactivation (see Figure 3.1). At the high temperature
of 500 °C, the promoted catalyst, named as Ni-CeO2, showed excellent stability (close
to 100%) with respect to non-promoted Ni catalyst (close to 40%). On the contrary,
the addition of 1 ppm of Hz2S caused the deactivation of both catalysts. However, the
activity of the Ni-CeO:2 catalyst (close to 25%) was higher than the Ni catalyst (close
to 10%).

100
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| C500 °C
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Figure 3.1. COz conversion (%) vs. 142 h time on stream at 250 and 500 °C, 5bar-g,
F=200 mL-min~*, H2/CO2 molar ratio=4 and 1 ppm of HS.
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To analyse the structure-activity relationships, the characterization of the catalysts in
their three states: fresh, used and used after H2S poisoning was performed. EDX
analysis revealed the presence of sulfur impurities in the catalysts. XRD, TEM and
CO-chemisorption analysis evidenced that the unaltered stability of the Ni-CeO:2
catalyst was due to the strong metal-promoter interaction. The favourable formation
of nanocomposite between Ni and CeO: particles was detected. In contrast, the rapid
deactivation of Ni catalyst was associated with the thermal degradation of Ni particles
(sintering), since nickel leaching and carbon deposition were negligible, as confirmed
by SEM and TPO. The modification of textural properties detected by N2z-physisorption
for both used catalysts was associated with thermal degradation of either CeO: for Ni-
CeO: catalyst or Ni particles in Ni catalyst.

The formation of sulfide species in both U-H2S catalysts were identified through the
crystallographic planes from HRTEM images. For Ni catalyst, its deactivation in
presence of H2S impurities was associated with the formation of nickel sulfide (NiS).
In contrast, the higher catalytic activity achieved for the CeO2 promoted catalyst can
be explained by the favourable formation of cerium oxy-sulfide (Ce20-S), as it can be
observed in Figure 3.2. This sulfide specie restricted the formation of nickel sulfide,
helping thereby to maintain the catalyst stability. These results allowed to confirm the
role of CeO: for increasing the sulfur tolerance by the formation of species that
counteract the poisoning of Ni actives sites.

0.347 nm 0.312 nm

Figure 3.2. HRTEM: Lattice-fringe analysis and Fourier Transform (FT) imaging of the Ni-
CeOz2 (U-H2S) catalyst.

The previous findings were further confirmed by DRIFTS measurements. On the basis
of these results, a reaction mechanism scheme under Hz2S poisoning for the Ni-
CeO2/y-Al203 was also proposed. It was detected that the methane production at the
high temperature of 500 °C proceeds preferentially via formate dissociation followed
by hydrogenation of the adsorbed CO on the available Ni sites, which were prevented
by the favourable formation of Ce20.S.
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3.2.  Pushing the limits of SNG process intensification: High GHSV

operation at pilot scale

In the second work, the aim was to evaluate the technical implementation of the micro-
sized catalyst on an advanced microstructured reactor technology at pilot plant scale,
in which H2S impurities could be present as industrial biogas was used.

The scale-up of micro-sized catalyst was performed using the same catalyst
preparation procedure of the previous work, i.e. 50 g of catalyst was manufactured by
batch for its implementation. The SNG production over the optimized catalyst
formulation was carried out using renewable Hz produced from an alkaline electrolysis
(37 kWhe) of tap water and two different carbon sources, such as biogas (46% CO:
and 54% CHg4) from an anaerobic digestor and CO2 (99% CO:2 and 1% CHa4) released
by the upgrading unit. Sulfur impurities were removed and undetectable, but not
negligible (H2S<0.1 mg-Nm®), during the whole experimental campaign.

The methanation pilot plant shown in Figure 3.3 was designed for a net SNG
production of 1.5 Nm3-h at mild pressure conditions (<10 atm). The thermocatalytic
process consisted of a 2-step synthesis unit, including gas pre-heating, catalytic
reaction and water condensation. A total catalyst amount of 105 g was implemented
on the microstructured reactors developed by KIT and delivered by INERATEC. The
first reactor was filled with 60 g of the optimized catalyst, while the second with 45 g.
In both reactors, silicon carbide with similar size particles was used to dilute the
catalyst. The used catalyst amount was adjusted in accordance with the obtained
results of the experimental study previously performed at KIT, using a lab-scale
microstructured reactor.

~ =~ | 298% CO,

Upgrading unit

DF'215 I:I

Case A

CaseB

Microstructured Microstructured

reactor 1 Condenser

Condenser
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0.54 CH,
[ & &
295% CH,
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Water Water
Electrolyser
Bi Water
10gas purification
cleaning
) S~—
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digestor

Figure 3.3. Process flow diagram of the methanation pilot plant.
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The experimental campaigns were focused on the evaluation of the pressure (P=1-10
bar-g), gas hour space velocity (GHSV=19,442-37,500 h'') and carbon feedstock
(upgraded CO: or biogas) effect on the product gas composition. The results revealed
that pressure, GHSV and carbon feedstock have a relevant impact on product gas
composition. The desired gas quality (CH4>92.5%, H2<5% and C025£2.5%) in the 2-
step process using the upgraded CO: stream can be obtained at the maximum plant
capacity (37,500 h?), with moderate pressure (P=7 bar-g) and decreasing
temperature profiles (T=450-275 °C), as it can be observed in Figure 3.4. In contrast,
very low pressures (<3 bar-g) were not positive for SNG production (CH4<92.5%). CHa4
selectivity of 100% was achieved in all the experiments.

475 e

450 '\ : ]

425 - - g .

200 4 o i reactor 2

>~
375 reactor 1 \ .

350 A B

325 -] \ i

300 - .
275 J

250 T 1 - 1 T T T T T T T 1 T T T 1
0.1 02 0.3 0.4 0.5 0.6 0.7 0.8 0.9

length (-)

Temperature (°C)

Figure 3.4. Temperature profile along the reactors during CO2 methanation at GHSV=37,500
h™*and P =5 bar .

On the other hand, GHSV and carbon feedstock effects (see Figure 3.5) suggested
that the proposed process can operated at GHSV values as high as 31,500 h* using
almost pure COz and 37,500 h! using biogas as carbon source. In both cases, 5 bar-g
was selected since it is the minimum pressure for direct gas grid injection purposes.
Methanation of biogas is beneficial in terms of process intensification as lower reactor
volume is required. Compared to commercial process of refence (Audi e-gas plant),
this represents a reduction of 4 times the volume.
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Figure 3.5. Maximum GHSYV values to meet gas grid requirements as a function of the pressure
and the carbon dioxide stream.

Catalyst deactivation by a displacement of the position of the maximum temperature
toward the reactor outlet or by a decrease of the CH4 content at the reactor outlet
were not evidenced during the 2000 h of experimentation. According to the post-
mortem catalyst analysis, negligible changes in the elemental composition between
the fresh and spent catalyst were detected by EDX. Therefore, the implementation of
the micro-sized catalyst on the industrial-scale two-stage microstructured reactor
system was demonstrated.
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This study investigates the deactivation mechanism of CeO,-promoted catalyst for the CO, methanation reac-
tion. The catalytic performance was 1 d at high perature (T = 500°C, P = 5barg) and under the
presence of unfavourable H,S impurities (1-5 ppm). The thermal stability of the CeO,-promoted catalyst was
excellent, while the non-promoted sample suffered from nickel sintering. In contrast, the presence of H,S was
detrimental for both catalysts. The tolerance to H,S of CeO.-promoted sample was higher; keeping one third of
the initial catalytic activity under continuous addition of H,S. The identification of crystallographic planes as-
sociated with Ce,0,S phase (HRSTEM) evidenced that the addition of CeO, to nickel catalyst minimized the
formation of non-active NiS sites. This finding was further confirmed through DRIFT spectroscopy since for the
Ni-CeO,/y-Al,03, methane formation derived from formate dissociation was followed by hydrogenation of the

adsorbed CO on the remaining available active sites.

1. Introduction

The implementation of innovative storage technologies that in-
tegrate the electricity excess derived from unpredictable renewable
energy along with CO, exploitation have attracted increasing attention
in recent years. Apart from being a greenhouse gas, CO, is also an
abundant and inexpensive chemical feedstock. Its valorization is crucial
for enhancing flexibility in future energy systems and for progressing
toward a low-carbon-emission society able to counteract the climate
change effects. A potential route for absorbing renewable electricity at
times of excess supply and to provide backup energy at times of excess
demand is the Power to Gas concept [1]. The first step in the process is
the production of hydrogen (H>) from renewable power through water
electrolysis. The second stage is the catalytic reaction between renew-
able H, and CO, to produce methane (CH,), the so-called CO, metha-
nation process [2-4]. The atmosphere, cement industry or biogas plants
are feasible carbon dioxide sources for its exploitation. The produced
renewable methane can be injected into the natural gas pipeline net-
work or directly applied in the principal sectors where fossil fuels are
still in use [5].

The catalytic Sabatier reaction (Eq. 1) is highly exothermic and
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hence thermodynamically favorable at low temperatures (< 300-
350°C), under high pressure (> 10-20barg), and using a stoichio-
metric ratio of Hy/CO, = 4 [6,7]. Since CO, methanation process is
often considered a combination between endothermic reverse water gas
shift (RWGS) reaction (Eq. 2) and exothermic CO methanation reaction
(Eq. 3), its operation at high temperatures is not recommended because
RWGS reaction reduces CH, selectivity in favour of carbon monoxide
(CO) [7]. Nevertheless, the main limitations involved at low tempera-
tures are related to the reaction kinetics, making the design of active
catalysts essential for its competent implementation and for the process
intensification. Heterogeneous catalytic systems based on Ru, Pd or Ni
supported on Al,O3 [8-10], SiO, [11], CeO, [12,13], TiO, [14], ZrO,
[15], MCM-4 [16], Co304 [17], Laz03 [18],Y- and BETA-Zeolites [19],
core-shell Ni-Al@Al,05 [20], or a combination of them [21], are the
most widely studied for this reaction. Among them, Ni-based catalyst
supported on Al,O; are the most common at industrial scale due to their
valuable catalytic activity per unit cost [22]. However, the main
drawback of such catalysts is the initial loss of activity and even de-
activation due to the aggregation of catalytic Ni particles produced by
the exothermic nature of Sabatier reaction (unpredictable formation of
hot spots).
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CO, + 4H, < CH, + 2H,0  AHay = —165kJemol™! 1)
CO, + H, & CO + H,0  AHyg = +41kJemol™! (2)
CO + 3H, & CH, + H,0  AHjge = —206 kJ-mol? 3)

Sintering generally occurs at high temperatures (> 500 °C) by migra-
tion of metal atoms that eventually grow to metal crystallites, which
affects detrimentally the metal particle size distribution and the active
catalytic surface area. Such undesired phenomenon is known to be
boosted by the presence of water vapor [23]. Hence, the catalytic
performance of Ni-based catalysts is strongly influenced by the size of
catalytic particles and their structure since the loss of activity can occur
by physical aspects associated with the thermal degradation of the ac-
tive metallic particles [24,25]. A similar conclusion has been claimed in
a recent CO, methanation study over co-precipitated Ni-Al samples,
where the main causes of deactivation were the Ni sintering and the
decrease of medium basic sites. The depletion of CO, adsorption ca-
pacity was induced by structural changes and a loss of BET surface area
[26].

Besides, deactivation by poisoning is another great challenge since
Ni-based catalysts are very sensitive to impurities inherently present in
the CO, stream, e.g. biogas, flue gas or atmosphere [27]. As reported by
Muller et al. [28], the most significant deactivation of a Ni/SiO, cata-
lyst occurs when sulfur impurities are present in the feedstream. Other
compounds such as oxygen or nitrogen show less negative or negligible
effect on the catalyst stability. Another study [29] concluded that cat-
alyst poisoning can be caused even by traces of H,S as all sulfur in-
troduced to the reactor is retained by the Ni catalyst. Recently, Wolf
et al. [30] inferred that the stability of nickel catalysts against sulfur
poisoning (H,S or SO,) depends on the available Ni surface atoms.
Accordingly, the key factor to increase sulfur tolerance - the activity of
the catalyst at saturation coverage of poison - is to maintain the nickel
surface area.

The addition of promoters to Ni-based catalysts is considered a
plausible alternative to prevent physicochemical deactivation. It is well-
reported that the presence of CeO, can enhance the catalytic perfor-
mance as a result of the presence of moderate basic sites and due to its
redox properties [31]. CeO, promoted Ni catalysts have shown sig-
nificantly improved sintering and coking-resistance for CO methanation
[32] and dry reforming [33-36]. Properly designed Ni-CeO,/Al,03
catalysts can prevent sintering because CeO, acts as physical barrier to
restrain the growth of nickel particles. In addition, CeO, presence in-
hibits coke formation by increasing the supply of active oxygen species
on the nickel surface. Recent findings on solid oxide fuel cells [37-40]
revealed that the presence of CeO, also improves the sulfur resistance of
the Ni/YSZ anodes. With regards to CO, methanation, we recently re-
ported that, at low temperature (T = 300 °C) and under 0.4 ppm of H.,S,
the addition of rare earth oxide promoters (as CeO, and La,O3) leads to
prevention of typical Ni catalyst deactivation by sintering and sulfur
poisoning [41]. Besides, Gac et al. [42] also reported that ceria im-
proves sulfur tolerance at high temperature (T = 475 °C) since it may
facilitate transformation of CO, to suitable intermediates and change
the course of catalysts deactivation. However, to the best of our
knowledge, the specific role of CeO, on sulfur tolerance of catalysts
applied to CO, methanation process has not been elucidated yet from a
mechanistic point of view. Studies on the desulfurization of biogas
using solid oxide fuel cells [43] suggest that CeO, acts as an oxygen
storage in desulfurization by the formation of CeO,S, phases. This
scenario might be altered by the presence of Ni, Al;03, and other CO,
methanation involved species due to synergic effects and to the for-
mation of other intermediates. Therefore, further research on the de-
activation by sulfur poisoning of CeO, promoted Ni-catalysts applied to
the CO, methanation at high temperature, especially at industrially
relevant conditions, is necessary.

In this context, the aim of this work is to study the role and effects of

80

Applied Catalysis B: Environmental 263 (2020) 118346

CeO, on governing the poisoning mechanism of an optimized Ni-CeO,/
y-Al,O3 catalyst for the CO, methanation process. The catalytic activity
is explored at high temperature (T = 500 °C) in absence and presence of
H,S impurities (1 ppm) for 142h and compared to a Ni-based non-
promoted catalyst. The relations between structure and catalytic ac-
tivity are assessed and linked by detailed characterization studies. In
light of the results obtained, a sulfur poisoning mechanism over the Ni-
Ce0./y-Al,05 catalyst is proposed.

2. Experimental
2.1. Catalyst preparation

Catalysts were prepared by wet impregnation method using y-Al,O5
commercial support in shape of microspheres with particle diameters d,,
= 450-500 pm (Saint-Gobain NorPro); and salt precursors of nickel (1)
nitrate hexahydrate [Ni(NO3)26H20] (98% purity, Alfa Aesar), and
cerium (III) nitrate hexahydrate [Ce(NO3)36H,0] (99% purity, Fluka).

In the impregnation of 50 g-batch, an aqueous solution was firstly
prepared with the respective salt precursors and distilled water. A
weight ratio H,0:y-Al,O3 = 3 was used to guarantee the total dissolu-
tion of the salt precursors at room temperature. Secondly, y-Al,O3
support pre-dried at 105 °C overnight was incorporated to the aqueous
solution and mixed in a rotary vacuum evaporator at constant stirring
(25 rpm) and room temperature for 1 h. Afterwards, most of the liquid-
phase was evaporated in the same equipment at T = 85°C and
P = 0.8 bar during 6 h. The recovered material was then dried at 105 °C
in an atmospheric oven overnight. Lastly, the catalysts were calcined at
450 °C for 30 min using a heating ramp of 1 °C-min~".

The catalyst composition was selected according to our previous
study [44] on the optimum formulation: 25 wt. % of Ni as active phase,
20 wt. % of CeO, as promoter and 55 wt.% of y-Al,O5 as support. In
addition, a non-promoted catalyst was synthetized with analogous Ni
content (25 wt. %) for comparison purposes. Hereinafter, the terms Ni-
CeO, and Ni will be used to refer to these catalysts. Characterization of
the catalyst samples was carried out before reaction referred as fresh,
and after reaction, referred as used (U) or (U-H,S) when H,S impurities
were introduced in the feed.

2.2. Catalyst characterization

Hydrogen temperature programmed reduction (H,-TPR) experi-
ments were conducted in an automated chemisorption analyzer
(Autochem HP-Micromeritics). A total calcined catalyst mass of 70 mg
was loaded in a quartz tube and kept under constant flow of
50 NmLmin ! of 12vol.% H, in Ar. The temperature increased from
35 to 800 °C using a heating ramp of 10 °C- min ~*. The H, consumption
was measured with a thermal conductivity detector (TCD). Before the
detector, the gas flow was passed through a cold trap (composed of ice
and NacCl) to condense the water generated during the experiment. The
amount of reduced NiO to Ni® was calculated by integrating the re-
duction peaks in the H,-TPR profiles and expressed as percentage of
consumption to reduce the Ni species in the catalysts.

N»-physisorption (adsorption/desorption) measurements were de-
termined at liquid nitrogen temperature using an automated TriStar II
3020-Micromeritics analyzer. Prior to measurements, fresh, U and U-
H,S samples were degassed at 90 °C for 1 h, and then at 250 °C for 4h in
a FlowPrep 060-Micromeritics. Brunauer-Emmett-Teller (BET) method
was used to calculate the BET surface area for a relative pressure
(PP, D) range of 0.05-0.30. Furthermore, Barrett-Joyner-Halenda
(BJH) method was applied to desorption branch of the isotherms to
determine the average pore size and the total pore volume, which was
calculated from the maximum adsorption value at PP, * = 0.999.

SEM micrographs and elemental composition analysis of the fresh, U
and U-H,S samples were obtained using a scanning electron microscopy
(SEM, Zeiss Auriga 60) equipped with energy dispersive X-rays
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spectroscopy (EDX, Oxford Inca Energy). Prior to EDX analysis, cata-
lysts were crushed and fixed over a holder using carbon tape. The
chemical composition was expressed as the average over ten measure-
ments on individual particles for each powder sample. The elemental
analysis was restricted to Ni, Al, Ce, O and S to avoid inconsistent re-
sults. Transmission electron microscopy (TEM) and high-resolution
scanning transmission electron microscopy (HRSTEM) analysis were
conducted using a 200 kV JEOL JEM-2100F field emission microscope
equipped with a Gatan Ultrascan CCD camera and EDAX Genesis EDS
detector. The powder samples were dispersed by ultrasound in iso-
propanol. Suspension drops were deposited on a holey carbon-coated
copper grid of 300 mesh (Agar Scientific Ltd., Essex, UK) and then dried
in air. The particle size distribution of metallic supported particles on
Al,03 was obtained by individual image analysis of approximately 800
particles for each solid sample using the software Gatan Digital
Micrograph.

X-ray diffraction (XRD) patterns were collected within the 20 range
20-80° in a Bruker type XRD D8 Advance A25 diffractometer using a Cu
Ka radiation (A = 1.5406 ;\), a voltage of 40 kV, a current of 40 mA and
a step size of 0.05° (with 3 s duration at each step). The average crystal
sizes of the metallic nickel (Ni®) and cerium oxide (CeO,) were esti-
mated using the Scherrer’s equation at 26 = 44.50° for Ni (111) and
47.36° for CeO, (220): D= (KA/BCos®O), where A is the X-ray wave-
length, B is the full width of the diffraction line at half maximum
(FWHM), and © is the Bragg angle.

CO-Chemisorption was performed on the same chemisorption ana-
lyzer (Autochem HP-Micromeritics) used for Ho-TPR. Before measure-
ments, the fresh, U, and U-H,S catalysts (ca. 50 mg) were reduced using
50 NmLmin ™" in a 12 vol.% Hy/Ar flow at 500 °C for 3 h and a heating
ramp of 1°Cmin~"'. Then, CO-Chemisorption was measured at 35 °C
under a 10 vol.% CO/He flow. CO pulses were periodically introduced
until saturation was reached. Nickel metal surface area and dispersion
were calculated assuming the stoichiometric factor for CO to Ni equal to
unity [41], atomic weight of 58.71, atomic cross-sectional area of
0.0649 nm?” and density of 8.90 g-cm ™.

Temperature programmed oxidation (TPO) analysis of the fresh, U
and U-H,S catalysts for evaluation of carbon deposition were carried
out in a thermal analyzer (Sensys evo TG-DSC, Seratan).
Approximately, 30 mg of sample was placed at 35 °C for 30 min in N,
flow (20 N mL-min ') to remove water. Then, the N, flow was switched
to Air and the temperature was increased to 700 °C using a heating
ramp of 5°C-min~?, and kept for 3h.

In-situ diffuse reflectance infrared Fourier transform (DRIFT) spec-
troscopy was used to evaluate the nature of the species formed on the
surface of fresh and U-H,S catalysts. Measurements were conducted on
a Bruker-Vertex70 equipped with a nitrogen cooled MCT detector and a
high-temperature stainless steel reaction cell (Harrick Praying Mantis)
with ZnSe windows. Prior to DRIFT measurements, samples were re-
duced at 500 °C for 3 h under a 5vol.% H,/Ar flow of 100 N mL-min™
and using a heating ramp of 1 °C min~?, followed by a purge with Ar for
30 min to remove residual H,, and then cooled to a desired tempera-
ture. CO, methanation reaction was carried out from 100 to 500 °C
using 20 mL:min ~* of gas mixture (75% of stoichiometric mixture (Ha/
CO,, ratio = 4) and 25% of Ar gas). Stepwise heating and cooling with
an increment from 50 up to 500 °C was applied. The temperature was
held for 30 min at each step. Before methanation experiments, a
background spectrum was collected at Ar atmosphere at each tem-
perature. The product stream was analyzed continuously in a thermal
analyzer ThermoStart by following the main molecular weights (m/z
ratios) of CH4 (15 and 16), H,0 (17 and 18) and CO5 (12, 28 and 44).

The experimental uncertainties of textural properties associated
with N,-physisorption, CO chemisorption, XRD and TEM measures
presented in this study was 7, 12 and 4%, in terms of the relative error.
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2.3. Catalytic activity

CO, methanation reaction was tested in a fixed-bed laboratory re-
actor with internal diameter of 13mm and 305mm length
(Microactivity Reference, PID Eng&Tech). Experiments were conducted
using 0.3 g of catalyst mass diluted with 3 g of silicon carbide 46 grit
(Cymit) of similar particle sizes (d, = 355um). A mass dilution ratio
Mgic/Meae = 10 was used aiming to keep isothermal behavior through
the catalyst bed [45]. Reaction temperature was monitored con-
tinuously by a K-type thermocouple placed in the middle of the diluted
catalyst bed. Mass flow meter controllers (MFC, Bronkhorst) were used
to regulate the reactant gases H, (99.999%, Linde) and CO, (99.999%,
Linde) at the reactor inlet. After reaction, the gas products passed
through a cold liquid-gas separator (5 °C) where water was trapped, and
then the dry gas flow was measured by a mass flow meter (MF, Bron-
khorst). The dry gas composition (CH,, H,, CO, CO,) was determined
periodically (1h) by an on-line gas micro-chromatograph (490 mi-
croGC, Agilent Technologies).

Catalysts were reduced in-situ under H, (99.999%, Linde) flow
(100 NmLmin ') at 500°C for 3h at a heating ramp of 1 °C-min"?,
and then cooled to room temperature with the same ramp rate. Long-
term activity tests were carried out under a flow rate of
200N mLmin~! (GHSV = 40,000 NmLg *h™') and at a stoichio-
metric H,:CO, molar ratio of 4. Catalyst stability was examined using
the following procedure: 2 h at 250 °C, followed by 138 h at 500 °C, and
finally, 2h at 250 °C to check for deactivation. Additional runs were
carried out by feeding H,S flows of 20-100 NmLmin~' (1-5ppm,
Linde) to the H,:CO, mixture.

Experimental conditions selected aimed to mimic the industrial
adverse conditions to which methanation catalysts can be exposed by
both the exothermicity of involved reaction and the presence of im-
purities derived from carbon sources as biogas. At industrial scale,
methanation reactors may operate under adiabatic, isothermal or no-
isothermal conditions with temperature profiles up to 500°C [46]. In
the latter scenario, the highest temperatures are typically found at the
beginning of the reactor along with the most noticeable presence of
H,S. Under the explored experimental conditions, the contribution of
internal mass transfer may be significant and diffusional limitations are
expected to occur, as estimated for the Ni-CeO, catalyst using the
Weisz-Prater criterion (N, = 7.7). However, this fact does not inter-
fere with the objectives of this work or with the conclusions that can be
drawn from the results presented.

The CO, conversion (Eq. 4), CH, selectivity (Eq. 5) and CO se-
lectivity (Eq. 6) were determined using the following equations:

F
Ko, = (L= ——2&%y.900
Feoyin ©)
F,
SCHJ — ( CHy out )'100
Ferty ou + Feogu 5)
F,
Seo =(=—22 5900
Feopu + Feryou 6)

where Fj represents the molar flow rate of species j (j = CO,, CH4 and
CO) in the inlet and outlet gas. Similar conversion values were obtained
in terms of Hy (standard deviation of + 2%).

3. Results and discussion
3.1. Catalytic activity

The catalytic stability tests of the fresh catalysts were evaluated for
142h at P = 5barg, GHSV =40,000mLg 'h~!, T=250°C and
500 °C, in both the absence and presence of H,S. Fig. 1 shows the CO,

conversion (%) evolution over the course of long-term experiments for
both Ni and Ni-CeO, catalysts. At the selected reaction conditions, the
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Fig. 1. CO, conversion (%) vs. 142 h time on stream at 250 and 500 °C, 5 barg,
200 mL'min ™!, H,/CO, molar ratio = 4 and 1 ppm of H,S.

formation of byproducts was never detected, being the selectivity to-
ward CH, equal to 100% for both catalysts during all runs. On one
hand, the catalytic performance at low temperature (T = 250 °C) during
2h confirmed that promoted Ni-CeO, catalyst (Xcoz = 21%) was more
active than the non-promoted one (Xcoz = 10%). On the other hand,
the evaluation at T = 500 °C revealed that the catalytic performance of
the Ni-CeO, was completely stable for 138 h. This behavior pinpoints
Ni-CeO, as an excellent candidate for CO, methanation at high tem-
perature. Conversely, the activity of non-promoted catalyst at high
temperature was stable for about 50h and decreased by 48% after
138 h time-on-stream. The final evaluation at 250 °C also proved its
permanent loss of activity (Xcoz = 3%).

In the presence of H,S impurities, both catalysts exhibited signs of
poisoning during the time on stream evaluated at high temperature.
Deactivation pattern of both catalysts followed three main stages.
Initially, both catalysts were stable, Ni during 32 h and Ni-CeO, during
45 h. Then, both samples were rapidly deactivated over a period time of
approximately 54 h. Finally, a steady catalytic activity was achieved
until the test was completed. In this latter stage, the tolerance to H,S
was higher for Ni-CeO, since its catalytic activity (Xco2 = 25%) was
much higher than that of Ni catalyst (Xco2 = 10%). Thus, the final total
loss of catalytic activity was about 69% for Ni-CeO, and about 88% for
the non-promoted catalyst. Furthermore, deactivation by poisoning was
also verified at low temperature (250°C) for both catalysts
Xeoz < 1%).

Fig. S1 depicts the effect of H,S impurities partial pressure on the
activity of Ni-CeO, catalyst. At high H,S concentration (5 ppm), the Ni-
CeO, first stable period was notably shorter. Afterwards, the activity
decay period was fast and the final steady catalytic activity was slightly
lower (Xgoz2 = 19%) in the presence of high H,S concentration. This
suggests a positive kinetic order in the deactivation kinetics with re-
spect to the poison concentration and sheds light to the fact that high
levels of H,S impurities can shorten the lifespan of Ni-CeO, catalysts
dramatically.

Based on these results, the relations between catalysts structure and
activity were studied aiming to clearly understand the poisoning de-
activation causes of Ni and Ni-CeO, catalysts. Several characterization
techniques were applied to the catalysts in their three states (fresh, used
and used-H,S) to elucidate the main effects of poisoning on physico-
chemical properties and to better understand the mechanism of deac-
tivation. The results are presented and discussed in detail in next sec-
tion.

82

Applied Catalysis B: Environmental 263 (2020) 118346

3.2. Catalyst characterization

Elemental compositions obtained from EDX analysis for Ni and Ni-
CeO, catalysts in their three experimental states are summarized in
Table S1. For fresh samples, the experimental contents related to active
phase (26 wt.% Ni * 1) and promoter (21 wt.% CeO, + 1) were very
close to nominal ones. Moreover, EDX elemental mapping images dis-
played in Fig. S2 (a-b) evidenced a notably high and even distribution
in the impregnation of the main components (Ni, Ce, Al, O) over both
fresh catalysts. This speaks for the appropriateness of the method fol-
lowed in the catalysts preparation. After reaction, the elemental com-
position of U and U-H,S samples did not differ significantly. However,
the presence of H,S impurities were clearly identified in the two U-H,S
catalysts. Sulfur content was 0.51 wt.% =+ 0.05 for Ni, while for Ni-
CeO, was 0.54 wt.% *+ 0.05. According to representative SEM images
illustrated in Fig. 2, after 142 h of reaction under low/high tempera-
ture, high pressure and H,S impurities, the geometric shape of both Ni
and Ni-CeO, micro-spheres remained unaltered, confirming the profi-
cient attrition/crushing resistance of prepared catalysts.

Textural properties such as BET specific surface area, pore volume
and pore size distribution measured by N,-physisorption for the three
experimental states of Ni and Ni-CeO, catalysts are listed in Table 1.
Fig. S3 (a-b) illustrates the corresponding adsorption/desorption iso-
therms. All the catalysts show characteristic plots of the reversible type
IV isotherm with well-defined cylindrical pore channels (type H1
loops), according to TUPA classification [47]. Concerning to BET spe-
cific surface areas after contact with sulfur in relation to fresh catalysts,
a decrease from 150 to 112m*g ! and from 120 to 87 m?-g"! were
obtained for Ni and Ni-Ce samples, respectively. The analogous re-
duction of BET specific surface areas for both U samples after reaction
at high temperature was similar (23%). Because of the addition of H,S
impurities, further BET specific surface area reduction was observed for
Ni (U-H>S) (+2%) and Ni-Ce (U-H>S) (+5%) catalysts. In contrast to
the effect on BET surface area, the pore size of Ni and Ni-CeO,, catalysts
in their both U and U-H,S states increased from 9 to 13 nm. Probably,
the pore size increase was due to the agglomeration of metallic particles
originated by the high temperature. In concordance with J. Richardson
et al. [48], small metallic particles sintering result in the blockage of
smaller pore sizes. This phenomenon leading to the increase of pore
sizes can also be the main cause of loss of BET surface area in both U
catalysts. On the other hand, a pore volume reduction was noticeable
for the U-H.S catalysts; about 22% for Ni (U-H,S) and about 14% for Ni-
CeO, (U-H,S). The lower pore volume decrease of Ni-CeO, (U-H,S)
suggests that the addition of CeO, to Ni-based catalysts promotes the
modification of textural properties at high temperature in the presence
of H,S impurities.

Possible carbon deposition on the Ni and Ni-CeO, catalysts was
studied by measuring the weight loss during its temperature pro-
grammed oxidation under air gas flow. The thermogravimetric and
mass spectrometric (TG-MS) analysis of both catalysts in their different
experimental states are displayed in Fig. 3, S4 and S5. At temperature
below 220 °C, U and U-H,S catalysts showed a weight loss related to the
vaporization of surface water and volatile species as reactants, products
and reaction intermediates. From 220-370 °C, a noticeable weight in-
crease was observed for both U and U-H,S catalysts, being attributed to
the oxidation of Ni to NiO. It must be noted that the formation of SO,
that would lead to a weight decrease was not detected by MS (see Fig.
S5). For temperatures above 370 °C, U and U-H,S catalysts lost some
weight in the air stream (0.36-0.71%), which can be ascribed to the
oxidation of carbon species [49,50], as confirmed by the CO, detected
by TG-MS in Fig. S4. However, these carbon species were not identified
by SEM micrographs (Fig. S6).

XRD of Ni and Ni-CeO, catalysts in fresh, U and U-H,S states were
measured to evaluate their structural properties. The main peaks de-
tected in the diffractograms of all samples were associated with phases
of Ni, NiO, y-Al,03 and CeO,, as detailed in Appendix A (Supporting
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ull Scale 778 cts Cursor: 0.000

Fig. 2. EDX elemental mapping images of the used-H,S micro-spheres catalysts: a) Ni and b) Ni-CeO,,

Information). Table 1 summarizes the average Ni and CeO, crystallite
sizes estimated by Scherrer’s equation. For fresh Ni and Ni-CeO, cata-
lysts, the average Ni crystallite size was 12.41 nm and 13.44 nm, re-
spectively. For Ni-CeO,, the corresponding average CeO, crystallite size
was 4.14nm. An increase of the average Ni and CeO, crystallite sizes
was determined for U samples. This can be attributed to the catalysts
thermal degradation (sintering) that produces the growth of im-
pregnated metal nanoparticles on the support by either Ostwald ri-
pening or particle migration and coalescence mechanisms [51].

@

Compared to fresh Ni-CeO,, interesting effects on Ni and CeO, crys-
tallite sizes were observed in Ni-CeO, (U) sample. On one hand, the Ni
particle size reduced by 20%, while on the other, the CeO, particle size
increased by 51%. On the contrary, Ni particle size of Ni (U) increased
by 19%. This growth of metallic Ni particles induced by temperature,
i.e. sintering, is most likely to be the main cause of deactivation of Ni
(U) catalyst, as previously observed for co-precipitated Ni-Al samples
[26]. A major conclusion is that sintering of Ni particles is less no-
ticeable in the catalyst promoted with Ce, where sintering preferentially
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Table 1
Physicochemical properties of Ni and Ni-CeO, catalysts.

Applied Catalysis B: Environmental 263 (2020) 118346

Sample  State BET'[m’g™"] Pore'volume [em*g~"]  Pore’size [nm]  dy"[nm]  deeo2"[nm]  dy‘lnm]  Ni'dispersion[%]  Metallic’surface area [m? gy; ']
Ni fresh 150 0.36 9 1241 - 14.48 1.21 8.08
used 116 0.34 13 14.73 - 20.76 0.64 4.25
used-H,S 112 0.28 13 13.91 - 15.11 017 115
Ni-CeO,  fresh 120 0.21 9 13.44 4.14 14.88 1.29 8.58
used 92 0.22 13 10.74 8.45 25.73 0.60 4.02
used-H,S 87 0.18 13 13.21 416 15.66 0.28 1.88
* Calculated from N-Physisorption data.
" Calculated from XRD data.
¢ Derived from TEM particle size distribution.
4 Calculated from CO-Chemisorption data.
106 to Ni nanoparticles [55]. This structural behaviour can explain the
(a) stable activity of the Ni-CeO, (U) and also be the origin of the changes
of textural properties previously estimated for this sample by N,-phy-
104 sisorption. Regarding the Ni-CeO, (U-H,S) catalyst, the estimated de-
crease of Ni crystallite size (1%) and increase of CeO, crystallite size
(0.5%) were both less significant. At the same conditions, the increase
102 of Ni crystallite size of Ni (U-H,S) was also less pronounced (12%). This
§ is an interesting finding revealing that the observed sintering of U-
g samples is inhibited by the presence of H,S impurities. Indeed, T. Yo-
S 1001 —/ neima et al. [56] reported that excess sulfur beyond the solubility limit
g in nickel contributed to the formation of nickel sulfide phases that
prevent grain growth.
98 1 ——Fresh Ni dispersion and metallic surface areas of Ni and Ni-CeO, catalysts
—Uu in their three experimental states were estimated from CO-chemisorp-
U-H,S tion data. The results, listed in Table 1, revealed that Ni dispersion and
96 ; . : : ° metallic surface area were higher for fresh Ni-CeO, catalyst (1.29% and
100 200 300 400 500 600 700 8.58 m%gy;~!) than for fresh Ni catalyst (1.21% and 8.08 m*gy; ™).
Temperature (°C) The better structural properties achieved in Ni-CeO, are also in con-
cordance with its Ni reducibility (83.22%), as estimated by TPR mea-
surements (Appendix B, Supporting Information). Furthermore, Ni
106 dispersions and metallic surface areas for both U samples decreased by
(b) 45% due to the aggregation of Ni particles in Ni (U) or of CeO, particles
in Ni-CeO, (U) catalyst. This is somewhat in discrepancy with the de-
1044 crease of dy; estimated for Ni-CeO, (U) catalyst by XRD in Table 1 but
in coherence with overall TEM results. The difference in Ni crystallite
o size between XRD and TEM can be explained on the basis that XRD
= 102+ allows for estimating the crystallite sites whereas TEM is used to de-
§ termined particle sizes of particles that often can be an agglomerate of
o / crystallites.
_‘cfn 100+ In any case, reduction of these properties was more noticeable in
g presence of H,S, which was linked to the formation of nickel sulfur. The
corresponding reductions were about 86% for Ni (U-H,S) and 78% for
98 ——Fresh Ni-CeO, (U-H,S). Therefore, textural properties can be modified by
—U both thermal degradation of supported metallic particles and the for-
U-H,S mation of NiS species. The higher metallic surface area and Ni disper-
96 - i . : . sion determined for Ni-CeO, (U-H,S) is also in agreement with the
100 200 300 400 500 600 700 superior activity achieved in the tests for the promoted catalyst. The

Temperature (°C)

Fig. 3. TGA profiles corresponding to the temperature programmed oxidation
of the a) Ni and b) Ni-CeO, catalysts.

affect CeO, particles. This in agreement with the enhanced thermal
degradation of the promoted catalyst observed in the activity tests.

At the tested reaction conditions, the sintering behaviour of CeO,
particles can be related to the structural conversion of non-stochio-
metric CeO,., caused by the redox reaction between Ce®* and Ce*”
[52], whereas the inhibition of Ni particles sintering can be induced by
the strong metal-promoter bounding between Ni and CeO, nano-
particles [53], which is generated by incorporation of Ni** species into
lattices of CeO, particles [54] or the migration of partial reduced CeO-
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reported values for U-H,S samples are in contrast to a recent study [30],
where only negligible amounts of H, were adsorbed on co-precipitated
Ni-Al catalysts after H,S and SO, poisoning. In that case, CH, yield after
sulfur poisoning was negligible.

TEM analysis was used to provide reliable information about the
size of supported metallic particles. Fig. 4 illustrates representative
TEM images of the three states of Ni and Ni-CeO, catalysts. From dif-
ferent TEM images of several catalyst particles, approximately 800
supported metallic particles were measured for each sample. This al-
lowed for a proper characterization with statistically significant particle
size distributions (PSD), see Fig. S7. The mean Ni particle size of fresh
Ni was 14.48 + 0.38nm, whereas a mean spotty particle size of
14.88 + 0.66 nm was estimated for the fresh Ni-CeO, catalyst. Ac-
cording to the literature [57], the assembly of CeO, particles can lead to
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Used-H.S

Fig. 4. TEM images of Ni and Ni-CeO, catalysts using a scale between 20-50 nm.

the formation of spotty particles in the CeO, promoted Ni catalysts. The
formation of nanocomposite enables large interface of Ni-CeO, [58].
After reaction at 500 °C, there is significant broadening of the PSD for
both U samples, which results in a larger mean particle size of Ni
(20.76 = 0.36 nm) and nanocomposite (25.73 = 1.16 nm). This is
another evidence of sintering along with XRD and BET results. Based on
XRD results, the growth of CeO, particles can be attributed to the in-
crease of nanocomposites in Ni-CeO, (U) that can even contain Ni
particles smaller than those in fresh Ni-CeO,. Apart from that, the main
particle and nanocomposite size increase observed for the catalysts
working in the presence of H,S impurities was inferior than that of U
samples. The mean Ni particle size of Ni (U-H,S) was 15.11 = 0.35nm
and the mean nanocomposite particle size of Ni-CeO, (U-H,S) was
15.66 *= 0.37 nm. This lesser significant growth of metallic particles
(~5%) can be attributed to the formation of new phases originated by
the addition of hydrogen sulfide impurities.

HRSTEM (Fig. 5) was used to identify the main crystallographic
planes of the experimental states studied for Ni and NiCeO, catalysts.
Lattice-fringe analysis and Fourier Transform (FT) imaging revealed
spots at 2.04, 1.76 and 1.25A in the particle named “a”, which are
ascribed to (111), (200) and (220) crystallographic planes of metallic
Ni. Besides, in the Ni-CeO, samples, the particle named “b” exhibited
lattice fringes of 3.12, 2.71, 1.91, 1.63, 1.56, and 1.35A that were
linked to CeO, (111), (200), (220), (311), (222) and (400) planes. The
assumption about nanocomposites formation can be verified in the
three HRSTEM images of Ni-CeO,, catalysts. Furthermore, we identified
the formation of the sulfide species in both U-H,S samples. For the Ni
(U-H,S) sample, nickel sulfides were distinguished with lattice fringes
of 2.41 and 2.51 A in the particle named “c”, in turn related to crys-
tallographic planes (220) and (021). The most striking result to emerge
from the data is that in addition to NiS, the formation of cerium oxy-
sulfide (particle named “d”) was identified over Ni-CeO., (U-H,S). The
crystallographic plane of Ce,0,S (100) was ascribed to lattice fringes of
3.47 A. These results provide extremely valuable insight into the gov-
erning poisoning deactivation mechanisms. To the best of our knowl-
edge, the precise role of CeO, in deactivation by sulfur poisoning has
never been reported and the reasons why CeO, promoted Ni-based
catalysts exhibit improved tolerance are still unclear. The oxygen va-
cancies at ceria surface involve the presence of Ce**/Ce* coupling
[59]. Considering the Gibbs free energy of cerium sulfides and nickel
(see Fig. S8), the formation of Ce;0,S (s) is thermodynamically more

favorable and spontaneous than that of NiS (s) in the whole range of
reaction temperatures [60,61]. At the tested temperature of 500 °C,
AHOq values of Cey0,S and NiS are —548kJmol ' and
-129kJ'mol !, respectively. Therefore, the higher catalytic activity
achieved for the CeO, promoted catalyst can be explained by the fa-
vorable formation of Ce,0,S, that restricted the formation of nickel
sulfide [40], helping thereby to maintain the catalyst stability.

Linking activity and characterization results, the findings of this
study indicate that under the selected CO, methanation conditions, the
unaltered catalytic activity of Ni-CeO,, catalyst was due to the formation
of nanocomposites, which positively promote a larger interface be-
tween the particles of metallic Ni and CeO,.,. Through this structural
effect, CeO,., can act as an active site of the CO, activation and the
active metal Ni surface acts a supplier of atomic hydrogen yielding
stable catalytic activity. On the contrary, the rapid activity decay of Ni
sample was attributed to the aggregation of metallic Ni since leaching
and carbon deposition were negligible for both U samples as confirmed
by SEM and O»-TPO. For both Ni and Ni-CeO, catalysts, XRD and TEM
results suggest that the modification of textural properties after reaction
is associated with thermal degradation of either CeO, particles in Ni-
CeO, or Ni particles in Ni catalyst.

Two main conclusions can be drawn in light of TEM-HRSTEM re-
sults: i) the identification of crystallographic planes allowed for con-
firming the presence of Ce,0,S, and ii) the effect of sintering is far less
noticeable for the samples exposed to H,S. On one hand, inference i) is
of paramount importance since it confirms the role of Ce for increasing
the sulfur tolerance by the formation of species that counteract the
poisoning of Ni active sites. This is in agreement with the large metallic
surface area determined by CO-chemisorption. The supported Ce me-
tallic particles act as sacrificial functional groups that eventually make
the catalyst lifespan longer lasting. On the other, ii) confirms that the
interaction of sulfur with Ni leads to the production of NiS that prevent
the growth of Ni particles at high temperature. Such statements reveal a
complex situation where two deactivation mechanisms, poisoning and
sintering, are at play simultaneously. The understanding of the under-
lying overall poisoning mechanism is therefore essential to mitigate the
observed deactivation effects and towards the design of catalysts with
improved efficiency. Accordingly, DRIFTS experiments were performed
over fresh and U-H,S catalysts aiming to obtain useful information for
elucidating a plausible mechanism.
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Fig. 5. HRSTEM images of Ni and Ni-CeO, catalysts at a scale between 1-5 nm.

3.3. Poisoning mechanism

Fig. 6 shows the DRIFTS measurements collected in the course of
CO, methanation conditions over fresh Ni and Ni-CeO, catalysts at
increasing temperature range from 100 to 500 °C. The interaction of the
reactive mixture over fresh Ni sample (Fig. 6a) at 100 °C lead to the
formation of species associated with the hydrogen carbonate (HCO3 ™)
(1656, 1437 and 1228 cm™) and monodentate carbonate (m-CO5>")
(1532 and 1384 cm™) [62]. At the same temperature, U(OH) vibration
of OH species were identified in the range 3730-3589 cm™'. With in-
creasing temperature, the bands intensity and position changed. At
150 °C, the transformation of carbonate species (CO,% ) to bidentate
formate species (b-HCOO ™) was observed. The bands linked to these
species were identified at 1549, 1391, 1372 cm’. Besides formates,
carbonyl species adsorbing on metallic Ni sites, such as tri-carbonyl
(2058 ecm™), bi-(2035), mono-(2010) and bridged carbonyls (1910 and
1819 cm™) were recognized, in agreement with literature [63,64]. The
symmetric evolutions between carbonyl group and formates evidenced
that CO can be arisen from formates [65]. Further increase in tem-
perature generated the formation of new bands at 1305, 2906 and
3016cm’, assigned to vibration modes of methane gas 8(CH), surface
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bidentate formates (Va(CO2)+ 8(CH)) and methane gas (U(CH)). Above
250 °C, the intensity of the bands associated with carbonyl group in-
creased, specially bridged carbonyl, whereas the characteristic bands of
formate species decreased appreciably. Above 450°C, the thermo-
dynamic effects on Ni catalyst were distinguished, causing a depletion
of the methane production.

Fig. 6b illustrates the species formed over fresh Ni-CeO, catalyst
surface. At 100 °C, bands assigned to D(OH) (3730-3589 cm 1), HCO5-
(1652, 1437, 1228 cm '), bridged carbonate (1395cm 1), m-CO3% "
(1375cm™") and b-HCOO ™ (1594 cm™") were identified [66-69]. At
this low temperature, CO derived from formate species was subse-
quently adsorbed on metallic Ni sites. Such carbonyl species were re-
vealed at the absorption bands of 2064, 1910 and 1824 cm ™', respec-
tively. The carbonyl band at 2064cm ' can be formed over the
dispersed small nickel oxide particles, while bridged carbonate can be
originated from new active sites related to Ce™? sites [70,71]. With
increasing temperature, HCO5- and CO,?~ bands were shifted to b-
HCO,2~, while the bands associated with CO adsorbed on Ni sites were
substituted by di- (2041 em™") and mono-(2010cm™") carbonyls.
Above 200 °C, new peaks appeared at 1305 and 1316 cm ™' that were
assigned to the 8§(CH) and U(CH) vibration modes, respectively. In
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Fig. 6. In-situ DRIFTS spectra during CO, methanation reaction over fresh a) Ni
and b) Ni-CeO; catalysts at the temperature range 100-500 °C.

agreement with activity test, the high intensity observed for the peak of
methane confirmed the higher activity of Ni-CeO, compared to Ni
catalyst at low temperature. According to the behavior of D(CH) band
along with formates and carbonyl species, the main limitation of CH,4
production apparently was the dissociation/hydrogenation of CO. Si-
milar to Ni catalyst, the thermodynamic effects on Ni-CeO. were dis-
tinguished at temperatures above 450 °C.

DRIFT experiments were also conducted with Al,0; and CeO./
Al,O3 samples at different temperatures, see Supporting Information
Fig. S9. Only the vibration modes assigned to carbonates, CO, and
surface bidentate formates (Va(CO.)+8(CH)) at < 3000 cm ™' were
observed confirming the selective adsorption of CO on Ni® phase and
that methane production is unattainable in absence of Ni’.

In order to examine the poisoning reaction pathway at high tem-
perature, both Ni and Ni-CeO, U-H,S catalysts were evaluated using
DRIFTS under CO, methanation conditions in the temperature range of
100-500 °C, see Fig. 7. As can be observed, similar carbonate species
were recognized over Ni (U-H,S) at 100°C yet with a slight shift
(+2cm™ ") in their positions, which can be attributed to the sulfur
poisoning. Hence, the bands identified at 1653, 1438, 1228 and
1382 cm ™! were also related with the HCO3- and m-CO3>~ species. In
this poisoned sample, the formation of bidentate formate species (1592,
1394 and 1373 ¢cm ~ !) increased with temperature. However, carbonyl
species recognized in the Ni catalyst above 150 °C were not detected in

Applied Catalysis B: Environmental 263 (2020) 118346

L

o ™ Q&
“ ]
g R
$ 1 TA
100°C £
—~ ———t———
3 [150°C
< [200€ .
g [2s0c &
E 300°C : i
2 [ss0c : E
400°C : g
Rl | RS $ 1"

T T 7/ T T
3600 3200 2800 2000 1600 1200

Wavenumber (cm™)

T
4000

Hydroxyl Group

Absorbance (a.u.)

P
7/

T T = T T
4000 3600 3200 2800 2000 1600 1200
Wavenumber (cm™)

Fig. 7. In-situ DRIFTS spectra during CO, methanation reaction over used-H,S
a) Ni and b) Ni-CeO, catalysts at the temperature range.100-500 °C.

the Ni (U-H,S) indicating that methane gas band was not formed. Based
on TEM and CO-chemisorption analysis, the methane production by the
dissociation/ hydrogenation of CO is unattainable owing to the un-
favorable formation of nickel sulphides.

Fig. 7b shows the corresponding DRIFTS spectra of Ni-CeO. (U-H.S)
catalyst. Compared to fresh Ni-CeO,, in addition to HCO; (1432,
1225 cm™), bridged carbonate (1394 cm™) and m-CO5%~ (1340 cm™),
three new bands were observed at 1643, 1601 and 1588 cm™. These
bands probably arise from formate species produced via the reaction of
adsorbed CO and surface OH groups [66,72]. With increasing tem-
perature, the formation of formate species was very similar to those
over Ni-CeO, catalyst. It is noteworthy that carbonyl species derived
from the CO adsorbed on Ni sites (di- (2041 cm™") and bridged carbonyl
(1019 1832 and 1822 cm™)) were clearly detected above 150 °C. This
phenomenon was not identified over Ni (U-H,S) catalyst and strengths
our conviction that the higher production of methane over Ni-CeO, is
due to the formation of Ce;0,S. The presence of carbonyl and CH4
bands in the Ni-CeO, (U-H,S) catalyst confirms that the catalyst pre-
served free active sites for methane formation at saturation coverage.
This reveals that that the main role of Ce,0,S is to restrict the formation
of NiS species increasing thereby the tolerance to sulfur poisoning.

In light of DRITFS results and the catalytic behavior-structure evi-
dences collected for Ni-CeO, catalyst, a poisoning deactivation me-
chanism for CO, methanation is proposed (Fig. 8). At low temperature,
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Fig. 8. Schematic representation of the proposed reaction

1 of CO, ion under H,S poi:

hydrogen carbonate and monodentate carbonate are hydrogenated to
form bidentate and monodentate formate species. The interaction be-
tween formate species and carbonyl group suggests that CO absorbed
on Ni sites arises from formate species. At the high temperature of
500 °C, the CH4 production proceeds preferentially via formate dis-
sociation followed by hydrogenation of adsorbed CO (Eq. 4). Sulfur
poisoning on the Ni sites (Eq. 5) was prevented by the favorable for-
mation of Ce,0,S (Eq 7). Accordingly, the higher activity of Ni-CeO,
catalyst can be attributed to its larger metallic surface area.
Production of methane

HCOO(ags) >COags) CHaggy Eq. 4
Sulfidation of Ni
Ni + HySg — NiS + Hyg Eq. 5

Sulfidation of Cerium oxide
2CeO2.x + Ha — Cez03 + H,O  Eq. 6
Cez03 + HyS(g) — Cez0,S +HyO  Equation 7

4. Conclusion

The performance over time on non-promoted Ni and promoted Ni-
CeO, catalysts is studied under accelerated aging conditions at high
temperature (500 °C) in the absence and presence of H,S impurities
(1-5ppm). The Ni-CeO, catalyst achieves excellent thermal stability
over more than 138h of operation, while the non-promoted Ni sample
suffers from nickel sintering. Interestingly, sintering mechanism is in-
hibited by the presence of H,S impurities due to the formation of nickel
sulfide that prevents grain growth. The presence of H,S leads to deac-
tivation of both catalysts by sulfur poisoning. However, Ni-CeO, ex-
hibits higher final steady activity (Xco» = 25%), and therefore, higher
tolerance to HyS poisoning in comparison with non-promoted Ni
(Xcoz = 10%). The higher tolerance is derived from the thermo-
dynamically favorable formation of Ce;0,S phase that restricts the
formation of nickel sulfide, as evidenced by HRSTEM. The reaction
mechanism under H,S poisoning for Ni-CeO, catalyst is hereby pro-
posed. CHy4 production preferentially proceeds via formate dissociation
followed by hydrogenation of the adsorbed CO on non-poisoned active
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for Ni-CeO, catalyst.

sites. Accordingly, the presence of CeO, in nickel-based catalysts for
CO, methanation is beneficial since it enhances initial activity, thermal
resistance and tolerance to H,S impurities. The latest finding is of ut-
most relevance for its implementation in biogas industrial applications.
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ABSTRACT: Process intensification leads to a substantially smaller process 40000 T— T T

technology. In this work, we present a combination of an active microsize catalyst
and an effective microstructured reactor technology for CO, methanation. The
product of the reaction is renewable synthetic natural gas which can be injected
into the existing gas infrastructure. The designed process was evaluated at pilot
scale (37 kW electrolyzer) in a relevant environment using sewage biogas and a
CO, waste stream as carbon sources. The desired gas quality was obtained in a 2-

biogas

30,000

GHSV

CH,>92.5%

step synthesis process at moderate pressure using a decreasing temperature profile H,:5.0%

(T = 275-475 °C) and water sequestration. Temperature profiles were adjusted 200001 CO,<25%
by vaporizing water, compressed air, and heating cartridges. It was observed that

pressure, carbon feedstock, and GHSV had an impact on the product gas quality. 2 o %

At the minimum pressure (P = $ bar-g) for direct gas grid injection purposes, the Pressure (bar-g)

process worked successfully at 31 500 h™! using upgraded CO, and 37 500 h™*

using biogas. This represents a reduction of 4 times the volume of the commercial

reference. Accordingly, the limits of CO, methanation process intensification were clearly crossed by the combination of reactor and
catalyst miniaturization.

KEYWORDS: Power-to-gas, Renewable gas, Synthetic natural gas, Microstructured reactor, Microsize catalyst

Bl INTRODUCTION Process intensification is an engineering approach that leads
to a substantially smaller, cleaner, safer, and more energy-
efficient process technology. Optimal temperature profiles
along the catalyst bed enable smaller equipment volumes and
thus intensification of the CO, methanation process.”’ These
temperature profiles can only be achieved by applying
polytropic reactors, where the required heat to sustain the
process remains in the reaction medium, and the excess of heat

The CO, methanation reaction has recently gained increasing
interest in the context of Power-to-Gas to store intermittently
renewable energy in the form of green methane.' ™" The
process allows, through the Sabatier reaction, converting CO,
emissions to a useful fuel. The reaction is exothermic and
reversible. Thermodynamic equilibrium conversion is favored

at low temperature, where the chemical reaction is kinetically is taken away from the system using molten salt, water, air, or
limited."' ™" Accordingly, a compromise between favorable thermal oil”*~*" as cooling media. In brief, a polytropic reactor
kinetics and equilibrium, as well as catalyst thermal includes heat transfer systems, while adiabatic reactors do not.
deactivation should be considered. Among them, cooled fixed-bed reactors benefit from high
The main challenge in the design of CO, methanation performance, simple manufacturing, and high level of
reactor is to properly control the reaction temperature. There maturity. ™' Moioli et al.** proposed an interesting reactor
are several approaches to overcome this issue, each with their design for small-scale applications, which is divided into three
own advantages and disadvantages. The simplest heat zones: reaction activation, removal of excess heat, and the
management approach is via adiabatic reactors. However, approach of the thermodynamic equilibrium. Nevertheless,
several methanation stages are required to achieve a reasonable channel geometry at the macroscopic level limits the process
conversion level, which is why this concept is not applicable for intensification due to undesired radial temperature profiles.
decentralized applications. Moreover, the high temperature
reached in the first reactor, up to 700 °C, can lead to catalyst Received: April 7, 2020
thermal degradation.“’ls Relatively easy temperature control Published: May 29, 2020

can be obtained by using isothermal fluidized-bed and trickle-
bed reactors,”'® which are typically used in methanation
bioreactors.'”>° Nonetheless, isothermal operation requires
high residence times causing high reactor volumes.

© 2020 American Chemical Society https://dx.doi.org/10.1021/acssuschemeng.0c02642

4 ACS Publications 8409 'ACS Sustainable Chem. Eng. 2020, 8, 8409-8418
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This aspect can be overcome by reducing the lateral
dimensions to microscopic scale, i.e., below 1 mm.

In this direction, microreactor technology seems to be the
most apgropriate for CO, methanation process intensifica-
tion.”*™* This technology can also be referred to as a milli- or
microstructured reactor.””~*' Presently, the fabrication of
microstructured reactors by means of structuring and welding
technologies is already an established process.'” The reactors
are manufactured by several stacking sequences of catalytic
foils, enabling microbeds for the catalyst and cooling foils.
Short distances combined with high surface to volume ratios
are the key to excellent temperature control. Besides, the
modular technology offers great chances for mass manufactur-
ing.“3

The most suitable metric to evaluate the reactor
intensification is by comparing the Gas Hourly Space Velocity
(GHSV), which is defined as the time necessary to process one
reactor volume of fluid. Less reactor volume is required as the
GHSYV increases. At one end, biological trickle-bed reactors
operate at really low GHSVs of 1—10 h™', at most 100 h™".
Adiabatic fixed-bed reactors can operate in the range of 2000—
5000 h™"."* Higher values can easily be achieved in cooled
reactors. The DWE methanation multichannel reactor operates
at 9000 h™".>° At the other end, microstructured reactors can
operate at very high GHSVs of 15 000—30,000 h™" as they can
effectively overcome heat transfer limitations.””*’ Note that
higher GHSV values can be easily achieved in laboratory tests
compared to the aforementioned technical plants, as they
typically work only in the kinetic regime.'>*®

Most heat and mass transfer limitations can be suppressed
using microstructured reactor technology. As soon as the
process is free of mass-energy transfer resistances, reaction
kinetic rate limitations appear. Accordingly, a highly active
methanation catalyst is especially utilized within micro-
structured reactors. Unfortunately, most commercial methana-
tion catalysts cannot be directly used in microreactors because
of its macroscopic dimensions (dp = 3—-6 mm).*™¥
Alternatively, powder form methanation catalysts (<200

m or as submillimeter-sized catalysts (300—500
um)**3 can be implemented. As an alternative, the active
material can be deposited by a wash-coating process on the
microstructure surface,” but challenges arise when main-
tenance catalyst exchange tasks are required. Therefore,
catalyst formulations with an easy replacement procedure are
preferred.

The composition of the synthetic gas produced through the
CO, methanation reaction is of similar quality as natural gas
and therefore referred to as synthetic natural gas (SNG). This
gas benefits from potential injection, transportation, and
distribution through the existing gas infrastructure. The
technical specifications for accommodating SNG in the gas
network are not yet harmonized, and they vary from country to
country; namely, Wobbe index, gross calorific value, density,
composition, and tolerance to impurities.”"”” The key
parameters for the produced SNG are CH,, H,, and CO,
content limits. In the present work, the current Spanish gas
regulations were considered (CH, > 92.5%, H, < 5% and CO,
< 2.5%***), which is quite representative of the European
regulatory framework.

The combination of an active microsize catalyst™ and an
effective microstructured reactor technology’® for CO,
methanation process intensification purposes is hereby studied
at an industrially relevant environment. The aim of the CO,

92

methanation process is to produce an SNG that meets the
legislation requirements for its injection into the existing gas
infrastructure. In this sense, the limits between process
intensification and SNG technical specifications are discussed
in this work using sewage biogas or the waste stream of a
biogas membrane upgrading plant as the CO, sources.

B EXPERIMENTAL SECTION

The methanation pilot plant was located at a municipal sewage
treatment plant (EDAR Riu Sec, Sabadell). The sewage plant has two
anaerobic digesters (100 N m*h™') and a biogas membrane
upgrading plant in operation. A detailed description of the overall
plant can be found in a preliminary work.*® The main impurities of
the biogas produced from the anaerobic digestion consisted of H,S
(11-31 mg/Nm’*), VOCs (1-32 mg/Nm®), NH; (0—11 mg/Nm?),
BTEX (0-9 mg/Nm®), and siloxanes (0.6—1.5 mg/Nm®).

Raw biogas was dried using a water—glycol mixture at § °C, cleaned
through two active carbon filters (Prodeval) and compressed up to
10—15 bar. At that point, most biogas (50 N m*h™") was directed
toward the biogas upgrading unit, while some biogas (4.25 N m*h™")
was directed to the methanation unit. After the carbon filtration, the
biogas was clean enough for biogas upgrading purposes (VOCs < 20
mg/Nm?, H,S < 14 mg/Nm’, siloxanes <1 mg/Nm?*). Two additional
filters were installed before the methanation pilot plant: the first filter
was based on active carbon (Bioconservacion) and the second was
filled with ZnO based adsorbent (ActiSorbS2, Clariant) which
operates at 250 °C. Before methanation, sulfur impurities were
undetectable (H,S < 0.1 mg/Nm?*) during the whole experimental
campaign.

The methanation unit worked with two carbon sources
alternatively. Dry, clean, and compressed biogas (46% CO, and
54% CH,) and the carbon dioxide (99% CO, and 1% CH,) released
from the membrane upgrading unit. Biogas was delivered at medium
pressure and no further pressurization was required, while the carbon
dioxide released from the upgrading unit was further compressed by
an air-driven piston compressor (Maximator). The carbon feed,
biogas, or carbon dioxide was mixed with on-site produced hydrogen
(99.5% H,, 0.5% O,, and 2000 ppm of H,0) at the pressure of <12
bar'g. A commercial 37 kW alkaline electrolyzer (G10, Erredue) was
installed to supply the stoichiometric hydrogen for CO, methanation
(eq 1).

CO, + 4H, — CH, + 2H,0 (1)

The methanation pilot unit, which is shown in Figure 1, was
designed for a net production of 1.5 N m*h™" of synthetic natural gas
at mild pressure conditions (<10 bar-g). The process consisted of a 2-
step synthesis unit, both including gas preheating, catalytic reaction,

Figure 1. Image of the methanation setup.

https://dx.doi.org/10.1021/acssuschemeng.0c02642
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and water condensation. The gas preheating was carried out in
microstructured heat exchangers (45 X 40 X 25 mm’), while the
methanation reaction was conducted in microstructured reactors
developed at KIT* and delivered by INERATEC. The micro-
structured reactors were made up by several staking sequences of
catalytic microbeds and cooling foils. Details, claims, and drawings of
the microreactor for methanation invention can be found in
WO02017211864A1.% In the present system, the reaction volume of
each reactor was 100 mL, formed by 10 diffusion bonded reaction
foils containing micropillars of 10 cm length. Temperature control
was ensured by structured foils, which were stacked in between the
reaction slits and where the cooling fluid was pumped through. The
cooling channels were aligned parallel to the direction of the reactants
flow. The reversal direction of the cooling fluid was essential for
maintaining the temperature in the reactor as the cooling fluid was
then heated more slowly.

A greater amount of heat was released in the first reactor than in
the second one. In this direction, the first reactor was cooled down by
vaporizing boiling water at high pressures (P < 29 bar-g), while the
second one was cooled down by compressed air. In the first reactor,
the temperature of the cooling water was kept close to the vaporizing
temperature at the selected pressure. Accordingly, the temperature of
the water was controlled by the pressure of the cooling system, which
was adjusted by auxiliary pressurized nitrogen. Reaction temperature
profiles of the first reactor were controlled by two control loops, a first
one that adjusted the total water flow and a second one that directed
the water flow to the initial or latest zone of the reactor. In contrast,
the temperature profile of the second reactor was controlled only by
the total amount of the supplied air. Besides the cooling system,
heating cartridges were installed in four independent zones to enable a
well-controlled start-up, shutdown, catalyst reduction, and even the
modification of the temperature profile along the reactor axis.”* Both
reactors presented identical external dimensions (295 X 150 X 335
mm?). Each one was placed in an aluminum box and surrounded by
insulation material (Liapor sand) to avoid heat losses to the
environment. In order to follow the catalytic process, temperature
was monitored along the length of each reactor. A total of 10
thermocouples were placed in the first reactor and 5 thermocouples in
the second one. An overpressure of AP > 0.75 bar was applied in the
supply of carbon dioxide and hydrogen to overcome the pressure drop
through the entire process. With respect to the pressure drop through
each catalyst bed, 0.1-0.4 barm™ is expected in similar micro
packed-bed reactors.™

The CO, methanation catalyst used in this work was composed by
25% of Ni, 20% of CeO,, and 55% of y-ALO; (wt). Catalyst design
and formulation were optimized at the lab scale.”” The catalyst was
prepared by the conventional wet impregnation method. During the
catalyst synthesis, nitrate precursors (98% nickel(II) nitrate
hexahydrate and 99% cerium(I1I) nitrate hexahydrate, Alfa Aesar)
were first dissolved in water. Then, alumina microspheres (dl, =450—
500 pm, Saint-Gobain Norpro) were added to the precursor mixture.
The aqueous solvent was evaporated in a rotary vacuum evaporator at
85 °C and P = 0.8 bar under slow stirring. The catalyst was calcined at
450 °C for 30 min (heating ramp 1 °C-min™"). 50 g of catalyst were
prepared per batch for its implementation at the pilot scale. Detailed
material characterization was presented in earlier works.””**The first
reactor was filled with 45 g of catalyst, and the second reactor with 60
g of catalyst (400—500 um), diluted with 75 and SO g of silicon
carbide (300—400 um), respectively. Dilution ratio (mgc/meiys)
was 1.67 in the first reactor and 0.83 in the second reactor. The
amount of loaded catalyst was adjusted according to previous
experimentation at KIT laboratory facilities. Details of the preliminary
experiments can be found in the Supporting Information (SI)
Preliminary experiments.

Before experimentation, the catalyst was reduced in situ with
diluted hydrogen (5% H,/Ar, Linde). The activation procedure was
started by a heating ramp (0.02 °C:s™", 800 NL-h™") up to 480 °C.
Afterward, the temperature was kept constant for 3 h (1200 NL-h™")
and was then decreased to 320 °C (0.10 °C-s™", 800 NL-h™"). The
reduction process lasted about 10 h. During catalyst activation, the

pressure was set at P = S bar-g, and the total gas consumption was
about 9000 NL.

The experimental campaign lasted 6 months, June to November
2019. All the experiments presented in this study were performed
using the same catalyst load. A total of 2000 h of experimentation
were carried out. Catalyst deactivation could be expressed by a
displacement of the position of maximum temperature toward the
reactor outlet or by a decrease of the CH, content at the reactor
outlet.” None of these experimental evidences of catalyst deactivation
were observed during this experimental campaign. Besides, no
relevant changes in the elemental composition were observed between
the fresh and the spent catalyst (SI post-mortem analysis of catalyst
composition). Thus, catalyst deactivation was not considered during
the results hereby presented.

CO, methanation reaction gases were analyzed by an online gas
microchromatograph (490 Agilent Technologies), consisting of a dual
channel cabinet including a 10 m MSSA plot column (molecular sieve
S A) with Ar as carrier gas and a 10 m Poraplot-U column with He as
carrier gas. A multiport valve was integrated for gas sampling after the
first reactor and the second one. Analytic results of the inlet and outlet
gas were confirmed by external gas analysis (Ingenieria Analitica S.L.).

Experiments were carried out by feeding the stoichiometric
H,:CO, molar ratio = 4 of Sabatier reaction (eq 1). GHSV was
calculated as the ratio of inlet flow rate of reactants (CO, + H,) in
standard conditions to the total reactor volume (eq 2). The methane
introduced at the inlet when biogas was used was not considered for
GHSV calculations. Experiments were carried out in the GHSV range
of 19442—37 500 h™' by varying the inlet gas flow rate.

GHSV = Fescantat the nter_
et Viasinn @)
B RESULTS

CO, Methanation. CO, methanation was conducted in a
2-step reaction process using a stoichiometric mixture of H,/
CO, = 4. As displayed in Figure 2, the desired composition
(CH, > 92.5%) was obtained after 8—30 min from the CO,
methanation process start-up. The required time to achieve the
steady-state conditions was related to the initial conditions of
the methanation reactors. The fastest start-up was achieved by
setting the temperature of both reactors already at the
optimum temperature profile by means of the internal heating

100 T T T T
e /’
= s
/ /
/
/ /.
20 [ ¢/ —=—T=200°C .
£ I » T=320°C
/ Y 4 T=275-425°C
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Figure 2. Representative example of CH, content at the process
outlet along time during plant start-up. GHSV = 19442 h™'and P=§
barg. T = 200 °C (isothermally), T = 320 °C (isothermally), T =
275—425 °C (temperature profile; reactor 1 T = 425, 400, 340, 325
°C; reactor 2 T = 375, 325, 300, 275 °C).
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cartridges. In that case, the desired composition and thus
successful reaction start-up was achieved in just 8 min. Under
those initial conditions, carbon dioxide and hydrogen was fed
to the system, heat from the exothermic reaction was released,
and temperature was progressively increased. At that point, the
heating cartridges of the first reactor were switched-off, and the
temperature was controlled by the pressurized water. In the
second reactor, the heating cartridges maintained the temper-
ature of the initial zone of the reactor at 375 °C. As soon as the
optimum temperature profiles were reached, steady state
conditions were maintained. Alternatively, the process start-up
was slower when the reactors were kept at constant
temperature (T = 200 °C or T = 320 °C), and the lower
the temperature, the more time-consuming the process. In
conclusion, a fast CO, methanation start-up can be achieved
by the present reactor configuration that allows us to keep the
reactors at the optimal temperature profile using heating
cartridges. An alternative strategy of fast heating through
thermal cartridges was avoided to minimize thermal stress
within catalyst particles.”’

Fast start-up of the overall CO, methanation process is
relevant for managing the continuous penetration of renewable
intermittent power sources; such as photovoltaics and eolics.””!
Comparison with competing technologies is difficult as
experimental results on CO, methanation start-up procedures
at full-scale pilot plant are scarce, and most information is
based on mathematical approaches.””®* In any case, the
flexibility of the Power-to-Gas to overcome renewable power
surpluses is essentially provided by the electrical response of
the electrolyzer.”" In general, an electrolyzer has a response
time of minutes, while the pumped hydropower is in seconds,
and the electrochemical batteries are in the millisecond
range.”’

During steady-state operation, both reactors operated
nonisothermally in decreasing temperature profile from the
beginning to the end of the reaction volume. Temperature was
always limited to T < 500 °C to avoid reaction runaway,
catalyst sintering, and to preserve reactor integrity. The
temperature profiles were adjusted using (i) vaporizing
pressurized water for cooling the first reactor (P = 15 bar),
(ii) compressed air for cooling the latest zone of the second
reactor (P = 6 bar), and (iii) heating cartridges for reaction
ignition in the second reactor. As an illustrative example,
Figure 3 shows the temperature profiles (T = 475—275 °C) of
both reactors at S bar-g at full plant capacity. The first reactor
always operated at higher temperatures to favor reaction
kinetics (T > 400 °C), whereas the second reactor operated at
lower temperatures (T < 375 °C) to achieve a suitable gas
quality for the injection into the gas grid.

As mentioned, the temperature profile of the first reactor
was adjusted by the volume flow and the pressure of water.
The profile of the first reactor was impacted by the GHSV.
Figure 4 shows that higher temperatures were reached by
increasing the GHSV. At high gas flow rates, higher amounts of
CO, moles were converted to CH,. Consequently, more heat
was released from the reaction (—165 kJ-mol™"). The GHSV
limits of the process are caused by two effects: (1) the capacity
of the microstructured reactor to take away the heat from the
reaction microchannels, and (2) the capacity of the catalyst to
carry out the reaction at low contact times. In contrast, the
temperature of the second reactor was kept constant in all
experimental conditions.
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Figure 4. Temperature profiles of the first reactor on CO,
methanation at different GHSV values and P = § bar-g.

The experimental campaign was focused on the evaluation
of both GHSV and pressure effects on the product gas
composition. Detailed experimental data can be found in the SI
Detailed experimental data. Figure S presents the effect of the
pressure on the gas composition after each reactor. As can be
seen, pressure has a severe impact on product composition.
After the first methanation stage, CH, composition ranged
between 47% and 71%. After the first reactor, the CH, content
was far from the desired gas quality for grid injection purposes,
regardless of the applied pressure. Therefore, the use of a
second reactor stage was necessary to meet the legislation
requirements at mild pressure conditions. After the second
methanation stage, the CH, content increased to 79—95%.
The rest of the mixture consisted of unreacted CO, (0.3—
3.8%) and H, (4.5—17.3%). Selectivity to CH, was 100% in all
experiments. Those runs also revealed that a pressure of >7
bar-g was necessary to satisfy gas grid requirements using a
highly concentrated industrial CO, stream. Very low pressures
(<3 bar-g) were clearly negative for process intensification.

These results highlight that pressure favors both kinetics
(reactor 1) and equilibrium conversion (reactor 2) of the CO,
methanation reaction. In summary, it was proven that the

https://dx.doi.org/10.1021/acssuschemeng.0c02642
ACS Sustainable Chem. Eng. 2020, 8, 8409-8418



Andreina Alarcén

Chapter 3

ACS Sustainable Chemistry & Engineering

Research Article

pubs.acs.org/journal/ascecg

100 T T T T
PN L o e o
90 e
o reactor 2 4
L
804 o *
9 B
£ e
T mm
o il reactor 1 5
604 E a
l/./'
so{ |
-
40 T T T T T 1) T T
1 2 3 4 5 6 T 8 9

P (bar-g)

Figure 5. CH, content as a function of the pressure during CO,
methanation at GHSV = 37 500 h™".

desired gas quality can be obtained at the maximum plant
capacity (GHSV = 37500 h™"), with a pressure of 7 bar-g.
However, as the operation pressure rises, investment and
operational costs increase as the CO, stream from the biogas
membrane permeation are typically delivered at low pressures.
In this aspect, process intensification cannot be exclusively
related to miniaturization of equipment size. Transformation of
traditional chemical reactors to advanced microstructured
reactors should also lead to more energy-efficient processes.*®
With this objective, the process pressure should be kept to the
lowest value by adjusting the process GHSV at zero energy
cost. Interestingly, the high dependence of the pressure and the
process behavior suggest that this parameter can be adjusted
during operation to the needs; for instance, if catalyst activity
declines after long-time operation.

Following this approach, the next series of experiments were
performed at S bar-g and varying GHSV. This pressure was
selected as the minimum process pressure for gas grid injection
into the distribution grid (P > 4 bar-g). Figure 6 highlights the
influence of the GHSV on the product gas composition of the
first reaction stage. A high GHSV decreases the CH, content

—A

40 E

Composition (%)

20 25 30 35 40
GHSV (x1000 h™")

Figure 6. Gas composition after the first CO, methanation stage at P
=5 barg.
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Figure 7. Gas composition after the second CO, methanation stage at
P =5 barg

to 66%, and lowering the GHSV increases the CH, content to
a maximum of 77%. Figure 7 displays the composition after the
second reactor. In this case, CH, values reached 92—95%. At 5
bar-g, gas quality requirements (CH, = 93.85%, H, = 4.44%
and CO, = 1.71%) were met at GHSV < 31 500 h™". Under
these conditions, the outlet composition of the first reactor was
>69.79% CH,, < 22.61% H,, and <7.61% CO,. Note that this
GHSV is still 6 times higher than commercial processes using a
multitubular reactor.”® In conclusion, the overall performance
of the combination of the microsize catalyst and the
microstructured reactor technology is superior over conven-
tional catalysts and reactors. Alternatively, these requirements
can also be achieved at lower GHSV and lower pressure, or
else, at higher GHSV and higher pressure. Specifically, the
desired composition was obtained using GHSV < 19 500 k-t
at 2.5 bar-g and GHSV > 37500 h7! at 7.5 bar-g (see SI
Detailed experimental data).

Biogas Methanation. Alternatively to the use of pure
CO,, biogas is an interesting carbon feedstream for the
production of synthetic natural gas as the main byproduct of
biogas, CH,, matches the reaction product. In this sense, any
additional process unit dealing with CO, capture or upgrading
can be avoided. In the present case, a sewage biogas stream
with 46% CO, and 54% CH, was used for methanation. As in
the previous section, a series of experiments were carried out
using different GHSV by adjusting the gas flow rates. Figure 8
shows that more pronounced temperature profiles were
obtained at low flow rates. Using biogas as feedstock at
37500 h™!, the highest temperature was not obtained at the
beginning of the reactor. Thus, the optimum temperature
profile was not obtained at full capacity even when electrical
preheaters were used at the initial reactor zone. This is due to
low contact times between gas and catalyst at the first part of
the reactor resulting in higher amounts of unreacted CO, and
CHj reaching the second part of the reactor. These findings
indicate that the amount of loaded catalyst in the first reactor
should be adjusted to the carbon source (membrane permeate
or biogas) in future works or using additional gas preheating
power. The difference in the temperature profile behavior
between methanation of upgraded CO, and biogas is a
consequence of the heat adsorption by the inert CH, present
in the biogas.

https://dx.doi.org/10.1021/acssuschemeng.0c02642
ACS Sustainable Chem. Eng. 2020, 8, 8409-8418

95



Chapter 3

Andreina Alarcén

ACS Sustainable Chemistry & Engineering

Research Article

pubs.acs.org/journal/ascecg

Table 1. Summary of Selected Process Intensification Indicators”

F, (Nm*h™") GHSV (h™")
Cco, reactor 1 6.30 63 000°
reactor 2 1.76 17 5337
global 31500
biogas reactor 1 10.29 75 000"
reactor 2 477 19 857
global 37500

C

H, (%) heat removed (kW) specific heat removal (kW-m™*)
69.79 —2.66 —180
93.85 -0.33 =22
-2.99 -202
72.66 —2.88 -194
93.48 —0.61 —41
-3.49 =235

“Partial GHSV values of each reactor. "Reactor 1 = 50 mL catalyst, reactor 2 = 67 mL catalyst.

driven by a reduction of the process complexity using a single-
stage methanation unit."’ Within this alternative strategy,
lower GHSV values are necessary, although they operate at
higher pressure; otherwise, the gas quality does not meet the
grid injection requirements.3 8

In the present case, the potential gas injection point was set
at P = 3 bar-g, which is representative of the gas distribution
grid. Therefore, no further compression of the produced gas
would be required for injection purposes as the plant operates
at S bar-g. Under these conditions, only 0.37% of the energy
delivered in the final product is lost during compression. In the
case of biogas methanation, energy consumption is propor-
tionally increased to 0.56%, because of compression of the
CH, already present in the biogas. Energy and economic
considerations for the compression unit can be found in the SI
Compression costs. Note that hydrogen compression was not
considered at it is already delivered at high pressure by the
electrolyzer without the need for a compressor. Accordingly,
the proposed CO, methanation process benefits from
operating close to the pressure of the injection point, in
terms of energy efficiency. With respect to the costs, the impact
of carbon source compression is estimated to <1% of the
overall process (electrolysis and methanation).” Thus, the
reduction of the process pressure is positive for the energy
efficiency of the process, while it is not a key factor for the
economics of SNG.

With regard to the heat transfer, the first reactor removed —
2.66—2.88 kW by vaporizing boiling water at P = 15 bar-g. The
temperature of the cooling water increased from 50 °C at the
inlet to about 325 °C at the vapor outlet. The heat removed
from the second reactor was much lower —0.33—0.61 kW. In
this case, compressed air at 50 °C was used for cooling in this
device. Considering the whole reactor dimensions, heat
exchange is in the range of 180—194 kW'm™ in the first and
22—41 kW-m™ in the second reactor. Cooling requirements in
the case of biogas were higher due to the cooling of the
methane coming from the biogas. A minor disadvantage of
using biogas instead of pure CO, is the higher amount of gas to
be compressed, preheated, and cooled. However, the biogas
methanation process benefits from the much higher amount of
SNG produced; in the present case, 2.5 higher (3.44 versus
1.35 N m*/h).

As a representative example, the process proposed in this
work would be able to convert all the carbon dioxide coming
from the current anaerobic digesters of EDAR Riu Sec plant,
which processes the municipal wastewater from 200000
equivalent inhabitants, in 0.54 m® of reaction volume.
Therefore, the process intensification by catalyst and reactor
miniaturization strategy for decentralized Power-to-Gas
systems seems plausible in future plants. Nevertheless, the
SNG plant designer must consider the cost when selecting the
appropriate reactor technology. At present, mass production of
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microstructured reactor technology and microsize catalyst is
feasible and especially the reactor technology is competitive to
conventional reactor technology. Last but not least, legislation
is required for the implementation of commercial projects for
CO, utilization. Unfortunately, heat management was not
considered in the present work. Thermal integration of the 2-
step methanation process (preheating, reactor cooling, and
water condensation) would be beneficial in terms of overall
energy efficiency. Finally, integration of the heat released by
the methanation process with other units seems necessary to
relevantlz{ i_rgprove the overall energy efficiency of the SNG
process.”

B CONCLUSIONS

In the present work, a 2-stage SNG production process was
evaluated at pilot scale in an industrial environment. The
combination of microsized catalysts and microstructured
reactor technology were explored for process intensification.
Optimal reaction conditions are achieved using a continuously
decreasing temperature profile (T = 275—475 °C) under
patented coflow conditions. At these conditions, gas quality
requirements for grid injection can be successfully achieved
after the second methanation step (>92.5% CH,, < 5% H,,
and <2.5% CO,). Pressure, GHSV, and carbon feedstock have
a relevant impact on product gas composition. At S bar-g, the
proposed process can operate at overall GHSV values as high
as 31500 h™" using almost pure CO, and 37 500 h™" using
biogas as the carbon source. Therefore, methanation of biogas
is beneficial in terms of process intensification as lower reactor
volume is required. To the best of our knowledge, successful
operation at these extremely low residence times at a technical
scale with a two-stage microreactor systems has not been
previously reported. The intensification of the process by the
combination of microstructured reactor technology, microsized
catalysts, and optimized process conditions was successfully
achieved.
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This chapter is devoted to the design of fixed-bed reactors for a cost-effective
application in real environments. Currently, fixed-bed reactors represent the useful
and available design for commercial large-size SNG production in P2G applications.
In particular, multitubular fixed-bed heat-exchanger reactors operated under
polytropic conditions are attractive to carry out CO2 methanation process due to its
cost-effective design.

The use of multitubular fixed-bed heat-exchanger reactor is particularly of interest for
decentralized applications in which a low-cost reactor design is required for mid-size
SNG production. In this reactor approach, the heat of the reaction is transferred from
the reactive tube to a coolant. Besides, its configuration is simple, flexible and easy to
scale-up. However, reaching its optimum temperature profile remains as a
technological challenge since the formed high temperatures influence on both
thermodynamics and kinetics of the reaction. Understanding the design aspects and
reaction conditions can be essential to achieve an optimum temperature profile, and
thus propose this reactor approach for mid-size SNG production (50-250 Nm?3-h1).

On the other hand, biogenic carbon dioxide can be released in a very dispersed way,
in contrast to large refineries. An illustrative example is biogas from small anaerobic
digesters. In these, small-size SNG plants require a reduced engineering complexity
of the overall process to keep the investment costs at a reasonable level. For those
cases, a novel reactor design should be proposed. A free convection heat transfer to
the surroundings for the reactor cooling can be a technological alternative for lowering
the investment costs of the reactor and the corresponding cooling auxiliaries. This
concept is based on the fact that the produced heat of the Sabatier process can be
controlled by some reaction parameters and naturally released to the environment
without the implementation of intensive cooling systems.

The two reactor approaches can be designed by three-dimensional (3D) mathematical
models based on experimental kinetic data through computational fluid dynamics
(CFD). This is a computer-based tool for simulating the behaviour of systems involving
fluid flow, heat and mass transfer, chemical reactions and other phenomena. It works
by solving the equations of fluid flow (in a special form) over a region of interest, with
specified (known) conditions on the boundary of that region. An advantage of using
3D CFD mathematical models to design industrial-size reactors is that these can
eliminate subjective experience and empiricism, and lead to better-designed, more-
efficient units.

In this context, the following two works shown in this section are focused on:

o The development of a 3D CFD model based on kinetic data to simulate and
optimize temperature profile of an multitubular fixed-bed reactor design for mid-
scale SNG production.
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. The evaluation of a novel heat-management concept based on free convention
by means of 3D mathematical model to propose a new small-scale CO:
methanation reactor design.

4.1. CO;conversion to synthetic natural gas: Reactor design over Ni-
Ce/Al,O3 catalyst

In this first approach, the implementation of a nickel-ceria-alumina catalyst on a
multitubular fixed-bed exchanger reactor was evaluated. The goal was to propose an
optimum reactor design for industrial mid-scale synthetic natural gas production. The
biogas (100 Nm3h', 65% CHya) derived from two anaerobic digestors of a wastewater
treatment plant was considered as the industrial representative case. With this aim, a
3D CFD model was developed using Ansys® Fluent software.

As part of reactor modelling, an experimental kinetic study was carried out over nickel-
ceria-alumina catalyst to determinate the intrinsic reaction kinetics of methane
formation. Experimental kinetic data was obtained at differential conditions
(Xco2=15%) using different temperatures (473-673 K), CO2/H2/Ar concentrations (25-
100%) and catalyst mass (0.008-0.120 g). Simple power rate expressions for forward
and backward Sabatier reaction were proposed, which were able to predict
successfully the reaction rates. The main kinetic parameters for forward reaction were
determined by adjusting the experimental data, while for the backward reaction were
calculated as from NIST equilibrium database mathematical fit.

CFD simulations carried out at a proposed base case (Tinet=573 K, Twa=573 K, P=1
atm, GHSV=3600 h) evidenced that the gas mixture interacted from the very
beginning of the reactor, and as a result, reactants (H2+COz) were converted to the
products (CHs4+H20). Furthermore, it was detected a non-isothermal temperature
profile with temperatures up to 733 K. The higher temperature was formed on the first
5 mm of total tube length. With this temperature behaviour, the CO2 conversion
achieved was restricted to 71%.

In order to further increase CO2 conversions, a sensitive analysis was additionally
performed for reactor optimization. Among all evaluated variables, the inlet
temperature, the wall temperature, the pressure, the inlet velocity and the tube inner
diameter were identified as the key parameters to obtain the optimum temperature
profile with highest CO2 conversion. In particular, the formation of the maximum
temperatures was identified to be significantly decreased when the internal diameter
is reduced, as it can be observed in Figure 4.1.
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Figure 4.1. Tmax (K) and CO2 conversion (%) at different tube inner diameter (mm). Tinet=573 K,
Twai=573 K, P=1 atm and L=250 mm. Black square indicates the base case.

The reactor design proposal is shown in Figure 4.2 (a-b). This was found using a
reactor tube of 9.25 mm internal diameter and 250 mm length, which operate with an
inlet temperature of 473 K, a lower wall temperature of 373 K, pressure of 5 atm and
GHSV of 14,400 h'. At these conditions, the temperatures formed inside of the tube
reactor were lower than 673 K, and as a result, it was achieved highest CO:
conversion (Xco2=99%). According to the proposed tube reactor dimensions, a total
of 1000 tubes are required for the CO2 methanation of 100 Nm3-h! biogas.

a) Total temperature
| T
K 373 463 553 673
[k]
b) Mole fraction of ch4
| 3 T
0.27 0.37 0.46 0.58

Figure 4.2. a) Temperature profile and b) CH4 molar fraction profile as from design proposal.
Tinlet=473 K, Twai=373 K, GHSV=14400 h?, P=5 atm, di=9.25 mm and L=250 mm.
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4.2.  An insight into the heat management for the CO, methanation
based on free convection

In the second approach, the final goal was to propose a low-cost reactor design with
a novel heat-management approach based on the free convection for small-scale CO2
methanation applications. With this aim, a combined study based on experimentation
and CFD simulation was performed. Furthermore, the small-scale SNG production of
1 Nm3.h' was selected as the representative case to evaluate the scale-up of
proposal reactor.

In the first part of this study, a single reactor channel (inner diameter of 4.6 mm and
length of 250 mm) was built and experimentally evaluated using a methanation set-
up at lab-scale. The dimensions were selected to facilitate the heat transfer to the
environment, as it is highly promoted when the inner diameter is reduced from 10 mm.
CO:2 methanation tests to evaluate reactor channel were conducted by varying the
gas flow rate in a rage from of GHSV=3,039-18,235 h! at atmospheric pressure and
Tinet=573 K. The optimized Ni-CeO2-Al.03 catalyst formulation was implemented as
the catalytic material to carry out Sabatier reaction.

A first set of experiments revelated that higher temperatures (Tmax=673-806 K) along
the reactor were obtained at higher GHSV values (3,039-18,235 h?). As it can be
observed in Figure 4.3, non-isothermal temperature profiles with CO2 conversions
between 82 and 79% were achieved by increasing GHSV. These results allowed to
confirm that a simple way to control the temperature profile in a free convection heat-
management reactor configuration is by adjusting the inlet gas flowrate. In such a way
that the reactor can be heated up by increasing the gas flowrate and cooled down by
lowering it.
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Figure 4.3. Experimental temperature profiles by varying GHSV at P=1 atm and Tinet=573 K.

However, the achieved level of conversions was still too low for industrial applications,
and out of the scope of our work (290%). Thus, a second set of experiments, using
the same reaction conditions and adjusting the temperatures by addition of external
heat to the last zone of the reactor, was performed to achieve conversions close to
the equilibrium (91-84%). With this experimental alternative, the most favourable
conditions were obtained when the lowest temperature was higher than 573 K.
Therefore, optimal conditions to achieve a CO2 methanation based on free convection
cannot be only obtained by simply adjusting the inlet flowrate.

On the basis of the experience gained during the experimentation and considering
that the computational fluid dynamics (CFD) simulation is a potential tool, CFD was
used to obtain the optimum reaction conditions able to achieve a higher conversion
level. In the second part of this study, a 3D mathematical model to simulate Sabatier
reaction on the lab-scale fixed-bed reactor design was built by means of Ansys®Fluent
software. The CFD model was first validated using an experimental case and then
was used to optimize through sensitive analysis the main reaction parameters
(Pressure, inlet temperature, GHSV, air temperature) of the proposed reactor design.

The sensitive analysis proved that the operation of the free convection heat-
management reactor configuration is feasible through a compromise between three
operation parameters. A GHSV of 11,520 h, an inlet temperature of 503 K, a
pressure of 5 atm, and an air temperature of 298 K were found as the optimal
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conditions to guarantee high COz conversion without the need of external heating or
cooling units. The simulation and experimental validation shown in Figure 4.4. proved
the feasibility of this reactor approach. An interesting level of CO2 conversion (93%)
and a decreasing temperature profile along the reactor (T=830 to 495 K) were
successfully achieved. According to the proposed reactor dimensions, 23 channels
will be required to achieve the industrial small-scale production of 1 Nm3-h'! of

synthetic natural gas.

1200
= Experimental
Simulation
1000 -
8004 /'
3
o
2 600 -
© XCO,[%]
L 96
1S 93
@ 4004
200 ~
0 T T T T T T y T T T T
0 50 100 150 200 250 300

Axial position [mm]

Figure 4.4. Experimental and simulation comparison of the proposed reactor conditions.
GHSV=11,520 h, Tinet=503 K, Tair= 298 K, P=5 atm and H2/CO2 molar ratio=4.
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Within the Power-to-Gas concept, the catalytic conversion of renewable hydrogen and car-
bon dioxide to methane for injection to the gas grid has recently attracted much attention.
In the present work, the implementation of a nickel-ceria-alumina catalyst on a multitubu-
lar reactor for CO; methanation was studied. The reaction kinetics were experimentally
obtained and considered for a CFD model by means of Ansys" Fluent software, to evaluate
the behaviour of a multitubular heat-exchange reactor. The simulations showed that most
reaction occurs at the beginning of the reactor tube and the temperature raises rapidly. At
the kinetic regime zone, a proper control of the temperature is required to avoid excessive
hot-spots. In contrast, the final reactor volume is mainly controlled by the reaction thermo-
dynamics. In this zone, the reaction is shifted toward products by using a cooling medium
at low temperature. The effect of several design variables on the final methane yield and on
the temperature profile was carried out, and finally, a reactor able to convert the CO; present
in the biogas to synthetic natural gas is proposed. The modelling showed that the proposed
reactor tube (d; =9mm and L=250mm) should be able to obtain a high methane content
(>95%), at high GHSV (14,400 h~?), and keeping the hot-spots at minimum (A100K). Within
this reactor design approach, almost 1000 of tubes are necessary for the methanation of a
medium-size biogas plant.

© 2018 Institution of Chemical Engineers. Published by Elsevier B.V. All rights reserved.

1 Introduction

hydrogen through water electrolysis process (Gassner and Maréchal,
2008; Kroposki et al., 2006). At present, the hydrogen infrastructure
readiness is very limited, i.e. pipelines, buffers, refuelling stations, sta-

The contribution of renewable energies in the electricity mix is
expected to be very high in the near future. A high share of green elec-
tricity generated by unpredictable resources, such as sun and wind, into
the national energy mix cannot guarantee a reliable and continuous
power supply to the costumers (Garmsiri et al., 2014; Granovskii et al.,
2007). Thus, the implementation of grid storage systems is required.
The conversion of electrical energy into chemicals, in the form of gas,
liquid or even solid, has recently induced great study and application
interest as a large-scale solution for the electricity storage (Jentsch
et al., 2014; Varone and Ferrari, 2015). As concerns to Power-to-Gas
(PtG), the strategy relies on the transformation of the excesses of electri-
cal energy coming from unpredictable energy sources into renewable

* Corresponding author.
E-mail address: jguilera@irec.cat (J. Guilera).
https://doi.org/10.1016/j.cherd.2018.10.017

tionary fuel cells or hydrogen-powered vehicles. A further conversion
of the ble hydrogen to h hibits some practical bene-
fits. Methane is the primary component of natural gas (~94%), together
with other alkanes as ethane. Hence, renewable methane can be mixed,
stored and delivered through the already existing natural gas infras-
tructure (Guilera et al., 2018; Schaaf et al., 2014; Gotz et al., 2016).

The methane obtained through a PtG plant, referred to as synthetic
natural gas, can be formed by the combination of renewable hydrogen
with CO; as carbon source (captured from the atmosphere, biogas or
flue gas) (Barbarossa et al., 2014). Among different routes, the catalytic
CO; methanation can be a viable option for the production of renew-

0263-8762/© 2018 Institution of Chemical Engineers. Published by Elsevier B.V. All rights reserved.
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able methane (Guilera et al., 2018; G6tz et al., 2014). The methanation
of CO; is a thermochemical process carried out through the Sabatier
reaction (Eq. (1)) (Wang and Gong, 2011), in which CO; is combined
with four molecules of H; over a suitable catalyst to form CH,; and H;0.
This reaction is reversible, highly exothermic and it has an important
decreasing volume. Therefore, according to the Le Chatelier principle,
the methanation reaction is favourable at low temperature and high
pressure.

CO; +4H; « CH; + 2H,0 AHZq, = —165 kJ.mol™* 1)
At elevated temperatures, the endothermic reactions are promoted and
the equilibrium is shifted toward the reactants (Eq. (2)). Besides, the
reverse water gas shiftis enhanced (Eq. (3)). Both endothermic reactions
are undesired because they reduce the final yield of methane, the for-
mer by limiting the conversion and the latter by lowering the methane
selectivity (Gao et al,, 2012). From a thermodynamic point of view,
the reaction should be carried out at the lowest possible temperature.
Nevertheless, high reactor volumes and large amounts of catalyst are
then required due to kinetic limitations at low temperatures (<573K).
To overcome those difficulties, the catalytic CO, methanation process
requires of an active catalyst at low temperatures.

CHy + 2H;0 « CO;+4H; AHgg = +165 kJ.mol ™ )

CO; + H; « CO + H;0 AHZgg = —41 kJ.mol™ 3)
The supported catalysts composed by non-noble nickel metal, or noble
ruthenium and rhodium, are the most applicable in the Sabatier reac-
tion as the active phase (Stangeland et al., 2017; Golosman and Efremov,
2012). Among them, nickel based systems are in principle less costly.
The most studied nickel-based supports are those formed by titania,
silica, alumina, ceria, zirconia, lanthanum oxide or a combination of
them (Abate et al,, 2016; Feng et al., 2014; Zhao et al., 2012). In particu-
lar, nickel supported on ceria exhibits excellent methanation activity at
low temperatures and high methane selectivity (Tada et al., 2012; Atzori
etal., 2018). The activity, selectivity and effectiveness of the catalyst are
also influenced by the nature and preparation method of the support,
as well as the incorp ion of p ing sub es. The addition of
promoters can enhance the initial activity and reduce its deactivation
as a result of reaction hot-spots that promote sintering or formation of
coke.

A proper control of the ure on the 1 reactor is
mandatory to obtain efficient production of synthetic natural gas.
Industrial reactors dealing with exothermic reactions, as Sabatier, are
typically adiabatic fixed-bed reactors arranged in series or parallel with
intermediate cooling sy and gas recycling. Adiabatic reactors
have a simple design and low cost; however, the global process requires
a high complex configuration, not applicable for decentralized applica-
tions such as biogas conversion to synthetic natural gas (Ronsch et al.,
2016; Chein et al., 2016).

Conversely, exothermic reactions can be performed through heat
transfer systems, with the aim of maintaining the reactor tempera-
ture within a specific narrow range. This concept is often described
as “isothermal fixed-bed reactor”. Simple heat transfer reactors can be
constructed analogously as conventional shell and tube heat exchang-
ers by a multitubular design (Eigenberger, 1992). In real conditions, the
reaction exothermicity is so high that the reactor operates with some

perature profile. A c lled i of the ure inside the
reactor is not necessarily negative and it can decrease the total volume
of the reactor, compared to completely isothermal reactors (Belimov
etal,, 2017).

A suitable reactor design is the key factor to obtain an optimal tem-
perature profile. A proper understanding of relevant design aspects is
essential to optimize this profile. In the open literature, some useful
mathematical models have been proposed by coupling the methana-
tion reaction kinetics with heat and mass transport parameters. The
models were based on the optimization of the reactor thermal manage-
ment using commercial methanation catalysts. Numerical simulations

P
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can be found in 1D and 2D on pseudo-homogenous models (Martinez
Molina et al,, 2016; Sun and Simakov, 2017), and in 2D on heterogeneous
model (Ducamp et al., 2017).

In the present work, the implementation of a nickel-ceria-alumina
catalyst on a multitubular heat exchange reactor is evaluated. The goal
of this study is to propose a reactor with a simple design for optimal
synthetic natural gas production at industrial scale. In line with some
national legislations regarding gas grid injection, it was considered that
the reactor outlet should contain, at least, 95% of CH,. As a represen-
tative case, the biogas produced by two bic dig of a waste
water treatment plant was considered (100 Nm?* h~?, 65% CHy). For that
purpose, a kinetic study was carried out in a laboratory scale reactor
over the nickel-ceria-alumina catalyst. Then, a 3D mathematical model
based on comp ional fluid dy ics (CFD) through Ansys” Fluent
software was developed. The influence of the design parameters on the
reactor temperature profile were evaluated, and finally, a multitubular
reactor is proposed for the case study.

e Materials and methods
2.1.  Catalyst

The catalyst prepared for this study was composed by 15 wt.%
nickel as active phase with 10wt.% of ceria as a promoter.
Alumina was used as non-expensive support since it has a
large surface area and pore volumes. The influence of the
ceria content on the methane yield was previously evaluated
experimentally. The ternary catalyst system 15Ni-10Ce/Al,03
was facilely synthesized via one-pot, evaporation-induced,
self-assembly (EISA) strategy adapted from a previous work
(Camacho, 2017).

In a typical synthesis procedure, approximately 5 g of P123
Pluronic triblock copolymer ((EO)20(PO)70(EO)20) was dissolved
at room temperature in 100 mL of ethanol under vigorous stir-
ring. Then, 15 mL of nitric acid was added, together with 15g
of aluminium isopropoxide (CoH21Al103), 3.71 g of nickel nitrate
hexahydrate (Ni(NO3);-6H,0) and 1.26g cerium (IIl) nitrate
hexahydrate (Ce(NO3)3-6H,0). The resulting mixture was cov-
ered with a polyethylene film, continuously stirred for 6 h until
complete dissolution. Then, the mixture was placed in a digital
auto-regulator water-bath at 333K to undergo slow evapora-
tion of the ethanol and the acid. Eventually, the obtained green
xerogels were calcined slowly in air at 723K for 5h (heating
rate 0.5 Kmin ™).

2.2.  Experimental setup

A laboratory-scale reactor was used for the kinetic experi-
ments. The reactor consisted on a quartz tube with internal
diameter of 20mm and 250mm length. The catalyst was
placed in the middle of the reactor length, supported on
quartz wool. The gases were fed by a multiple gas supply unit
with four mass flow controllers for: the reacting mixture (20%
CO,-80% Hy), argon as diluting agent, H; for catalyst activation
(5% Hy-95% Ar) and the last for micro-GC calibration pur-
poses. The reactor was electrically heated up (473-723K) and
the furnace produced a 150 mm isothermal zone. The reaction
temperature was monitored using a thermocouple placed in
the middle of the catalyst bed. After reaction, the gases were
flowed through a water condenser (278 K) to remove the water
produced in the reaction, a volumetric flow meter to measure
the decrease of flowrates, and finally, introduced to the micro-
GC to determine the dry gas composition (CHg, Hp, CO, CO,).
Typically, composition was constant after 15 min of operation.



Andreina Alarcén

Chapter 4

CHEMICAL ENGINEERING RESEARCH AND DESIGN 140 (2018) 155-165

157

2.3.  Experimental procedure

Prior to reaction, the catalyst was loaded into the reactor and
reduced in situ by flowing 170mLmin~! of 5% H, at 723K
for 3h. A series of methanation reaction experiments were
carried out at different temperatures (473-673K) and CO,/H;
concentrations (Ar dilutions 25-100%). The total flow rate
was kept constant (200mL min~!). The working pressure was
atmospheric. The catalyst mass was adjusted (0.008-0.120g)
to avoid CO; conversions over 15% and therefore to ensure
differential regime conditions. A total number of 45 kinetic
experiments were carried out to cover the maximum condi-
tions range.

Experimental reaction rates of methane formation were
calculated as follows (Eq. (4)):

— e
TCH, experimental — TCHy out *Meat * Peat @)

The molar flowrate of methane at the outlet was determined
by the outlet composition and flowrate (Eq. (5))

TCH, o = Fout - Cchy (5)
3. Reactor modelling methodology

Fig. 1 illustrates the prototype design of a multitubular fixed-
bed exchanger reactor. The catalyst packaging is arranged
inside the tubes, while the heat transfer medium is flowed
around the tube bundle. The temperature of the cooling liquid
is adjusted by an external heat exchanger. The flow regime
is axial, which allows the fluid to flow through the free space
between the catalyst particles, with a flow model very close to
the piston type (block progression) (Ducamp, 2015).

3.1.  CFD model

A CFD model was developed though Ansys” Fluent software in
order to evaluate the temperature behaviour and the methane
formation of the multitubular fixed-bed exchange reactor.

3.1.1. Geometry model

The geometry defined for the study consisted on half reac-
tor tube using computer aided design. With this approach, it
was assumed that the temperature behaviour depends only

Cooling
fluidin

Catalyst
particle

fluid out

Product

Fig. 1 - Multitubular fixed-bed exchanger reactor.

on the species interaction formed inside of each tube and that
the cooling fluid remained at constant temperature. The reac-
tor tube was plotted in the XY plane and the reacting mixture
flowed along the Z positive axis. The reactor tube was divided
in two symmetrically in order to visually assess the parame-
ters at the centre of the tube, where the highest temperatures
and reaction rates were expected.

Five principal zones were defined as boundary conditions:
gas inlet mixture, gas outlet mixture, symmetry, tube and
interface. Then, a dynamic meshing design was created to
characterize the homogenous phase of the reactive zone. The
number of nodes was 96,391 and the number of elements was
32,176. They were divided into the reactive zone and the solid
zone. The meshing design was optimized to generate a mesh
with the minimum number of nodes, in which the numerical
solution did not depend on the number of discrete cells. The
selected mesh was non-uniform and a higher number of nodes
were defined at the initial reacting volume. The discretized 3D
computational geometry used for the simulations is shown in
Fig. 2.

3.1.2.  Model assumptions and governing equations
The mathematical model established for this study was con-
stituted by a set of five partial differential equations formed

A

0.000 0.040 0.080 (m)
mE=———
0020 0060
Fig. 2 - Di d model g y used for CFD modelling.
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used on the CFD

Table 1 - Governing equati

Energy balance

Conservation equation
Diffusion flux of species
Species transport

2 (oY) 4 V- (oY) = =V + Ry
Ji == (#Diim + ) VY; D, F

Net rate of production of species by chemical
reaction

Nr
Ri=MuiY Rir

=1
Viscous model (standard k-¢ 2 equations)

Turbulence kinetic energy (k)
Dissipation rate (¢)

The . turbulence viscosity is linked to the
turbulence kinetic energy and dissipation

Constant values (Jones and
Launder, 1973)

from the strategic integration of three sub-models. The first
sub-model was the mass and energy model to predict mass
conservation of the species and heat transfer during the pro-
cess. The second sub-model was the species transport inside
the reacting tube. This volume was treated as a homogeneous
porous medium composed by catalytic particles and gas mix-
ture. The porosity of the reactive zone considered was 58%,
this value was obtained experimentally. The volumetric reac-
tion model was defined to evaluate the species consumption
and formation. Besides, a finite-rate model was nominated
for the reacting flows assuming in this way that the chemical
reaction was the rate-limiting step. The third sub-model was
the viscous model (standard k-¢ 2 equations), it was incorpo-
rated to the set of equations, considering that the flow rate was
axial with an ideal piston type model with turbulent move-
ment. The fundamental assumption of this model is that the
turbulent viscosity is isotropic. In addition, it was considered
that mean deformation'’s rate and the ratio between Reynolds
stress is the same in all directions. Table 1 shows the set of
partial equations configured on the model CFD.

In this sense, the following assumptions were made for
simplify purposes:

The reactor operates at steady-state.

The wall temperature of the reactor tube is isothermal due
to that the cooling fluid temperature is constant along of its
length.

The model includes two zones: reactive zone (catalyst and
species) and solid zone (steel reactor tube).

3.2, Reactions kinetics

The net rate of production of species by chemical reaction
were obtained experimentally. The reaction kinetic expres-
sions introduced on the model were adapted to the species
transport model used by Ansys” Fluent. The formation or con-
sumption of each species R; (Eq. (6)) were computed as the sum
of Ny reactions that each species participates in:

Ri=Myi) Rir (6)
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where, M,;; is the molecular weight of species, iand R ; (Eq. (7))
is the molar rate of creation/destruction of species i in reaction
r.

Rir= kf,rH[Cj.r] e - kb‘rH[cj.r]nJ”’ @)

j=1 j=1

The kinetic parameters k¢, and an_' of the forward reaction
were determined through the experimental kinetic study (Eq.
(8)), by the minimization of the sum of absolute squared errors
between the proposed power law rate expression and experi-
mental data.
TCH, experimental = Ky CEVO: 'Cﬁ;l ®)
The study was carried out at differential conditions
(Xco2 <15%) and it was considered that the concentrations of
reactants were constant over the entire bed length. The pre-
exponential factor (A’y) and the activation energy (E'y) were
related to the rate constant by (Eq. (9)).

ki, = AT e Er/RT ©)

As the Sabatier reactions is a reversible reaction, the kinetic
parameters of the backward reaction (k;, ;) was also taken into
consideration. The Keq was obtained from the NIST equilib-
rium database (NIST, 2018). Then, the pre-exponential factor
(A;) and the activation energy (E;)of the backward reaction
were obtained by a mathematical fit. The ny, values were
obtained from the equilibrium relation.

33 Simulation

Once the physical model was defined, the boundary condi-
tions were specified. In this sense, the governing equations
are solved subject to some initial and boundary conditions. In
the present CFD model, both external and internal boundaries
were specified. As concerns to the gas mixture, a preheated
gas (Tipjer) With a uniform velocity was considered (Viyjet). The
species were introduced with stoichiometric molar ratio of H,
and CO,. At the tube outlet, the pressure was defined accord-
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Fig. 3 - Relation between the rate of CH; formation with the
concentration of the reactants at 673 K.

ing to the operational pressure for each specific condition. The
heat released by the reaction was evacuated through the steel
wall by means of the specification of a wall temperature (Ty,ay).
Lastly, the symmetry boundary condition was applied at the
center-plane to impose zero normal gradients at the velocity,
pressure, temperature, and species mole fraction.

The simulations were solved by a standard initialization
method with a number of iterations equal to 1000. The results
were considered valid when the equation solving had no
fluctuations and the error range was less than 104 for all
the parameters and for the energy less than 10-6. The reac-
tor behaviour was evaluated by the temperature, velocity
and molar fraction of each species through the reactor tube.
Finally, the CO, conversion at the outlet was obtained by the
CO;, consumption during the reaction by (Eq. (10)).

Nco, in — NCOs out

Xco, = x 100% (10)

Nco,
4. Results and discussion
4.1. Reaction kinetics

The reaction kinetics of methane formation over
15Ni-10Ce/Al,03 were obtained from experimental rate
data. The experiments were carried out using stoichiometric
reactant ratio (Ryp/cor =4), together with Ar mixtures, at the
temperature range of 473-673 K. The catalyst mass was varied
to assure differential conditions. The dependence of the
reaction rates on the temperature was really high, in such a
way that, the amount of catalyst at the lowest temperature
(473K) was about 25 times lower than at the highest one
(673K). Complete experimental rate data can be found in
Supporting Information (Table S1).

Besides the temperature, the reaction rates were influ-
enced by the reactant concentration. As an example, Fig. 3
shows the dependence of the reaction rates on the concen-
tration of the reactants at 673K. It can be observed that there
is a clear relation between the CH4 formation rate with the
reactant concentration, in such a way that the highest reac-
tion rates were observed with pure reactant and they decrease
with dilution. The dependence of reaction rates with reac-
tant concentration was practically linear, indicating the global
reaction order was low (n~1). In reaction systems with low
reaction orders, such as in the present case, the ideal reactor
configuration is a tubular one (Levenspiel, 1999).

Texperimental (motm™3.s)

Fig. 4- C ison b

P

the proposed expression.

1 rate data and

experi
P

The kinetic parameters were determined by adjusting the
experimental data to the proposed power law rate expression
by Ansys” Fluent. The most suitable kinetic expression found
was (Eq. (11)):

r¢ (mol-m=?.s7") =8.38.107
-6.20.107
. exp (T) (CCOI)O.UI . (CH2)°'683 (11)

Regardless its simplicity, the proposed kinetic model was able
to predict successfully the experimental data obtained in the
whole range of explored conditions, as displayed in Fig. 4.
In addition, residuals of the fitted equations were randomly
distributed. The partial reaction order was 0.171 for CO, and
it was 0.683 for H,, while the obtained global reaction order
was 0.854. The pre-exponential factor (A;) and the activa-
tion energy (E;) were found to be 8.38 x 10’ and 6.20 x 107
JKgmol !, respectively. In comparison with literature values,
the obtained activation energy was slightly lower that reported
by Cai et al. (7.7 JKgmol ') (Cai et al., 2011), where the kinetic
study was conducted over 12Ni/y-Al; 03 catalyst. On the other
hand, the kinetic parameters of backward reaction were cal-
culated as from NIST equilibrium database mathematical fit.
The backward reaction order obtained was —0.829 and —3.316
for CO, and Hy, respectively. The values found were 8.78 x 107
for the pre-exponential factor (A'y) and 2.33 x 10° JKgmol~!
for the activation energy (E,) was. Accordingly, the obtained
kinetic expression was (Eq. (12)):

1, (mol-m—.s71) = 8.78.10"

-2.33.108 E E
-exp (T> (Coo,) "% (Ci)) ¢ (12)

4.2.  Reactor modelling

4.2.1. Base case

The implementation of the 15Ni-10Ce/Al;03 catalyst on a
multitubular heat exchange reactor was evaluated through
the CFD model developed in this study. Table 2 summarizes
the parameters used for the base case. It was considered a
tube diameter of 20 mm and a length of 250 mm and the GHSV
was set at 3600h~'. The gases were preheated at 573K and
introduced to the reactor at atmospheric pressure with the
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Table 2 - Parameters used in the simulation for the base case.

Parameters Values

Molar fraction CO, 20 [%]

Molar fraction Hj 80 [%]
Pressure, Pinjet 1 [atm]
Reactor tube inner diameter, d; 20 [mm]
Reactor tube length, L 250 [mm]
Forward reaction order, n 0.854 -
Pre-exponential factor of the forward reaction, A, 8.38 x 107 -
Activation energy of the forward reaction, E, 6.20 x 107 JKgmol 1]
Pre-exponential factor of the backward reaction, A’y 8.78 x 10V -
Activation energy of the backward reaction, E’x 233 x10° JKgmol 1]
Specific heat of the reactive zone, Cprz 5754 kg K1)
Thermal conductivity of the reactive zone, Ar. 0.53 [WmK1]
Temperature of the gas mixture, Tije: 573 K]
Velocity of the gas mixture, Vipje: 0.25 [ms™Y]
Gases hourly space velocity, GHSV 3600 h1
Temperature of tube wall, Ty 573 K]

Mole fraction of ch4

H e 2020 s

0.0017 0.069

0.14 0.23

Fig. 5 - CH4 molar fraction profile for the base case (Tipjet =573 K, Tyan =573 K, GHSV =3600h~?, P, =1 atm, d; =20 mm and

L=250 mm).

Total Temperature

HEE s e

573 B21

Fig. 6 - Temperature profile for the base case (Tipjer =573 K, Tyan =573 K, GHSV =3600h~?, P;;,1¢; =1 atm, d; =20 mm and

L=250mm).

stoichiometric molar ratio (H,/CO; =4). In this model, the heat
was released by external cooling at the constant temperature
of 573K, to keep at minimum the temperature profiles in the
reactor (see Fig. 1). At these conditions, it was observed that
the gas mixture interacted from the very beginning of the reac-
tor, and as a result, CO; and H, were converted to the products
CH4 and water. The progressive conversion of CO, and H; to
CHg is illustrated in Fig. 5. It is seen that the reaction was fast
and the largest amount of methane was formed at the initial
zone of the reactor.

The conversion of carbon dioxide to methane produced an
increase of temperature inside the tube, due to the exother-
micity of the reaction. The temperature profile of the reactor
tube is shown in Fig. 6. It is seen that the maximum temper-
ature registered in the reaction zone was Tmax =733K. Thus,
the exothermicity of the reaction led to a temperature pro-
file of A160K. The temperature raise was mainly registered
on the first 5mm of the total tube length (250 mm). After this
initial raise of temperature, the exothermicity of the reac-
tion was balanced by the heat exchange with the wall. At the
end of the reactor, the temperature decreased again to reach
the wall temperature. Therefore, the reactor showed a pro-
nounced internal temperature profile at the beginning of the
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reactor, while the inlet and the outlet were at the same tem-
perature. A controlled temperature profile can be beneficial
to enhance the reaction rates at the kinetic reaction regime.
Unfortunately, the CO; conversion achieved by this reactor
design was restricted to 71%. Consequently, further reactor
optimization is required. With this aim, a sensitivity analysis
was carried out to identify the most relevant variables that
influence the behaviour of the reacting mixture temperature
and the CO; conversion.

4.2.2. Sensitive analysis: reaction conditions

A sensitive analysis was conducted in order to find the key
parameters for obtaining higher CO, conversions than the
base case. In parallel, the observed increase of the the temper-
ature (A160K) is not desirable as it can damage the catalyst.
These finding will be useful to propose an optimal design
reactor for the CO, methanation process. The first variables
studied on the sensitive analysis were mainly linked to the
working conditions of the process (Tipjet, Twall, Pinler and
GHSV). Additionaly, the dilution of reactants by the introduc-
tion of CHs at the gas inlet mixture was also considered as a
possibility, as biogas is considered an interesting CO; source.
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Fig. 7 - Tmax (K) and CO, conversion (%) at different T;,je;
(K). Tyan =573K, GHSV=3600h"1, P;;;joe =1atm, d;=20mm
and L =250 mm. Black square indicates the base case.

7554 Ko (%) L
P cor 100
750 1
50
745+
S g
4 180 <
g o =
»—é ] k70 ’g
7301
L60
725+
720 : : : ; - 50
35 400 450 500 550 600 650

Twall (K)

Fig. 8 - Tmax (K) and CO; conversion (%) at different Ty,
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and L =250 mm. Black square indicates the base case.

In the next section, the reactor dimensions are evaluated (tube
inner diameter and length).

The temperature of the gas preheating (Tjyt) were var-
ied in the range of temperatures between 300-623K. The
Tinlet effects on Tmax and CO, conversion are illustrated in
Fig. 7. As shown, a decrease of the reactor hot spots can
be achieved by the reduction of the inlet temperature; how-
ever, at expenses of lower CO; conversion. On this regard,
the lowest hot spot (Tmax=641K) and the lowest CO, con-
version (69%) were obtained at the lowest inlet temperature
considered (Tjpjer = 300K). As for Tjpje; between 523-623K, CO;
conversions above 70% were achieved. However, the maximun
CO; conversion achieved was only 72%, at the highest inlet
temperature considered (Tjpe =623K). The reduction of CO,
conversion at low inlet temperatures is due to kinetic restric-
tions to induce the Sabatier reaction. Therefore, the decrease
of the inlet temperature, reduces positively the formation of
hot spots but it negatively reduces the CO; conversion.

In contrast, Fig. 8 shows that the reactor hot spots can be
decreased by the reduction of the wall temperature without
lowering the final CO; conversion. The lowest Tmax (721K) was
obtained at the minimum Ty, (373K). In parallel, a positive
increase in CO, conversion was also observed with decreas-
ing Tyan. In this line, almost complete CO; conversion was
obtained at Ty, (423K) and 40% decrease in conversion was
observed at Tj,e; between 473-623 K. Accordingly, a decrease
of wall temperature favours the thermodynamics at the end
of the tube displacing the reaction toward products, while the
potential negative effect of decreasing the kinetics at the ini-

Fig. 9 - Tmax (K) and CO; conversion (%) at different GHSV
(h™Y). Tintet =573 K, Tyan =573 K, Py =1atm, d;=20mm and
L=250 mm. Black square indicates the base case.
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Fig. 10 = Tmax (K) and CO, conversion (%) at different P;pje¢
(atm). Tipter = 573 K, Tyan = 573K, GHSV=3600h"?,

d; =20mm and L =250 mm. Black square indicates the base
case.

tial zone were less pronounced. Thus, a decrease of the cooling
fluid temperature seems beneficial for the multitubular reac-
tor behaviour.

Another really important parameter on the reactor design
is the selection of the GHSV. Reactors able to work at higher
space velocities requires less reactor volume and catalyst
amount. The V. range selected for the analysis was between
0.1-1ms?, representing for this tube dimension 1800 h~' and
14,400h 1. Fig. 9 shows that reactor hot spots clearly increase
with flow velocity. At high flowrates, more reactant moles
were introduced to the reactor and more methane moles
were formed. Accordingly, the total release of heat was also
enhanced. On the other hand, the species have less contact
time with the catalyst at high flow velocities and conver-
sion should be significantly reduced in isothermal conditions.
However, in the present case study, high GHSV also led to an
increase of temperature. This behaviour minimized the typical
conversion drop.

A possible way to increase the conversion, without working
at low flowrates, is by changing the pressure inside the tube.
The Pjet effects on Tmax and CO, conversion were evaluated
from 1 up to 30atm. In Fig. 10 is illustrated that the reactor
hot spots increased, together with CO, conversion, with the
increment of the pressure. The conversion was increased from
71 to 91% at Pjjer =20 atm. At higher pressures, the pressure
effects on the conversion were negligible. The Sabatier reac-
tion has an important decreasing of volume. Then, it is more
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Fig. 11 - Tmax (K) and CO; conversion (%) at different
Productinje; (%)-Tintet =573 K, Tyan =573 K, GHSV =3600h-1,
Pinlet =1atm, d; =20 mm and L =250 mm. Black square
indicates the base case.

favourable to operate at higher pressures, both from kinetic
and thermodynamic point of view. However, it is worth men-
tioning that the increase of the pressure has some technical
and econommic implications on the process, since higher cap-
ital and operational costs are required. An inlet pressure of
5atm can be economically achieved by the incorporation of a
CO, compressing unit instead of a blower. Hydrogen pressure
is given inside the electrolyzer and thus an external hydrogen
electrolyzer is not necessary (Gahleitner, 2013).

From an industrial point of view, biogas (mixture of CO; and
CHa) is an interesting CO; source for SNG production (Martinez
Molina et al., 2016). Thus, the introduction of CH4 together
with CO; is considered in the sensitive analysis. The effect on
Tmax and on CO, conversion by the CH; addition is illustrated
in Fig. 11. The reactor hot spots visibly decrease with the CHy
addition, as well as CO, conversion. At high product addition
percentages (0.6), it was observed a large decrease of the max-
imum temperature (602K). Therefore, it was revealed that the
presence of CHy at the inlet can decrease the reaction hot spots
considerably; however, at expenses of the final yield. Accord-
ingly, a reduction of the conversion and the hot-spots should
be taken into account when methanation of biogas, instead of
pure CO,, is considered.

4.2.3. Sensitive analysis: tube dimensions

Proper tube sizing is relevant to achieve high methane con-
tents. In this sensitive analysis, it was studied the tube inner
diameter range of 5-20 mm and tube length of 125-1000 mm.
As expected, reactor hot spots decreased with the reduction
of the tube inner diameter (Fig. 12). At higher surface to vol-
ume ratio of reactor, the heat release was clearly favoured.
In contrast, it should be pointed out that the decrease of the
tube inner diameter implies the construction of a reactor with
larger number of reactor tubes, thus adding complexity to the
reactor manufacturing process. The increase of CO, conver-
sion using thin tubes is also due to the temperature behaviour.
Atlow tube diameter, the temperature at the center of the tube
was lower compared to large tubes. According to the Le Chate-
lier principle, the methanation reaction is shiflted to products
at low temperatures.

Fig. 13 shows that the CO, conversion increase with the
increment of the tube length up to 250 mm because the contact
time between the reactants and the catalyst is higher. Accord-
ingly, itis inferred that the a tube length of 250 mm is sufficient
for this case and a longer length would not contribute to the
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formation of more CHs moles. This indicates that the reactor
operates at an chemical equilibrium regime at the end of the
tube. Finally, the influence of the tube length on the temper-
ature is almost negligible (A5K). The maximum temperature
appeared at the initial zones of the reactor and not at the end
of the reactor.

4.3.  Reactor proposal

The inlet temperature, the wall temperature, the inlet pres-
sure, the inlet velocity and the tube inner diameter were
identified as the key parameters to have an optimum temper-
ature profile in the reactor. Unfortunately, the modification
of the inlet temperature, pressure, velocity and production
addition led to reduction of hot spots but they also to a neg-
ative reduction of the CO; conversion. On the contrary, hot
spots can be reduced by an optimum reactor geometry and
the temperature of the cooling system. Therefore, based on
these results, decisions were made with the aim of present a
reactor proposal.

The optimum design should ease an efficient temperature
control during the process of CO; methanation. Aforemen-
tioned, an excessive preheating induces hot spots. Thus, the
inlet temperature was kept at minimum. According to this
study, reaction rates were really low below 473K. Thus, it is
proposed a reactor in which the gases are introduced at this
temperature, after a preheating step. Wall temperature was
also kept at minimum of the range explored (Ty,,); =373K) due
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and L=250mm.

Table 3 - Design proposal for the optimization of the
reactor.

Operational conditions Value
Temperature of the gas mixture, Tipje: 473 K]
Temperature of the reactor tube wall, Ty 373 K]
Velocity of the gas mixture, Ve 1 [ms]
Gases hourly space velocity, GHSV 14,400 h-1]
Pressure, Pjye; S [atm]
Reactor tube inner diameter, d; 9.25 [mm]
Reactor tube length, L 250 [mm]

to the beneficial effects both in temperature control and in
final methane content.

Since a proper transfer of heat to the cooling medium was
achieved by optimizing the dimensions of the reactor, a tube
with an inner diameter of 9.25 mm (adapted to standard pipe
diameter) and a length of 250mm are proposed to achieve
an efficient temperature control in the reactor. It was consid-
ered that further reduction of the tube involves an excessive
number of tubes. In addition to the heat management, the
operation pressure was set at 5 atmin agreement with the high
activity increase from 1 to 5 atm, and in this way, avoiding high
operation pressures and keeping the process as simple as pos-
sible. The proposed reactor can operate as high GHSV values
as 14,400h~! and still produce a synthetic natural gas with
a 95% CHg, in line with some national legislations related to
gas grid injection. The parameters of the design proposal are
summarized in Table 3.

Finally, it was evaluated the methanation of a typical
industrial biogas produced is by two anaerobic digesters of
a wastewater treatment plant (100Nm®h~?, 65% of CHs). In
this case, the feed is composed by 240m*h~1 (14.6% CO, and
58.3% Hy). The maximum temperature registered in the reac-
tive zone was of 673K and the CO; conversion achieved was
of 99%. Therefore, with this strategy hot spots were success-
fully minimized (A100K). The profiles of the methane content
and temperature are illustrated in Fig. 14 and Fig. 15, respec-
tively. The simulation shows that the proposal has had a
good temperature control during the process. Accordingly, it
was concluded that about 1000 tubes are required to produce
35m*h~! of SNG at the conditions of the proposed reactor
design.

5 Conclusions

The implementation of a nickel-ceria-alumina catalyst on a
multitubular heat-exchange reactor for CO; methanation was
evaluated through Ansys‘{' Fluent CFD software. The simula-
tions showed that, in general terms, the reactor behaviour
is divided into two zones. At the beginning of the reaction
tube, most reaction takes place and the temperature is highly
increased due to the exothermicity of the reaction. A proper
control of the temperature on this reactor volume is manda-
tory to minimize the catalyst degradation by sintering or by
coke formation. After this initial hot-spots, the temperature
drops to equilibrium with the temperature of the wall. Within
this second reactor zone, the kinetics are restricted by the
relatively low temperature and thermodynamics of the reac-
tion gains relevance. In the thermodynamics regime, it is very
important to have an active catalyst at low temperatures to
complete the CO; conversion.

The temperature of the wall, directly related to the temper-
ature of the cooling fluid, is a key parameter to enhance the
methane content at the reactor outlet. Low wall temperatures
shifts the reaction toward products and higher conversions
can be achieved. In contrast, the effect of the wall temper-
ature on the kinetic zone is negligible. CO, conversion can
also be enhanced by the pressure of operation. The increase
of pressure have a positive effect on the conversion, especially
pronounced up to 5atm. A further increase of pressure can be
negative as higher capital and operational costs of the reactor
could not be balanced by the decrease of reactor volume. On
the other hand, the operation at high gas hour space velocities
is interesting to avoid excessive reactor volumes and amount
of catalyst. However, it was observed that the increase of flow
velocities leads to more pronounced hot-spots. Interestingly,
the higher amount of heat as a consequence of high flow veloc-
ities can be released by the reduction of the tube diameter as
well as by the addition of products at the inlet. Therefore, the
methanation of biogas instead of pure CO; is positive to avoid
reactor hot-spots.

The sensitive analysis of the design parameters was used
to propose a reactor with high CO; conversion, low hot-spots
and low reactor volume. A proper balance was found using a
reactor tube of 9.25 mm internal diameter and 250 mm length,
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which operates with an inlet temperature of 473K, a lower
wall temperature of 373K, inlet pressure of 5atm and gas
hour velocity of 14,400 h~1. At this conditions, the maximum
increase of the temperature was restricted to 100K, adequate
to avoid catalyst sintering and coke formation. The conver-
sion at the outlet was really high (99%) and should be suitable
to obtain a synthetic natural gas quality with the compo-
sition required for some European legislations (>95% CHa).
As an illustrative example, the number of tubes required for
the methanation of 100Nm?h~? biogas is about 1000. In the
future, the proposed reactor tube should be validated experi-
mentally.
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This article presents a novel heat-management approach for CO, valorization to synthetic natural gas based on
free convection to the environment, without requirements of heat-exchange services. With this aim, a reactor
channel was built (d =4.6 mm, L =250 mm) and tested at different conditions of inlet temperatures, gas howly
space velocities and pressures using an active nickel/ceria-based catalyst. After experimentation, a CFD model
was developed, validated and employed for an efficient sensitive analysis of the most suitable reaction condi-
tions. The simulation criteria were obtaining high CO, conversion level and restricting overheating to avoid
catalyst and reactor degradation. Then, the optimal conditions found by CFD modelling were successfully
validated at lab-scale. The CO; conversion level experimentally obtained was 93%, by using a decreasing tem-
perature profile in the range of 830-495 K, operating at a pressure of 5atm and a gas hourly space velocity of
11,520h ', The proposed reactor configuration guarantees an efficient heat management along the reactor
channel by using feasible conditions of pressure, temperature and flowrate for its implementation in small-scale

applications, where the use of the exothermic heat is less profitable.

1. Introduction

The production of synthetic methane through carbon dioxide (CO5)
methanation reaction has high interest in the context of Power-to-Gas
(PtG) [1-6]. The methanation reaction allows to store the intermittent
electricity production derived from renewable energy sources [7,8]; and
besides it allows the valorization of carbon dioxide to renewable natural
gas [9-12]. The starting point of the overall PtG process is the utilization
of renewable electricity to produce green hydrogen (H,) through water
electrolysis. Then, in an additional processing step, the formed Hj is
combined with CO, and converted to methane (CHy). In this way, the
energy carrier is in the form of CH4, which is the main compound of
natural gas. Hence, this product is known as synthetic natural gas (SNG).
The main advantage of SNG, in comparison with other syntheric fuels, is
that it can be fed into the existing gas infrastructure without any limi-
tations or any further processing. This is a clear advantage as trans-
portation using pipelines is more energy-efficient and environmentally
friendly than road transport.

The thermochemical COy methanation process is carried out through
Sabatier reaction (1). This reaction is reversible, exothermic and

* Corresponding author.
E-mail address: jguilera@irec.cat (J. Guilera).

hrtps://doi.org/10.1016/j.fuproc.2020.106666

thermodynamically favoured at low temperatures and high pressures. As
kinetics of the reaction are limited at the mentioned conditions, an
active catalytic system is required to obtain SNG at reasonable reaction
times. Most works on catalyst design for this reaction are based on noble-
and transition-metal materials (Ru, Rh, Pd and Ni) supported on metal
oxides (Al;03, CeO,, ZrO,, TiO,, SiO,, Las05 or combination between
them) [13,14]. In recent times, it has been reported that the modifica-
tion of the support through the incorporation of promoters (CeOy,
Lay03, Pry0s, Gdy03, ZrO,y, MnO, and MgO) improves the catalyst sta-
bility and even tolerance to industrial impurities [15-19].

COyp) +4Ha(e)=CHag) + 2H,0g) AH3g = — 165 kJ-mol ' (6))

Beyond catalyst advances, the design of a reactor with efficient heat
removal is another challenge to face in CO, methanation technology,
especially for decentralized application. Catalytic reactors, such as
multi-tubular fixed-bed [20-26], microchannel [27], fluidized bed [28],
stirred-tank slurry [29], microstructured [30-37], honeycomb [38] and
compact wall [39] are interesting approaches able to conduct the
Sabatier reaction. Among them, the fixed-bed reactor tube coupled with
an oil cooling system was already implemented at industrial level
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already in 2013 [40]. Recent advances are related to the utilization of
micro- or milli- size reactor for process intensification and temperature
control. Miniaturized packed-bed reactors exhibit unique heat and mass
transfer characteristics because of high surface-to-volume ratios [41].
Higher heat transfer capacity is achieved by decreasing the inner
channel dimensions. Consequently, it was inferred that micro-reactors
work at much higher gas flowrates than conventional units [42]. How-
ever, the heat generated from the Sabatier reaction is typically released
to another fluid by means of the incorporation of complex heat-
management systems and several auxiliary devices.

A reactor configuration with a heat-management approach based on
free convection is a promising alternative because then the reactor en-
gineering is significantly simplified [43]. As Sabatier reaction is an
exothermic process, the released heat can be controlled by some reaction
parameters and heat can be released to the environment without the
implementation of intensive cooling systems [44]. A free convection
heat transfer to the surroundings for the reactor cooling can be a tech-
nological alternative for lowering the investment costs in small-size
plants. Note that the definition of this novel reactor approach differs
from an autothermal approach, as in this second case, the cooling is
performed in-situ by an endothermic reaction; e.g. autothermal steam
reformers [45]. This “simple as possible” strategy is an interesting
approach to expand the application of CO, methanation in decentralized
locations with low production capacity, where it has been demonstrated
that high investments are not profitable.

The operation of reactor using polytropic temperature profiles is
required to achieve high SNG productions in smaller volumes [21,23].
Recently, Moioli et al. [46] proposed a model-based determination of
the optimal reactor concept for Sabatier reaction by controlling the heat
transfer. They found that the reactor can be divided into three zones: an
initial zone for reaction activation, a central zone to remove excess heat
and a final zone to reach the thermodynamic equilibrium curve. For an
unsteady state and more flexible process operation, also known as dy-
namic operation, Bremer et al. [47] applied stabilizing control to mod-
erate the reactive zone (hot spot) via adaptive coolant temperature
variations. They suggested that through this strategy it is possible to
obtain unconventional operating points in regions of steady-state mul-
tiplicity that offer reduced catalyst temperature, while maintaining
elevated reactor performance. In another study, Zhang et al. [48]
developed a steady-state solver based on the open-source toolbox. The
numerical study proposed heat transfer between the reacting gas in a
porous catalyst layer, reactor tube, and coolant in a shell-and-tube
reactor. They concluded that through the computational fluid dynamic
simulations it was possible to predict the trends of temperature profiles
both in axial and radial directions. Therefore, computational fluid dy-
namic (CFD) modelling seems a powerful tool for reactor design and
especially to avoid experimental trial-and-error methodologies.

The aim of this work is to propose a simple heat-management reactor
configuration based on free convection to the environment for lowering
the overall investment costs in decentralized small-scale CO, methana-
tion units. With this aim, a combination of experimentation on a reactor
channel (diameter of 4.6 mm and length of 250 mm) and CFD simulation
was carried out. The reaction conditions (Tiyler, GHSV, P, Tayy), in which
the proposed configuration is able to operate without the use of external
cooling/heating systems and to achieve a high CO, conversion level
(>90%) are hereby presented. The scale-up of the reactor approach
considering a representative industrial small-scale CO, methanation
case (1 Nm>-h ! of SNG production) together with the main advantages
and disadvantages of this heat-management configuration are further
discussed.

2. Experimental
2.1. Catalyst preparation

The catalyst used in this study was a ternary catalytic system based

Fuel Processing Technology xxx (xxxx) xxx

on Ni as active phase (25 wt%), CeO, as promoter (20 wt%) and y-Al;03
micro-spheres as support (55wt%). Catalyst design, synthesis and
formulation was optimized in previous works [49,50] and validated in a
relevant environment [42]. Specifications of the catalyst can be found in
those publications. To summarize, 50 g batch was prepared by dissolv-
ing salt precursors of nickel (II) nitrate hexahydrate ([Ni(NO3),-6H,0]
with 98% purity, Alfa Aesaer) and cerium (III) nitrate hexahydrate ([Ce
(NO3)3-6H20] with 99% purity, Fluka) in distilled water. Then, the
aqueous solution was mixed with y-Al,05 commercial support in shape
of microspheres with particle diameters d,=450-500 pm (NorPro
Saint-Gobain), on a rotary vacuum evaporator with constant stirring
(25 rpm) at room temperature for 1 h. Subsequently, the solvent was in-
situ evaporated at 358 K and P = 0.8 bar-g for 6 h. Finally, the impreg-
nated micro-spheres were first dried overnight at 378K and then

calcined at 723 K for 30 min with a heating ramp of 1 K-min~?.

2.2. Experimental setup

CO, methanation reaction was conducted in the homemade reactor
setup, illustrated in Fig. 1. The gases Hy/CO, mixture (99.999%, Linde)
and Hy (99.999%, Linde) were supplied through a set of mass flow
controllers (MFC, Bronkhorst). A heating tape (Omegalux) monitored by
a thermoregulation system (Horst GmbH) was used to pre-heat the gas
mixture to the desired temperature. Reactor channel dimensions (inner
diameter of 4.6 mm and length of 250 mm) were selected to facilitate the
heat transfer to the environment, as it is highly promoted when the inner
diameter is reduced from 10mm [51]. The tube was filled with
approximately 3.52 g of catalyst. Temperature was measured by six type
K thermocouples (1/16 in, Omega Engineering Inc.); two of them were
placed outside of the reactive zone (inlet and outlet of the reactor) and
four along the reactive zone (axial position of 28, 53, 99 and 188 mm).
Fiberglass tape, 40 mm mineral wool and aluminum foil was used to
insulate the reactor. Pressure was regulated by a manual valve placed at
the outlet. Then, the unconverted gases and the reaction products
leaving the reactor were cooled down to 278K by using a circulation
chiller (VWR,1160S model) and cold liquid-gas separator to condense
and trap water produced, respectively. Prior to the analysis of the
composition of the gases, a coalescence filter (Classic filter, $8127.221-
C-5CS model) was additionally used to ensure the total water removal.
At this point, the dry gas flow was measured by a flow meter (FM,
Bronkhorst) and its composition was successively analysed by an on-line
gas micro-chromatograph (490 microGC, Agilent Technologies). This
was equipped with three columns, two molecular sieve (MS5A) for Hy,
Ar, Ny, CO and CHj4 analysis, one porous polymer (PPU) for CO, and
light hydrocarbons. Each column is followed by a thermal conductivity
detector (TCD).

2.3. Procedure

Prior to reactor start-up, catalyst was reduced in a tubular furnace
using 5 vol% Hy/Ar at a flowrate of 100 mL-min~". The temperature was
increased up to 773 K for 3 h with a heating ramp of 1 K-min?, followed
by a cooled-down to room temperature. Then, the catalytic bed was
filled with the reduced catalyst. Experiments were conducted in the
range of P =1-5 atm, Tiye = 503-573 K, a stoichiometric Hy/CO, ratio
of 4 and using gas hourly spacy velocities (GHSVs) in the range from
3,039 to 18,235 h™!. GHSV was calculated by Eq. (2):

F
GHSV = 5 )
Pea
where F is inlet gas mixture, in the range from 200 to 1200 NmL-min 7,
Mcae, is the catalyst mass (3.52g) and pcar=0.891 geqr-mL ™' is the
measured catalyst density. The performance of the process was evalu-
ated through CO, conversion (Eq. (3)), CH, selectivity (Eq. (4)) and CHy4
productivity rate (Eq. (5)).
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Fig. 1. Schematic illustration of the reactor testing setup.
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where n; represents the molar flow rate of species j (j = CO, and CH,) in
the inlet and outlet gas. Sub-products, such as CO and C, hydrocarbons
were not detected. Therefore, methane selectivity was close to 100%. As
a representative example, Figure SI1-3 show raw chromatograms of the
analytics, confirming complete selectivity to CH4 formation.

i 1 Steel
I Reactive zone

Poutlet

Vinlet

r

nco, ~ /
lle :o. \5\
/ | —

000 80,00 (men)
6000

Fig. 2. Geometry design of the fixed-bed reactor tube used on CFD model.
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3. CFD model

The CFD model proposed in this work was developed using the
Ansys®Fluent software, 2019 R2 version. The geometry used for simu-
lation presented the same dimensions than the lab-scale reactor. A
schematic representation of the methanation reactor is shown in Fig. 2.
In the modelling, the length of the reactor was divided into five sym-
metric sections of 50 mm (LSj_1-s) to adjust individual heat transfer
rates along the reactor tube.

A dynamic meshing design of the 3D geometry model was created
with a total of six cell zones using 43,078 nodes. One cell zone was
identified as the reactive zone with homogeneous porous medium
composed by catalyst and gas mixture and the others five as solid zones.
Eight principal zones were also defined as boundary conditions: the gas
inlet mixture, the gas outlet mixrure, the tube length sections (LSi—; s),
and the interface. The set of partial differential equations involved in the
mathematical model were derived from the integration of three sub-
models: i) energy, ii) species transport, and iii) viscous. The governing
equations of the Ansys®Fluent software can be found in the Appendix of
the Supporting Information.

The apparent Kinetic parameters were obtained in a previous work
[51]. Two empirical power law rate expressions were used for the for-
ward and the backward reaction, presuming arbitrary orders only for
€O and Hy (Egs. (6) and (7)), while reverse water gas shift reaction was
neglected in the model. A more detailed experimental kinetic study on
this catalyst could improve adjust of the kinetic model to experimental
conditions. For instance, by adjusting the influence of CH4 and HyO
products to the kinetics and to evaluate the influence of CO formation in
the model.

Kinetic expression for forward reaction

r(molem *es ') =8.38-107¢ “"""VRT-(Ccoz)om - (Cip)**® (6)
Kinetic expression for backward reaction
rl,(mol-m 3.5 1) —8.78.10"¢ ZJR'IG‘/RT.(CCUZ) "‘m-(Cm) 3316 @

The physical properties for the reactive zone (rz), such as specific
heat (Cprz = 6,433 kg LKD), thermal conductivity
(Mz=0.34W-m K™) and viscosity (P = 1.23-.107% kg~m’1-K")
were obtained through the NIST data base [52] and defined as constant
values. The species (Hy, CO,, CH4 and Hy0) were modelled as ideal gas
and their mass diffusivity were calculated by the kinetic theory. Steel
was selected as material of the reactor tube and its thermal conductivity
(hs) was 16.27 W-m~ K. Newton’s law of cooling (Eq. (8)) was used to
model the convective heat loss to the surroundings from the outer wall.

G = hAT = h(Touerwan — Teo) (8)

where q is the heat flux density [W-m~2], h is the free convective heat
coefficient of the fluid [W-m 2K '] and AT is the temperature differ-
ence [K] between outer wall temperature (Toygerwan) and the bulk tem-
perature (Ty). The heat flux, g, for each reactor section was estimated
assuming a bulk temperature of 298 K and considering the temperature
connexion between reactive zone, tube innerwall as well as tube out-
erwall. Temperature behaviour between them was simulated by using a
coupling tool under the assumption that the reduction of temperature
was from reactive zone to tube outerwall.

The reactor modelling was carried out under the following assump-
tions: the gas mixture was preheated to the inlet temperature, the gas
velocity was uniform, the operating pressure was defined at outlet
reactor tube, the pressure drop along the axial reactor coordinate was
neglected and the heat of the reaction was transferred from the pipe wall
to the surroundings. A summary of reactor dimensions, properties and
operating parameters used in the simulations are presented in Table 1.
The set of partial equations were solved by the pressure-based Navier-
Stokes algorithm with a steady-state time dependence. The pressure-

Table 1
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Summary of reactor dimensions, propeities and operating parameters used on

the CFD model.

Reactor dimension Symbol Value Unit
Inner diameter D; 4.6 mm
Outer diameter Do 6.4 mm
Length L 250 mm
Length sections LSi 15 50 mm
Property Symbol  Value Unit
Thermal conductivity of the steel reactor As 16.27 Wem LK!
tube
Specific heat of the reactive zone® Cpez 6433 Jkg LK1
Thermal conductivity of the reactive zone® A, 0.34 Wm LK1
Viscosity of the reactive zone® Pz 1.2310 % kgm 'K'!
Temperature of the exterior Toa 298 K
Heat transfer coefficient of air” hair 19.45 Wm 2K !
Operating parameter Symbol Value Unit
Molar ratio of Hp/CO, - 4 -
Mole fraction of Hy myo 80 %
Mole fraction of CO, mco, 20 %
Temperature of the inlet Tintec 473-673 K
Pressure P 1-20 atm
Gas hourly space velocity GHSV 6834 -13,676 ht

@ Calculated using NIST data base.
b Calculated at Vo =1m-s * to guarantee a free convection.

velocity coupling with a Simplec scheme was selected as solution
methods. The number of iterations used in each simulation was 2000.

4. Result and discussion
4.1. CO; methanation tests

The first CO, methanation tests were conducted in the reactor setup
by varying the gas flowrate in the range of GHSV = 3,039-18,235 h ™! at
atmospheric pressure. The reaction start-up was carried out by pre-
heating of inlet gas at Tipjer of 573 K. As soon as the reaction started,
temperatures along the reactor increased gradually due to the exother-
micity of the methanation reaction. Steady-state conditions were ob-
tained after 35-85min, depending on the used gas flowrate. The
maximum temperature of the reactor was self-restricted at Tpay < 823K
to avoid catalyst degradation by limiting the inlet gas flowrates.
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Fig. 3. Experimental temperature profiles by varying GHSV at P=1atm
and Tigee = 573 K.
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As it can be observed in Fig. 3, non-isothermal temperature profiles
were always obtained. The operation using decreasing temperature
profiles is preferred to isothermal operation to reduce the reactor vol-
ume by a compromise of kinetics and equilibrium conditions [53].
Otherwise, in isothermal operation, a higher temperature can lead to
equilibrium restrictions and lower temperature to kinetics ones. The
highest temperatures (Tpax=673-806K) were detected close to the
reactor inlet (axial position 28mm) and the lowest ones
(Tmin = 310-378 K) were recorded at the reactor outlet (axial position
250 mm). This first series of experiments revealed that higher temper-
atures along the reactor were obtained at higher GHSV values.
Accordingly, it was confirmed that a simple way to control the tem-
perature profile in the proposed reactor heat-management configuration
is by adjusting the inlet gas flowrate. In such a way that the reactor can
be heated up by increasing the gas flowrate and cooled-down by
lowering it.

At the tested conditions, CO, conversions slightly decreased from 82
to 79% by increasing the GHSV from 3,039 to 18,235 h™L. In this aspect,
the decrease of the conversion (—3%) was really low compared to the
reduction of the gas residence time in the reactor (—~88%). The CO,
conversion pattern was a consequence of two opposite effects; high
GHSV led to higher reaction temperatures but lower residence times for
reaction. As observed, the operation at higher temperatures was more
decisive than lowering the gas residence time. This behaviour is prob-
ably a consequence that kinetic values depend exponentially on the
temperature, while residence time does not have this strong dependence
on the reaction rates. In any case, the maximum experimental CO,
conversion achieved during this first set of experiments was 82%.

The achieved level of conversion is still too low for industrial ap-
plications [53], and below the scope of the present work (>90%). An
experimental alternative to achieve conversion close (91-84%) to the
equilibrium at these conditions was adjusting the temperatures by
addition of external heat to the last zone of the reactor. In this second set
of experiments (see Figure SI5), the most favourable conditions were
obtained when the lowest temperature was higher than 573 K. There-
fore, optimal conditions cannot be obtained by simply adjusting the inlet
flowrate. A suitable and effective technique to obtain the optimum re-
action conditions able to achieve a high conversion level is by CFD
modelling.

4.2. CFD model validation

At first, the CFD model was validated using the experimental case
carried out at P=1atm, Tige;=573K and GHSV =13,676 h~!. The
parameters used in this simulation are described in Table 1. The length
of the reactor was divided into five symmetric sections of 50 mm
(LS;j-1-s) and the heat transfer values from the system to the surrounding
were adjusted in each reaction zone. At the selected experimental con-
dition, the amount of heat released to the surroundings was in the range
of -[9,415-2,053] W-m 2. The amount of heat transferred was higher at
the initial reaction zone and decreased along the reactor tube. This is a
consequence of higher driving force, i.e. higher temperature difference
between the system and the surroundings.

Fig. 4 compares the experimental and the CFD simulation results. As
can be seen, the temperature profile and the conversion level obtained
from simulation were very close to the experimental results. The highest
temperature (Tpax =775 K) was detected close to the reactor inlet and
the lowest temperature (Tyi, = 358 K) at reactor outlet. Only small di-
vergences were obtained in the conversion level (4+2%). In fact, the
lower experimental conversion (Xcop =80%) can be a consequence of
the lower temperature at the reactor outlet. Therefore, these results
confirmed the suitability of the proposed CFD model to optimize the
reactor parameters, as well as, to determine the heat fluxes of the pro-
posed reactor design.
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Fig. 4. CFD model validation: comparison between experimental and simulated
temperature profiles. Reaction conditions: GHSV = 13,676 h *, Tipiee =573 K
and P=1atm.

4.3. Sensitive analysis of the reaction conditions

As the experimental results were successfully described by the
developed CFD model, the influence of the operational parameters was
further evaluated using this tool. The influence of P, Tiye and GHSV on
temperature profile was studied in the range of 473-673 K, 1-20 atm
and 6837-13,676 h ™!, respectively. The sensitive analysis of the reac-
tion parameters was performed using the following 2 criteria i) CO,
conversion higher than 90%, ii) maximum temperature lower than
830 K. A total of 29 reactor configuration were studied. All simulation
results are summarized in the Table S1.

As representative example, the influence of the pressure on tem-
perature profiles at Tiye; = 573 K and GHSV = 13,676 h ! is displayed in
Fig. 5. Note that solid lines are used in the graphs for the conditions that
met these criteria, while dashed for those that do not. As a general rule,
it was observed that temperatures along the reactor was increased when
the pressure was higher. Furthermore, the increase of pressure impacted
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Fig. 5. Influence of P on the temperature profile and the conversion level at
GHSV =13,676h ' and Tiy.. = 573K obtained by CFD simulation.
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highly positive to the conversion, attaining 91% at 5 atm. In contrast, a
significant reduction on the CO, conversion values (<87%) was unex-
pectedly observed at high pressures (P>10atm). This pattern was
related to the reaction equilibrium limits the conversion level at high
temperatures (Tmay > 823 K), which are not favourable to produce CH,
[54]. Therefore, this highlight allowed the identification of the optimal
pressure condition in which the proposed catalytic system can achieve
an efficient CO, conversion.

The effect of the inlet temperature was evaluated at 5arm and
GHSV =13,676 h ™" in order to avoid catalyst and reactor degradation
due to overheating. The influence of the inlet temperature at those
conditions is displayed in Fig. 6, which suggests that the inlet temper-
arture is a strategic parameter to control the formation of the hot spots
(Tmay) inside of the reactor. A reduction of the inlet temperature below
573 K was positive as increased the conversion level and decreased the
overheating, even though more molecules of methane were formed and
thus more heat was released. At these conditions, the Ty, was lower
than 823 K and CO, conversions were higher than 92%. These positive
results can be related to thermodynamic reaction equilibrium. It well
known that high pressures and low temperatures leads to high methane
production.

The last parameter evaluated in the sensitive analysis was the GHSV.
Fig. 7 shows the temperatures along the reactor tube as a function of the
GHSV values at Tiyjer =523 K and P =5 atm. As it can be seen, the in-
fluence of the inlet GHSV was relevant in both the conversion and the
temperature profiles. The highest level of conversion was achieved
(97%) at the lowest GHSV (6838 h™?), despite the low reaction tem-
peratures. From these results, it is inferred that the reactor can work, in
principle, at GHSV values in the range of 12,307 h 1 > GHSV>8,205h !
at 5 atm without the installation of neither a cooling nor a heating sys-
tem. At these conditions, temperature of the reaction along the reactor
tube can be controlled by the inlet flowrate. On one hand, operation at
higher values (GHSV>13,676 h ') demands of an external cooling sys-
tem to restrict Tpay < 823 K to avoid catalyst degradation. On the other
hand, operation at low values (GHSV<6838 h 1) demands of an external
heating system at the last zone of the reactor to achieve high conversion
values. The obtained heat fluxes from the simulations are presented in
Table S2.

As mentioned, the target of the present reactor approach is to avoid
external cooling and heating of the reactor channel. In short, CFD sim-
ulations showed that the conditions for CO, methanation can be reached
by adjusting the gas flowrate and the pressure. The operation at the
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Fig. 6. Influence of Ty, on the temperature profile and the conversion level at
IHSV =13,676 h ! and P = 5atm obtained by CFD simulation.
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Fig. 7. Influence of GHSV on the temperature profile and the conversion level
at Tipter =523 K and P =5 atm obtained by CFD simulation.

potential zone (6838 > GHSV>13,676 h™') can be finally adjusted by
the inlet temperature of the gases. As the reactor temperature rose with
increasing the inlet temperature (see Fig. 6), a slight decrease of the inlet
temperature allows to work at higher GHSV values without exceeding
the self-imposed limit temperature.

4.4. Reaction conditions proposal

CFD simulations revealed that a compromise between kinetic, ther-
modynamic limitations and suitable heat-management is required to
achieve high CO, conversions. In this aspect, the inlet temperature of the
proposed reactor was set at 503 K and the pressure at 5 atm, the mini-
mum values in which >90% of conversion was achieved. Both condi-
tions are technically feasible in a relevant environment. On the other
hand, a GHSV =11,520 h™! was selected considering the maximum
GHSV, in which is possible the operation of the reactor without the
implementation of an external cooling and heating system. The increase
of the GHSV parameter benefits from a reduction of the necessary
reactor volume. A summary of the operational conditions of the reactor
design proposal are presented in Table 2.

The temperature profile of the proposed configuration is displayed in
Fig. 8, which indicates the feasibility of this reactor approach. At the
selected conditions, the simulated CO, conversion was 96% and the
decreasing temperatures along the reactor tube was in the range of
817-505 K. The main effect of each parameter is described as follows.
The temperature of gas pre-heating enables the restriction of the

Table 2
Design proposal for reactor.
Operating parameter Symbol Value Unit
Molar ratio of Hy/CO» H/CO2 4 -
Mole fraction of Hy Myo 80 %
Mole fraction of CO, mecoy 20 %
Temperature of gas mixture Tinler 503 K
Pressure P 5 atm
Gas hourly space velocity GHSV 11,520 h!
Heat flux sy 17,135 Wem?
dis2 15,229
diss 12,979
Sin 11,055
Bis 9900

125



Chapter 4

Andreina Alarcén

A. Alarcon et al.

Temperature

0.02

Fig. 8. Temperature profile of the reactor obtained by CFD simulation.
molar ratio = 4.

maximum temperature at the initial reaction zone and thus to avoid
excessive hot-spots, GHSV allows the management of the reaction
temperature along the reactor tube and to avoid external heating or
cooling units, and finally, a compromise between the pressure leads to
higher conversions.

The validation of the proposed reactor configuration was carried out
under the simulated conditions. In this experiment, the operation of the
reactor started by fixing the pressure at 5 atm, followed by setting the
flow rate at the proposed GHSV of 11,520 h™! (F =930 NmL-min~!) and
switching on the preheater to rise the inlet gas mixture temperature to
the desired temperature of 503 K. At these conditions, the experimental
temperature profile was quite similar as the simulated one, as shown in
Fig. 9. Accordingly, the technical feasibility of the reactor was experi-
mentally validated at lab-scale, as no external heating or cooling was
necessary. The experimental temperature was in the range of 830-495 K
with a CO, conversion equal to 93%, very close to the simulated results.
At the low temperature of the outlet, the chemical equilibrium is totally
shifted to products. Thus, in principle 100% of conversion could be
achieved at very high residence time (see equilibrium data in Fig. S4).
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Fig. 9. Experimental and simulation comparison of the proposed reactor con-

ditions. GHSV=11,520h !, Tyy.=503K, P=5atm and H,/CO,
10lar ratio=4.
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With regard to the total heat released to the ambient and CH4 produc-
tivity rate obtained during the process, it was estimated for this pro-
posed reactor design a total heat of 0.07 [-kW] and a CH, productivity
rate of 95.68 mol-h'-kgeat .

Considering that the proposed reactor design can be exposed to the
unpredictable variations of the ambient air temperature (T,), addi-
tional simulations were then performed to evaluate its effect on tem-
perature profiles and CO, conversions. This set of simulations was
carried out in a Ty range of 273 to 323 K. As is shown in Fig. 10, the
thermal operation performance of the proposed reactor design is slightly
influenced by the Taj,. An increase in the temperature along the reactor
was detected as soon as the air temperature increases. Nevertheless, all
temperatures (Tmax <827) and CO, conversions (Xcoz > 92%) were
above the target criteria (Tmax < 830K and Xco» >90%). The most
unfavourable result was observed when the T,;; was the too high, 323 K.
At these environment conditions, CO, conversion was reduced by 4%
and the temperature profile was in the range of 827 to 523 K. Conse-
quently, it is inferred that T,;, can modify the behaviour of the proposed
heat-management approach to a certain degree, which is obviously a
drawback of the proposed configuration.
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Fig. 10. Influence of T,;, on the temperature profile and the conversion level at
GHSV =11,520 h-1, Ty = 503K, P=5atm and H,/CO, molar ratio = 4.
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4.5. Comparison with other heat-management approaches

The production of 1Nm>h™! of SNG based on a pure COy/H,
mixture was selected as the representative industrial small-scale CO,
methanation case. According to the reactor dimensions (d =4.6 mm,
L =250 mm), 23 channels will be required to achieve the targeted SNG
production rate. It is important to point out that the reactor proposal
even works at slightly higher GHSV values (11,520 h™!) with respect to
the commercial technology (9000 h™Y) at industrial scale [55]. On the
contrary, at much lower GHSV values than the advanced micro-
structured  reactors (54,000h™!) [42] that are in a pre-
commercialization state. This as simple as possible thermal approach
requires of similar, or slightly lower, volume and catalyst amount than
conventional multi-tubular reactors. Nevertheless, in a large-scale
power-to-gas application the amount of tubes would be 30-fold larger,
considering 25 mm diameter as standard tube diameter for conventional
bundle reactors. In this sense, the amount of necessary auxiliaries would
be lower, while the amount of tubes would be much larger due to the
compromise between reduced dimensions of the tube diameter and
operational GHSV values.

On the other hand, the steady-state temperature profile obtained
during its experimental validation was reached after approximately
56 min, as it is shown in Fig. 11. It is anticipated that the start-up of the
proposed reactor is slower than reactors that include an internal heat
exchange system. As an example, the start-up of a micro-structured
reactor is carried out in approximately 8-30 min, using both heating
and cooling auxiliaries [42]. Another aspect to consider in this heat-
management approach is the reaction safety. Reactor runaway can
occur in exothermic reactions because of irregular composition of the
reactants or some fluctuation of inlet temperature. In those cases, an
increase of the reaction temperature can change conditions in a way that
it causes a further increase in temperature, leading to a destructive
result. This fact can be problematic as no cooling system is proposed to
actively control the reactor temperature. Fortunately, this undesired
situation can be easily avoided by stopping the CO, dosage into the
reactor and/or by injecting an auxiliary gas as nitrogen. As soon as no
CO; is introduced to the reactor, the reactor temperature immediately
drops.

In the present work, the main pros and cons of a heat-management
for CO, methanation based on free convection were disclosed. The
main advantage of the present approach is the simple design and low
auxiliary requirements of this reactor, especially in decentralized loca-
tions where the integration of the exothermic heat to another industrial
unit is not technically feasible or, more probably, not economically
profitable. In this sense, the proposed reactor can be an alternative to
consider for producing synthetic natural gas at reasonable GHSV in
decentralized small-scale Power-to-Gas installations, as in most biogenic
CO, sources.

5. Conclusions

A reactor design using a simple heat-management based on free
convention was proposal in this work. The application of this approach
is intended for the small-size production of synthetic natural gas from
CO, catalytic methanation. The technical feasibility of the proposed
heat-management was studied through experimentation on a lab-scale
single reactor channel (diameter of 4.6 mm and length of 250 mm)
and conducing a sensitive analysis by means of a CFD model to disclose
the most favourable reaction conditions.

The experimental results revealed that the reaction conditions
should be carefully selected as no external heating or cooling units can
be used to adjust the temperature profiles and thus to obtain high con-
version levels. The experimental data was successfully described by
means of the CFD model. Accordingly, CFD modelling appears as a
powerful tool that can be used for the optimization of the reaction pa-

ameters, rather than excessive experimentation. The sensitive analysis
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Fig. 11. Experimental evolution of the temperature profile during the reaction
start-up. Reaction conditions: GHSV = 11,520 h !, Ty = 503K, P=5atm and
H»/CO, molar ratio = 4.

conducted by CFD simulations showed that the operation of the reactor
is feasible through a compromise between 3 operation parameters: gas
hourly space velocity, inlet temperature and pressure. In parallel, it was
observed that the environmental temperature can have an influence on
the reactor yield.

The optimal conditions, which met CO, conversion higher than 90%
and temperature lower than 830K criteria, were obtained by CFD
simulation, and then, experimentally validated. Those conditions were
GHSV at 11,520 h ™}, inlet temperature of 503 K, pressure of 5 atm, and
air temperature of 298 K. Under those conditions, an interesting level of
CO, conversion (93%) was successfully achieved. The decreasing tem-
perature profile along the reactor was in the range of 830 to 495K,
without the need of external heating or cooling units. Therefore, the
proof-of-concept of the operation for CO, methanation based on free
convection is hereby validated in a single channel reactor at lab-scale.
According to the proposed reactor dimensions, 23 channels will be
required to achieve the industrial small-scale production of 1 Nm®h~* of
synthetic natural gas.
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Conclusions

In this thesis, it was designed a high-performance ternary catalyst composed by Ni as
active phase, CeO:2 as promoter and y-Al2Oz microspheres as support. A
straightforward and scalable wet impregnation method was implemented to
manufacture the proposed Ni-CeOa/y-Al203 catalyst. Special focus was done on
evaluating its catalytic performance, stability, sulfur tolerance, and implementation in
a relevant industrial environment (CoSin project) in order to prove its technical
feasibility. Moreover, CFD models based on experimental kinetic data were developed
to understand the role of the operation conditions, to optimize conventional fixed-bed
reactor prototype, and to propose a novel fixed-bed reactor configuration.

The main conclusions of this thesis are:

e Metal-oxides (CeO2, La203, Y203, Sm203 and ZrOz) were implemented as the
promoter phase (X) on micro-sized Ni-X/y-Al203 catalysts. The strategy of adding
promoters was found to be positive in terms of both initial activity and stability.
La20s and CeO:2 were the most promising promoters and they provided similar
physicochemical properties, as it was identified by characterization analysis. The
beneficial effects of the promoters on CO:2 conversion were mainly explained by
the enhanced interaction between CO:2 and catalyst. In particular, it was found
that La2O3 and CeO: promote the formation of moderate basic sites, thereby
enhancing the ability of CO2 adsorption and catalytic stability. Between both, CeO2
was selected as more cost-effective promoter.

e The selected ternary catalyst based on Ni as active, CeO2 as promoter and y-
Al2Os micro-spheres as support was further optimized through an innovative
systematic experimental design to find an optimum Ni-CeO2/y-Al203 formulation.
A proper balance between the positive effects of each component of this ternary
catalytic system was found when 25 wt.% Ni and 20 wt.% CeO:2 were impregnated
on 55 wt.% y-Al20s. The optimized Ni-CeO2/y-Al203 catalyst displayed a high
activity (Xco2=91%) and a high reaction rate (6.46 mol-h™*-gnit), when compared
with other similar catalysts in literature. Furthermore, the catalyst presented
successful stability over 120 h run at 300 °C and 5 bar-g.

e The effect of the active phase (Ni), promoter (CeO2) and support (y-Al203
microspheres) were identified by means of advanced characterization analysis.
The main contribution of each component in the optimized Ni-CeO2/y-Al203
formulation was described as follows: Ni mainly provides a proper metallic surface
area for reaction; CeO: is a key component to enhances both the reducibility of
the Ni and the activation of acidic COz on the catalyst support's surface; and, y-
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Al203 contributes with enough porosity for nickel dispersion and gas transfer. The
synergy effects between all optimized components allowed that the Ni-CeOz2/y-
Al203 catalyst achieved +25% of productivity than a commercial reference.

The catalytic stability and sulfur tolerance over the optimized Ni-CeOz/y-Al203
catalyst was evaluated under high temperature (T=500 °C), with and without the
presence of H2S impurities (1-5 ppm). The high stability (Xco2=88%) detected at
T=500 °C was explained by the formation of nanocomposite between Ni and CeO:
particles that promotes the metal-promoter interaction. On the other hand, the
high tolerance (Xco2=25%) achieved in presence of H2S impurities was derived
by the presence of Ce20:S. The formation of this phase was thermodynamically
favourable and it restricts the formation of nickel sulfide, as it was confirmed by
HRTEM analysis. Therefore, the promoted CeO: particles on the Ni/y-Al203
catalyst act as sacrificial functional groups that make the catalyst lifespan longer
lasting.

The implementation of the micro-sized Ni-CeO2/y-Al203 catalyst was evaluated at
relevant industrial environment (CoSin project). The catalyst was implemented on
a two-stage microstructured reactor system to evaluate its technical feasibility
using biogas or upgraded CO: as carbon source from a wastewater treatment
plant. The scale-up of the catalyst manufacture was performed using a
straightforward wet impregnation method. Using this technique, it was delivered
a catalyst production of 105 g to the plant. The desired gas composition for grid
injection (292.5% CHa, <5% H>, and <2.5% CO) over the micro-size catalyst was
achieved after the second methanation step using a non-isothermal temperature
profile (T= 275-475 °C) and pressure of 5 bar-g. Catalyst deactivation during the
2000 h of experimentation was not evidenced. Therefore, the successful
performance and stability achieved on the industrial-scale two-stage
microstructured reactor system demonstrated the technical feasibility of this
micro-sized Ni-CeO2/y-Al203 for CO2 methanation.

The implementation of a nickel-cerium-alumina catalyst on a designed
multitubular fixed-bed exchanger reactor for CO2 methanation was studied. A 3D
CFD mathematical model based on kinetic data was developed to optimize its
temperature profile and propose this reactor approach for a mid-size SNG
capacity plant. An balance to obtain an optimum temperature profile aiming a high
conversion (Xco2=99%) was found using a reactor tube with an inner diameter of
9.25 mm and a length of 250 mm, which operates at Tinet=473 K, Twai=373 K,
GHSV=14,400 ht, P=5 atm. Simulations proved that design reactor parameters,
specially the reactor inner diameter is a key parameter to reduce the formation of
hot spot (AT=100 K) on the reactor tube. According to the proposed reactor tube
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dimensions, almost of 1000 tubes will be required for CO2 methanation of 100
Nm3-h~1 biogas.

e For small-scale SNG production, a different fixed-bed reactor design was studied.
In this case, a novel heat-management approach based on free convention was
proposed for reducing the investment costs. To explore this novel reactor design
approach, a reactor tube (d= 4.6 mm and L=250mm) was built at lab-scale,
experimentally evaluated, and then simulated through a 3D CFD mathematical
model to optimize the reaction parameters. According to simulation, the optimal
conditions to guarantee high CO: conversion without the need of external heating
or cooling units were found at GHSV=11,520 h?, Tine=503 K, P= 5 atm and
Tar=298 K. The feasibility of the simulated reactor approach was further
experimental validated over the micro-sized nickel-cerium-alumina catalyst. A
non-isothermal temperature profile (T=830 to 495 K) with high level of CO:
conversion (Xco2=93%) was successful achieved. For the small-scale production
of 1 Nm3-h! of SNG, 23 channels will be required to achieve the targeted
production rate. The main advantage of the proposed approach is the simple
design and low auxiliary requirements of this reactor, especially in decentralized
locations where the integration of the exothermic heat to another industrial unit is
not technically feasible or, more probably, not economically profitable.

To summarize, Ni-CeO2/y-Al203 micro-size catalyst for SNG production was
synthesized and optimized in laboratory conditions. Further, it was validated
successfully in an industrial reactor under real operation conditions. The catalyst has
proven to be active, stable, and scalable. Moreover, the optimized catalyst was used
as a benchmark to design a novel reactor approach for CO2 methanation based on
free convection. The developed reactor design combined with the micro-sized catalyst
can provide a promising alternative for CO2 methanation process intensification and,
therefore, make this technology more commercially attractive.

Outlook and recommendations

As an outlook, and based on the present results, it is projected the scale-up,
construction and experimentation of the small-scale methanation reactor in a pilot
plant. These steps are important to value its technical feasibility at industrial
conditions. Currently, the catalyst commercialization is being valued through the
framework of the LLAVOR (LLAV-2018-00066) and PRODUCTE (PROD-2019-
00091) projects. In the short-term future, the author’s motivation is that the technology
proposal (catalyst + reactor) could penetrate to the market competing at the sacrifice
of other costly CO2 methanation technologies that show lower efficiencies. We believe
that the implementation of a cost-efficient CO2 methanation technology can contribute
to the future of environmentally friendly energy systems.
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In this line, the author recommends the evaluation of the following aspects by future
research:

136

For the implementation of the fixed-bed reactor design approach in industry,
further research should be focused on the scale-up of the reactor approach.
As it was reported, 23 tubes will be required for small-size SNG production.
A simulation-base study should be performed to find an optimum
arrangement of the tubes. Different arrangements, such as square, circular,
triangular or rhombus could be evaluated. At this point, the influence of the
spacing between each reactor tube should be taken into account in order to
select the optimum solution of the arrangement and to propose the simplest
tube bundle reactor configuration. Once the best tube bundle reactor has
been selected, this must be built and tested its feasibility at different scales
(from lab to pilot plant).

It is recommended to use a more complex rate law to represent the reaction
kinetics. Under the non-isothermal conditions, it is plausible that reaction is
governed by the equilibrium restriction. On the bases of reaction mechanism
proposed for the Ni-CeOz/y-Alz0s catalyst, a LHHW kinetic model could be
developed including the product adsorption on the catalyst. In addition to
Sabatier reaction, kinetic experiments should be designed in order to evaluate
the formation of the RWG reaction and the influence of the products (CH4 and
H20). Preliminary experiments proved that the addition of water in the stream
limits the rate of the reaction. Therefore, the implementation of this more
complex kinetic model on the developed CFD model approaches might assist
future studies on the design and operation of catalytic fixed-bed reactors,
getting closer to reality.

Taking into consideration that the Ni-CeO2/Al203 catalyst work under a
decreasing temperature profile along the catalytic bed reactor, a catalyst
characterization study using advanced post-mortem technics should be
performed in order to propose improvements. A comparative examination of
the surface characteristics of the fresh and spent catalyst can be quite
revealing and instructive to identify the physical properties limiting catalyst
performance and to make predictions of the catalyst lifetime.

Further research on the catalyst in-situ regeneration of S-poisoned Ni-CeOz/y-
Al2O3 catalyst should be considered. As it was demonstrated in this thesis, a
non-expected compound was formed between by the interaction of the poison
and the catalyst. The Ni-CeO2/y-Al2Os catalyst achieved a higher sulfur
tolerance thanks to the favourable formation of Ce202S species that restricts
the formation of NiS. Form this fact, several scientific questions may arise.
This finding is key since steps can be taken to remove the poison or replenish
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the active catalyst components (CeO2 and Ni) that reacted with the poison
(Ce202S and NiS). To understand the adsorption type (reversible or
irreversible) of the poison precursor on or with the surface can be crucial for
extending the catalyst lifetime. With these insights, catalyst regeneration
procedures will be also developed for those industrial cases where the sulfur
cleaning devices present cannot remove completely the sulfur.
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Appendix 1 includes five tables, in which the state-of-art of the proposed kinetic
models, and catalysts for CO2 methanation are presented. In Table Al.1, an overview
of the kinetic models developed over Ni-based catalysts is displayed. For each case,
the kinetic rate expressions and the estimated activation energy values are shown. In
addition, catalysts reported in literature are listed in Tables Al1.2-A1.4. According to
the catalyst strategy design, they are classified as bimetallic catalysts (Table Al1.2),
supported metal-based catalysts (Table A1.3) and metal-oxide promoted Ni-based
catalysts (Table Al1.4). In these tables, the reaction conditions at which the catalysts
showed their most promising catalytic performance are detailed. Finally, the main
preparation methods implemented for Ni-based catalyst synthesis are specified in
Table A1.5. In particular, the table shows the main findings found over the
physicochemical properties of the catalysts.
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Supporting information

Metal-oxide promoted Ni/Al,O3; as CO, methanation micro-
size catalysts

Jordi Guilera, Jaime Valle, Andreina Alarcén, José Antonio Diaz, Teresa Andreu

Table S1. Chemical composition determined by EDX analysis.

metal content [wt.%)]
sample

Ni promoter?
2542 =
Ni fresh
used 271
23+1 16 £1
Ni-CeO, fresh
used 23+2 16 +£1
28+2 14 £1
Ni-La,05 fresh

used 27 +2 15 +1
apromoter amount is expressed as metal (Ce, La)

102

100 +

98

96

Weigth (%)

94

92

— Ni-Used
—Ni-CeO,-Used

90 T T T T 1
0 1 2 3 4 5 6

Time (h)

Figure S1. Mass profiles for used Ni and Ni-CeO; catalysts during TPO experiemnts.
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& Ni-CeO,-Fresh
= AV R & v 2
2
29 v o - Ni—Use@d
2
X..v vy o Ni-Fresh
2
' T ¥ T v T v T v T y
20 30 40 50 60 70 80
20 (°)

Figure S2. XRD patterns of fresh (pre-reduced) and used catalysts.

Table S2. XRD crystal size of fresh (pre-reduced) and spent catalysts.

dni
sample

nm
Ni fresh 78+03
used 86+0.3
fresh 179+14

Ni-CeO, v 9

used 15.141.0
Ni-La;05 fresh 10.7£0.5

used 99+04
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Supporting information

Optimization of nickel and ceria catalyst content for synthetic
natural gas production through CO, methanation

Andreina Alarcén, 2° Jordi Guilera®’, José Antonio Diaz® and Teresa Andreu?
2Catalonia Institute for Energy Research (IREC), Jardins de les Dones de Negre 1, 08930
Sant Adria de Besos, Spain

bEscuela Superior Politécnica del Litoral, ESPOL, Facultad de Ingenieria en Ciencias de la
Tierra, Campus Gustavo Galindo Km.30.5 Via Perimetral, P.O. Box 09-01-5863, Guayaquil,
Ecuador.

°Department of Mechanical, Chemical and Industrial Design Engineering, ETSIDI, Universidad
Politécnica de Madrid (UPM), 28012 Madrid, Spain
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Quantity Adsorbed (cm3- g_1)
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Table S1 Apparent bulk density of calcined catalysts

Catalyst g n‘:L"]

ONi-0CeO; 0.58

10Ni-10CeO; 0.78

10Ni-20Ce0; 0.85

20Ni-10CeO; 0.88

20Ni-20CeO; 0.89

30Ni-0Ce0; 0.87

ONi-30Ce0; 0.82

30Ni-30CeO; 0.95

25Ni-20CeO; 0.90

METH® 134 0.77

Desorption_=—
ONi-0CeO, phiop ===
Adsorption
ONi-30CeO,
10Ni-10Ce0, = |
T —
10Ni-20CeO,
20Ni-10Ce0, |
20Ni-20Ce0, |
30Ni-0CeO, R
30Ni-30CeO, |
cerm— 1 1
0.0

, 05 A
Relative Pressure (P-P, )

Fig. S1. Isotherms from N2-Physisorption.
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Q- =

Fig. S2. Vpore (cm®-g™") from BJH desorption.
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ONi-0CeO,
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Fig. S3. XRD patterns of calcined catalysts.
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Fig. S4. dni (nm) from XRD measurements.

171



Appendix 2 Andreina Alarcén

10Ni-10CeO,
5 .
B 10Ni-20CeO,
Q
>
]
a
: .
- 20Ni-10Ce0,
20Ni-20CeO,

0 100 200 300 400 500 600 700 800
Temperature (°C)

Fig. S5. Ho-TPR profiles of 10Ni-10CeO2, 10Ni-20CeO., 20Ni-10CeO2 and 20Ni-20Ce0O>
catalysts.
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Fig. S6. H, uptake (mmol-geat.”") estimated from Ho-TPR profiles.
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100

——10Ni-10Ce0, T
80-{ —<— 10Ni-20CeOQ,
—— 20Ni-10CeO,
—e— 20Ni-20CeO,
-------- Equilibrium

60

40-

XCOZ (%)

20

250 ' 300 ' 350
Temperature (°C)

Fig. S7. CO2 conversion of 10Ni-10CeO2, 10Ni-20CeO2, 20Ni-10CeO> and 20Ni-20CeO;
catalysts as function of reaction temperature. Reaction conditions: P = 0 bar-g, F = 200
NmL-min™' and H2:CO, molar ratio = 4.
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Fig. S8. Ni dispersion (%) from CO-chemisorption
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Fig. S9. Heat of adsorption (-kJ-molcoz") from TGA-DSC.
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100 - oot o
80
—~ 60
X
o
><O 40 -
—e— 20Ni-20CeO,
- —e— 25Ni-20Ce0,
—v— 30Ni-30CeO,
........ Equilibrium
01— : ' ' 8
250 300 350

Temperature (°C)

Fig. $10. CO2 conversion of 20Ni-20CeO;, 25Ni-20CeO. and 30Ni-30CeO.. Reaction
conditions: P = 0 bar-g, F = 200 NmL-min"" and H2:CO> molar ratio = 4.
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© Ni (004-0850) ©CeO, (034-0394) VAIO, (010-0425) 4CaCO, (005-0586)
2 NiO (047-1049) ~ “CeAlO, (021-0175) 4 CaO (017-0912)
@

: 25Ni-20Ce0,- R

Intensity (a.u.)

20 (°)

Fig. S11. XRD patters of used catalyst.
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Supporting Information

Higher tolerance to sulfur poisoning in CO2 methanation by the

presence of CeO;

Andreina Alarcén?®, Jordi Guilera®, Rodrigo Soto® and Teresa Andreu?®

2Catalonia Institute for Energy Research (IREC), Jardins de les Dones de Negre 1,
08930 Sant Adria de Besos, Spain.

Escuela Superior Politécnica del Litoral (ESPOL), Facultad de Ingenieria en Ciencias
de la Tierra, Campus Gustavo Galindo Km.30.5 Via Perimetral, P.O. Box 09-01-5863,
Guayaquil, Ecuador.

°Synthesis and Solid State Pharmaceutical Centre (SSPC), Bernal Institute, Department
of Chemical and Environmental Science, University of Limerick. Limerick V94 T9PX,
Ireland.

*corresponding author: jguilera@irec.cat
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= " .
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l<23 \\ﬂvw
0.2 1
0.0 T g T v T v T T
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Figure S1. Effects of H.S impurities over catalytic activity in the Ni-CeO: catalyst.
Reaction condition: T = 500 °C, P = 5 bar:g, F = 200 mL-min"', H2/CO, molar ratio =
4 and 1-5 ppm of H.S.

Table S1. Elemental composition from EDX analysis of the Ni and Ni-CeO. catalysts.

Elemental Composition

Sample State [wt. %]
Ni Ce0O2 Al S
fresh 26 +1 - 33+1 -

Ni used 26 +1 - 33+1 -
used-H,S 25+1 - 33+1 0.51 £0.05
fresh 26 +1 21 +1 24 +1 -

Ni-CeO. used 27 £1 21 +1 24 £1 -
used-H,S 26 +1 21+1 24 +1 0.54 £ 0.05
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Figure S2. EDX elemental mapping images of the fresh micro-spheres catalysts: a) Ni
and b) Ni-CeO;
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Figure S3. Adsorption/desorption isotherms of the a) Ni and b) Ni-CeO; Catalysts
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Figure S4.MS analysis during the temperature programmed oxidation shown in Figure
3. Tracked mass m/z=44 corresponds to COx.
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Figure S5. MS analysis during the temperature programmed oxidation shown in Figure
3. Tracked mass m/z=64 corresponds to SO,.
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Ni-CeO:

Figure S6. SEM imagines of crushed Ni and Ni-CeO; catalysts
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Figure S7. Particle size distributions of the Ni and Ni-CeO; catalysts.
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Figure S8. Gibbs free energy of formation for nickel and cerium sulfides as a function of
temperature.
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Figure S9. In-situ DRIFTS spectra during CO. methanation reaction over CeO/Al,O3
catalyst at the temperature range 250-500 °C.
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Appendix A

Intensity (a.u.)

Intensity (a.u.)

Figure 1. XRD profiles of the a) Ni and b) Ni-CeO; catalysts. [e] Ni: (111), (200) and
(220); [o] NiO (111); [o]CeOz2: (111), (200), (220), (311), (222) and (400); [V] y-Al203:
(222) and (440).
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Figure A1 illustrates the XRD diffractograms of Ni and Ni-CeO: catalysts in their three
experimental states. For fresh Ni catalyst (Figure A1a), the diffraction peaks at 26 =
4450, 51.84 and 76.35° represent the Ni (111), (200) and (220) lattice planes,
respectively. The diffraction peak around of 26 = 37.25° was associated with NiO (101)
lattice plane and the two diffraction peaks at 26 = 39.49 and 66.79° were assigned to
the planes Al.O3 (222) and (440). Apart from Ni, NiO and Al.Os; phases, CeO. was
detected in the fresh Ni-CeO- catalyst (Figure A1b). The diffraction peaks were identified
at 206 = 28.54, 33.05, 47.36, 56.31, 59.17 and 69.45°, and related to the CeO2 (111),
(200), (220), (311), (222) and (400) lattice planes. For the U and U-H.S catalysts, only
intensity alterations of the diffraction peaks were distinguished for both samples, implying
the growth of metallic Ni and CeO; particles.
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Appendix B

H, Consumption (mmol gcat.™)

—
0 100 200 300 400 500 600 700 800
Temperature (°C)

Figure B1. H2-TPR profiles of the fresh Ni and Ni-CeO; catalysts.

Figure B1 shows the H2-TPR profiles of fresh Ni and Ni-CeO- catalysts. Reduction peaks
around 221, 399, 316 and 475 °C were observed for Ni-CeO; catalyst, while only two
peaks were detected at 397 and 465 °C for Ni catalyst. For Ni-CeO; catalyst, the two
peaks formed at relatively low temperature (<350 °C) were linked to the interaction
between CeO:and Ni, as well as to the reduction of a-type NiO species with weak or
even no interaction with y-Al,O3 support. The peaks at around 399 °C with a shoulder at
475 °C were attributed to the reduction of NiO particles interacting weakly (B1-type) and
strongly (B.-type) with the support. It is worth noting that the high temperature of NiO
reduction for Ni-CeO; catalyst shifted to lower temperature compared to that of Ni
catalyst (T>395 °C), which reflects a better dispersion of metal components. This is
probably due to the fact that CeO, phase weakens the strong NiO-support interactions.
The H, consumption of the Ni-CeO; catalyst was of 2.59 mmol-gca, being higher than
that for Ni (2.44 mmol-gcar') within the temperature range 25-800 °C. Besides, the Ni-
CeO: (83.22%) showed a higher Ni reducibility than the Ni sample (82.46%) at the
selected reduction temperature of 500 °C. Based on Hz-TPR information, the catalyst of
Ni-CeO, presents the best reducibility of Ni and the active sites Ni° on the catalyst

surface.
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Supporting Information

Pushing the limits of SNG process intensification: high
GHSYV operation at pilot scale
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1. Preliminary experiments

Preliminary CO2 methanation experiments were carried out at Karlsruhe Institute of Technology
(KIT) laboratory premises to adjust the amount of catalyst mass to be loaded at the pilot plant.
The catalyst tested was identical to the used one in pilot plant (Ni-CeO2/Al203, dp=400-500 pm).
The laboratory reactor consisted of two parallel reaction channels in form of rectangular ducts
with 2 mm in height, 50 mm in width and 100 mm in length. Further details of the setup and
analytics can be found elsewhere.3?

The reactor was filled with 7.5 g of catalyst and diluted with 11 g of silicon carbide with dp=400
um. Prior to experimentation, the catalyst was reduced in-situ following the same procedure than
the pilot plant. Once the catalyst was reduced, reactants were pre-heated at 300°C and introduced
to the reactor. The pressure on reactor was maintained at 5 bar-g. All experiments were carried
out by feeding the stoichiometric H2:CO2 molar ratio = 4. Temperature profiles were adjusted by
using both vaporizing water (P=10 bar-g) and heating cartridges to obtain the highest methane
content at the outlet.

The experimental design of the preliminary experiments consisted on reproduce 3 different cases
of the pilot plant.

1. CO2 methanation
o Reactor 1 (Fco2=0.250 Nm?3/h, Fr2=1.000 Nm?h, Fcra=0.000 Nm?/h)
o Reactor 2 (Fco2=0.025 Nm?/h, F12=0.100 Nm¥h, Fcna=0.225 Nm?h)
2. Biogas methanation
o Reactor 1 (Fco2=0.250 Nm?/h, F12=1.000 Nm?3/h, Fcra=0.464 Nm?h)

475 : : : :
450 -
~ 425
O
9-/ -~
()
5 400 .-
e reactor 1: biogas 4 .
o o o~
E 375- .
= &-—”_\D\ L J
SN 1
880 reactor 2: CO, ——0
325 , : ; , :
0 20 40 60 80 100

length (mm)

Figure S1. Temperature profile of the lab-scale reactor preliminary experiments.

Figure S1 shows that higher temperatures were always reached in the first reactor compared to
the second one. As regards to reactor 1, higher temperatures were obtained (T=396-453 °C)
when pure CO2 was used as reactant. Once CHa was introduced with CO2, the temperature profile
decreased significantly (T=369-418°C). As regards to reactor 2, temperatures were kept in the

S2
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range of T=350-370°C. Therefore, higher temperatures were reached at higher carbon dioxide
concentration and higher gas flowrates.

Table S2 presents the dry gas composition obtained in those experiments. It was observed that
the amount of CHs after the first reactor was in the range of 64% (CO2 experiment) - 82% (biogas
experiment). After the second reactor, CH4 content was upgraded to 92%, quite close to the
desired composition for gas grid purposes.

Table S1. Dry gas composition at the outlet of the lab-scale reactor.
CO2 (%) Hz2(%) CHa(%)
reactor 1: CO; 7.27 29.08 63.65

reactor 2: CO; 1.27 5.89 92.38
reactor 1: biogas 3.86 14.62 81.61

S3
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2. Detailed experimental data

Upgraded CO; methanation

Table S2. Dry gas composition during CO2 methanation at 2.5 bar-g.

reactor 1 reactor 2
GHSV (h"')  CO2(%) H2(%) CHs(%) CO2(%) Hz2(%) CHas (%)
19,500 8.46 24.00 67.53 1.91 4.95 93.14
25,500 9.24 26.39 64.37 2.24 6.12 91.64
31,500 11.25 27.87 60.88 3.91 6.79 89.3
35,625 10.81 32.81 56.38 245 9.48 88.07
37,500 12.14 33.99 53.87 3.63 9.63 86.74

Table S3. Dry gas composition during CO2 methanation at 5.0 bar-g.

GHSV (h) reactor 1 reactor 2
CO2 (%) H2(%) CHa(%) CO2(%) Hz2(%) CHa (%)
19,500 5.1 17.54 77.35 1.38 3.26 95.36
25,500 6.36 20.07 73.57: 107 3.84 94.99
31,500 7.61 22.61 69.79 1.71 4.44 93.85
35,625 7.16 25.12 67.72 0.79 6.39 92.82
37,500 7.82 25.97 66.21 1.95 5.44 92.61

Table S4. Dry gas composition during CO2 methanation at 7.5 bar-g.

GHSV (h) reactor 1 reactor 2
CO2(%) H2(%) CHa(%) CO2(%) H2(%) CHas(%)
19,500 5.14 15.29 79.57 1.37 3.15 95.48
25,500 5.98 16.86 77.16 121 3.4 95.39
31,500 7.10 20.48 72.42 1.44 3.83 94.73
35,625 6.52 22.89 70.37 0.88 4.81 94.31
37,500 7.80 2273 69.47 1.83 4.32 93.85

Table S5. Dry gas composition during CO2 methanation at 37,500 h-'.

reactor 1 reactor 2
P (bar-g) CO2(%) H2(%) CHa(%) CO2(%) Hz2(%) CHas(%)

0 = = N = = -
0.5 - - - - - -
1.0 12.83 40.67 46.5 3.83 17.25 78.92
1.5 13.56 48.22 38.22 3.52 15.74 80.74
2.23 11.56 35.62 52.82 2.95 11.79 85.26
25 22.12 22.62 55.26 2.66 9.70 87.64
3.0 10.68 32.15 5717 242 8.42 89.16
3.5 10.15 30.46 59.39 2.19 74 90.41

S4
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4.0 9.47 28.45 62.08 2.04 6.53 91.43
4.5 9.00 27.01 63.99 1.83 6.05 92.12
5.0 8.12 25.93 65.95 1.88 5.42 92.7
5.5 8.23 25.45 66.32 1.73 5.19 93.08
6.0 8.31 23.47 68.22 1.69 5.04 93.27
6.5 7.54 23.03 69.43 1.60 4.69 93.71
7.0 6.88 23.02 70.1 0.89 4.95 94.16
7.5 6.76 22.86 70.38 0.83 4.86 94.31
8.0 5.78 23.52 70.7 0.29 5.27 94.44
8.5 5.64 23.23 71.13 0.40 5.03 94.57
9.0 5.85 22.93 71.22 0.52 4.47 95.01

Biogas methanation

Table S6. Dry gas composition during biogas methanation at 2.5 bar-g.

GHSV (h*) reactor 1 reactor 2
CO2 (%) Hz(%) CHa(%) CO2(%) Hz(%) CHa(%)
19,500 5.04 78.84 16.12 2.23 5.14 92.63
25,500 4.34 77.84 17.82 2.12 4.56 93.32
31,500 4.69 73.19 2212 2.01 6.43 91.56
35,625 7.16 69.03 23.81 249 6.95 90.56
37,500 8.29 65.88 25.83 2.62 7.28 90.1

Table S7. Dry gas composition during biogas methanation at 5.0 bar-g.

GHSV (h) reactor 1 reactor 2
CO2(%) Hz2(%) CHs4(%) CO2(%) H2(%) CHa(%)
19,500 5.04 77.59 17.37 1.36 3.48 95.16
25,500 4.88 77.51 17.61 1.82 315 95.03
31,500 4.69 77.23 18.08 1.91 3.68 94.41
35,625 6.09 75.67 18.24 1.62 4.77 93.61
37,500 6.4 72.66 20.94 1.67 4.85 93.48

Table S8. Dry gas composition during biogas methanation at 7.5 bar-g.

GHSV (h*) reactor 1 reactor 2
CO2(%) H2(%) CHs(%) CO2(%) Hz2(%) CHa (%)
19,500 241 12.43 85.17 0.85 2.55 96.6
25,500 5.71 11.81 82.49 1.49 2.7 96.34
31,500 4.69 18.08 80.81 1.02 2.62 96.36
35,625 5.95 13.26 80.37 1.43 2.51 96.06
37,500 5.33 14.16 80.51 1.79 2.87 95.34
S5
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Table S9. Dry gas composition during biogas methanation at 37,500 h-'.

reactor 1 reactor 2
P (bar-g) CO2 (%) Hz2(%) CHa(%) CO2(%) H2(%) CHa(%)

0 - - - s - -
0.5 - - - - - -
1.0 - - - - - -
15 - - - - - -
2.23 8.52 26.26 65.22 2.76 10.21 87.03
25 8.37 25.60 66.03 1.71 9.08 89.21
3.0 7.99 24.88 67.13 2.23 8.00 89.77
3.5 7.43 24.34 68.23 2.00 LT 90.23
4.0 6.82 23.19 69.99 2.01 6.32 91.67
4.5 7.71 20.90 71.39 211 5.14 92.75
5.0 6.33 20.46 73.21 2.09 4.92 92.99
5.5 6.11 19.02 74.87 1.86 4.90 93.24
6.0 5.99 16.69 77.32 1.56 3.58 94.86
6.5 5.65 15.12 79.23 1.23 3.78 94.99
7.0 5.47 13.78 80.75 1.24 3.75 95.01
75 5.21 13.76 81.03 1.33 3:22 95.45
8.0 5.22 12.57 82.21 1.35 3.14 95.51
8.5 5.14 10.92 83.94 1.30 313 95.57
9.0 5.07 10.81 84.12 1.32 2.55 96.13
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3. Post-mortem analysis of catalyst composition

Elemental analysis of the catalysts was studied in reduced form by scanning electron microscopy
(SEM, Zeiss Auriga 60) equipped with an energy dispersive X-ray spectrometer (EDX, Oxford
Inca Energy). No relevant changes in the elemental composition were observed of the spent

catalyst with respect to fresh catalysts.

Table S10. Elemental composition (+1) of fresh and used catalysts.

sample T(°C)
fresh catalyst'? -
used (pure reactants)’ 300
used (pure reactants)? 500
used (1 ppm H2S)? 500
used (1%t reactor) <500
used (2" reactor) <400

(1) Alarcon, A.; Guilera, J.; Diaz, J. A.; Andreu, T. Optimization of Nickel and Ceria Catalyst
Content for Synthetic Natural Gas Production through CO2 Methanation. Fuel Process.
Technol. 2019, 193, 114-122. ttps://doi.org/https://doi.org/10.1016/j.fuproc.2019.05.008.

(2) Alarcon, A.; Guilera, J.; Soto, R.; Andreu, T. Higher Tolerance to Sulfur Poisoning in
CO2 Methanation by the Presence of CeO2. Appl. Catal. B Environ. 2020, 263, 118346.
https://doi.org/10.1016/j.apcatb.2019.118346.

S7

time (h)
120
142
141

2,000
2,000

Ni
26
26
27
26
25
26

Ce
21
21
21
21
20
20
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4. Compression costs

Table S11. Considerations for the compression

compressor efficiency 85 %
specific power required 0.037 kWh-m--bar-!
electricity costs 0.07 €/kWh
LHVchs 9.97 kWh-Nm-3

Table S12. COz compression at different operating pressures

gas compression power required compression cost % energy consumed
(bar) (kWh-m-?) (€:m?) (kWin/kWout-100)
0.0 0.000 0.000 0.00
25 0.093 0.006 0.09
5.0 0.185 0.013 0.19
7.5 0.278 0.019 0.28
10.0 0.370 0.026 0.37
12.5 0.463 0.032 0.46
15.0 0.556 0.039 0.56
17.5 0.648 0.045 0.65
20.0 0.741 0.052 0.74
22.5 0.833 0.058 0.84
25.0 0.926 0.065 0.93
27.5 1.019 0.071 1.02
30.0 1.111 0.078 1.1

Table S13. Biogas compression at different operating pressures

gas compression power required compression cost % energy consumed
(bar) (kWh-m) (€:m?) (kWin/kWout100)
0.0 0.000 0.000 0.00
25 0.264 0.018 0.26
5.0 0.528 0.037 0.53
7.5 0.792 0.055 0.79
10.0 1.056 0.074 1.06
12.5 1.319 0.092 1.32
15.0 1.583 0.111 1.59
17.8 1.847 0.129 1.85
20.0 2111 0.148 212
22.5 2.375 0.166 2.38
25.0 2.639 0.185 2.65
27.5 2.903 0.203 291
30.0 3.167 0.222 3.18
S8
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Supporting information
CO: conversion to synthetic natural gas: Reactor design over
Ni-Ce/Al2O; catalyst

Andreina Alarcén, Jordi Guilera, Teresa Andreu

Catalonia Institute for Energy Research (IREC), Jardins de les Dones de Negre 1,
08930 Sant Adria de Besos, Spain

Reaction kinetics of methane formation

Table Sl 1 shows the 45 experimental rate data conducted over the 15Ni-10Ce/Al,O3
catalyst at temperature range of 473-673K.

Table SI 1. Experimental rate data of the methane formation at the temperature range of 473-673K.

T Freed Far Meat  Ccoz CH2 Ycus  Ncua10° rCH4
exp. K mbL'min" mLmin" mg mol'm?® molm? % mol's”’  mol:(m3-sT)
1 473 200 0 182  5.09 20.34 0.62 1.04 33
2 473 200 0 60 5.09 20.34  0.30 0.51 49
3 498 50 150 182  1.21 4.83 4.93 1.98 63
4 498 100 100 182 242 9.66 2.77 2.23 71
5 498 200 0 60 4.83 19.32 0.77 1.24 120
6 498 150 50 182  3.62 1449 343 4.14 132
7 498 200 0 55 4.83 19.32  1.10 1.77 187
8 498 200 0 182 4.83 19.32 3.85 6.20 198
9 523 50 150 60 1.16 4.60 173 0.66 64
10 523 50 150 182  1.15 460 16.04 6.15 196
11 523 100 100 182  2.30 920 12.82 9.83 313
12 523 200 0 60 4.60 18.40 2.29 3.51 339
13 523 150 50 182 345 13.80 9.37 10.78 343
14 523 200 0 55 4.60 1840 253 3.88 409
15 523 200 0 182  4.60 1840 11.77  18.05 575
16 548 50 150 60 1.10 4.39 6.60 2.41 233
17 548 100 100 60 2.19 8.78 6.85 5.01 484
18 548 150 50 60 3.29 13.17 6.62 7.26 702
19 548 200 0 60 4.39 1756  6.10 8.92 863
20 548 200 0 55 4.39 17.56  6.48 9.48 1000
21 573 50 150 60 1.05 4.20 16.47 5.76 857
22 573 75 125 60 1.57 6.30 15.20 7.97 771
23 573 100 100 60 2.10 840 14.37 10.06 972
24 573 125 75 60 2.62 10.50 13.71 12.00 1160
25 573 150 50 60 3:15 1259 12,67 13.29 1285
26 573 175 25 60 3.67 1469 11.87 14.54 1405
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27 573 200 0 60 4.20 16.79 1270  17.77 1718
28 598 50 150 29 1.01 4.02 17.01 5.70 1141
29 598 100 100 29 201 805 1353 9.07 1814
30 598 150 50 29 302 1207 1092 10.98 2195
31 598 200 0 29 402 1609 859 1152 2305
32 598 200 0 8 402 1609 254 340 2466
33 598 175 25 8 338 1351 504 567 4114
34 598 200 0 8 386 1545 442 568 4122
35 648 50 150 8 093 371 1002 3.0 2247
36 648 100 100 8 18 742 891 551 3998
37 648 150 50 8 2.78 11.14 8.30 7.70 5583
38 648 200 0 8 371 1485 736 9.1 6606
39 673 50 150 8 089 357 1326 395 2864
40 673 75 125 8 1.34 5.36 12.68 5.66 4106
41 673 100 100 8 1.79 7.15 12.53 7.46 5412
42 673 125 75 8 223 894 1154 860 6233
43 673 150 50 8 2.68 10.72 1165 10.41 7546
44 673 175 25 8 313 1251 1148 1197 8679
45 673 200 0 8 357 1430 1174 _ 13.99 10144
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Chromatogram: Autotermal_1_23_01_2020_12_54_33_4_channel1

System: 490 Acquired: 23/01/2020 13:05:53
Method: 2017-SNG-Run Processed: 23/01/2020 13:09:02
User: aalarcon Printed: 24/08/2020 11:34:15
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Peak Results:

Autotermal_1_23_01_2020_12_54_33_4.DATA[Channel 1-10m MS5A Heated Injector, Backflush (TCD)]

Time Quantity Height Area Area
[min] [%CAL] [uV] [Uv:min] [%]

1 H2 028 4651 4442131 13069.6 76.169
| 2 co | 1.14 0 55.2 0.0  0.000

Index Name

Figure SI1. Raw GC spectrum of the molecular sieve (MS5A) channel with argon as
carrier gas for Hz analysis.
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Chromatogram: Autotermal_1_23_01_2020_12_54_33_4_channel2

System: 490
Method: 2017-SNG-Run
User: aalarcon

Acquired: 23/01/2020 13:05:53
Processed: 23/01/2020 13:09:02
Printed: 24/08/2020 11:34:15
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Peak Results:

Autotermal_1_23_01_2020_12_54_33_4.DATA[Channel 2-10m MS5A Heated Injector, Backflush (TCD)]

Time Quantity Height
Index Name | )
[min] [%CAL] [uV]
1 H2 0.35 0.00 1174.2
2 Ar/O2 0.47 0.00 5590.6
3 N2 0.65 0.00 8528.0
4 CH4 0.90 100.00 36392.2

Area Area
[Uv:min] [%]
9.4 0.158
139.0 2.328
507.4 8.497
5314.6 88.999

Figure SI2. Raw GC spectrum of the molecular sieve (MS5A) channel using He as
carrier gas for CHs and CO analysis.
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Figure SI4. Thermodynamics equilibrium: CO2 conversion as a function of temperature
and pressure at H2/CO2 molar ratio of 4.

203



Appendix 2 Andreina Alarcén

1200
GHSV [h]
- e 3039
-» 7597
1000 + - = 13,676
- e 18,235
800
< XCO,[%]
g 84
3 i 2486
5 600 h
g 91
5
@ 400 -
200
0 ¥ T . T X T ¥ T ) T v
0 50 100 150 200 250 300

Axial position [mm]

Figure SI5. Temperature profile heating the reactor at P=1 atm and Tine=573K.
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Table S1. Simulation results at different reactor conditions of P, Tiyet, Tair and GHSV.

# Reaction conditions Results Criteria: Yes or No
P Tinlel GHSV Tair ratio xco2 Tmax Tou(let Xc02290 Tmax5823
[atm] | [K] | [h"] [K] [-] [%] | K] | [K] [%] [K]
1 1 473 | 13,676 | 298 4 73 734 | 298 No Yes
2 1 523 | 13,676 | 298 4 77 754 336 No Yes
3 12 573 | 13,676 | 298 4 79 775 368 No Yes
4 1 623 | 13,676 | 298 4 85 835 | 452 No No
5 1 673 | 13,676 | 298 4 88 893 525 No No
6 5 473 | 13,676 | 298 4 93 795 512 Yes Yes
7 5 523 | 13,676 | 298 4 92 825 540 Yes No
8 5 573 | 13,676 | 298 4 91 864 557 Yes No
9 <) 623 | 13,676 | 298 4 89 916 | 603 No No
10 [ 673 | 13,676 | 298 4 88 926 | 634 No No
12 5 523 | 10,257 | 298 4 95 778 | 484 Yes No
13 5 523 | 6,838 298 4 92 726 | 400 Yes No
14 50 503 | 11,520 | 298 4 96 817 505 Yes Yes
15 ) 503 | 11,520 | 273 4 93 793 | 472 Yes Yes
16 5 503 | 11,520 | 285.5 4 95 798 | 486 Yes Yes
17 5 503 | 11,520 | 310.5 4 94 821 510 Yes Yes
18 5 503 | 11,520 | 323 4 92 827 525 Yes No
19 10 473 | 13,676 | 298 4 92 848 | 635 Yes No
20 10 523 | 13,676 | 298 4 90 878 | 655 Yes No
21 10 573 | 13,676 | 298 4 87 919 | 625 No No
22 10 623 | 13,676 | 298 4 86 956 | 610 No No
23 10 673 | 13,676 | 298 4 82 976 | 692 No No
24 15 473 | 13,676 | 298 4 87 861 693 No No
25 15 523 | 13,676 | 298 4 86 871 717 No No
26 15 573 | 13,676 | 298 4 78 959 | 705 No No
27 15 623 | 13,676 | 298 4 73 936 | 682 No No
28 15 673 | 13,676 | 298 4 70 1049 | 780 No No
29| 20 473 | 13,676 | 298 4 81 920 765 No No
30| 20 523 | 13,676 | 298 4 80 940 | 785 No No
31 20 573 | 13,676 | 298 4 73 1056 | 877 No No
32| 20 623 | 13,676 | 298 4 69 1158 | 953 No No
33| 20 673 | 13,676 | 298 4 68 1167 | 993 No No
2Data of the model validation
b Data of the reactor proposal

205



Appendix 2 Andreina Alarcén

Appendix: Ansys CFD model
ANSYS fluent solves the following equations for mass, momentum and energy.
Mass balance
The mass balance in the gas phase are written as (Eq. S1):

S (PY) + V- (pVY) = V-] +R; Eq. S1

where Y; is the local mass fraction of each species i, J; is the diffusion flux of
species | (Eq. 2), R; is the net rate of production by chemical reaction (Eq. S3).

i = (pDism + su_;) VY; — D Eq. S2

where, S¢, is the turbulent Schmidt number (p"T; where u, is the turbulent viscosity
t

and D, is the turbulent diffusivity), Di; ,, is the mass diffusion coefficient for species

i in the mixture, and Dr; is the thermal diffusion coefficient.
B =M, ZR5 Ry Eq. S3

where M,; is the molecular weight of species i, and R;,. is the Arrhenius molar
rate of creation/destruction of species in reaction r.

Energy balance

The energy balance in the gas phase are written as (Eq. S4):

2 - 2 = o

= (PE) + V- (V(pE + p)) = V- (KettVT — Tihifi + (Resr* 9)) + Se Eq. S4

The first three terms on the right-hand side represent energy transfer due to
conduction, species diffusion, and viscous dissipation, respectively. S, is the heat
generation from chemical reaction of reaction R;.

the E per unit mass is defined as:

E=h-L4 £ Eq. S5
where sensible enthalpy h is defined for ideal gases as:

h =3 Yih; Eq. S6
The energy balance in the solid phase is defined as:

2 (ph) + V- (¥ph) = V- (kVT) + S, Eq. S7
where sensible enthalpy h is calculated for solid phase as:

h= ITT, _ cpdT Eq. S8

The second term on the left-hand side of Eq. S7 represents convective energy
transfer due to rotational or translational motion of the solid phase, while the
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terms on the right-hand side are the heat flux due to conduction and volumetric
heat sources within the solid phase, respectively.
Momentum balance

The flow regime assumed was axial with a plug flow model with turbulent
movement. The standard k-¢ two-equations model was considered for modelling
turbulence. This model is based on transport equations for the turbulence kinetic
energy (k) (Eq. 9) and its dissipation rate (¢) (Eq. 10).

turbulence kinetic energy (k):
2 a a pe 9k
2 (0 + 51 (k) = 5 (“*i)o_x,- ¥ Gi & By — pe—"Yir 5y Eq. S9

dissipation rate (g):

i}

a a 5
(pe) + a_xi(psui) = a—x] (ll R :_;) a_:]] + C1e(Gi + C3¢Gp) — CZEP% + S, Eq. S10

2

ot

The p, turbulence viscosity (Eq. 11) is calculated as:
2

gy = Cupk— Eq. S11

o

The constant values ( C; = 1.44, C;. =192 and C, = 0.09 ) and the turbulent
Prandtl numbers for € and k ( 0. =1.3 and oy = 1.0 ) are stablished by the
viscous model.
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